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Preface

PREFACE

The question of what the future holds has become increasingly prevalent in the 21
century, as we grapple with the exponential rise in global population and
environmental pollution. This surge has given rise to critical issues like climate
change, water scarcity, and the challenge of sustaining a consistent resource supply.
Over the past decades, numerous approaches and subsequent technological
advancements have been implemented to tackle such issues, with the primary aim of

fostering a more sustainable and economically friendly future.

The establishment of desalination plants worldwide since the 1960s has been one
significant solution to freshwater scarcity. These plants extract freshwater from
seawater or other natural water bodies like rivers and lakes. Technological progress
over time has led to the development of more efficient desalination plants. This
evolution includes a shift from thermal-based evaporative technologies, such as
Multi-Stage Flash (MSF) and Multi-Effect Distillation (MED), with water recoveries
around 20-30%, to membrane-based technologies like Reverse Osmosis (RO),
achieving higher recoveries of up to 50%. However, regardless of the technology
used, desalinating water unavoidably produces a concentrated by-product known as
"brine," which is often discharged back into natural water bodies, raising

environmental concerns.

Another pressing global issue is the depletion of land-based mining resources. To
meet the growing demand for raw materials, finding alternatives can be increasingly
challenging and expensive. Seawater mining has emerged as a promising solution,
particularly in the form of desalination brine mining. In the last decade, several
schemes have been proposed in literature, integrating desalination plants with
various downstream technologies (i.e., membrane-based processes, crystallization,
and evaporative processes), adopting a Minimum Liquid Discharge (MLD) or Zero

Liquid Discharge (ZLD) concept. The goal is threefold: (i) overcome freshwater
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scarcity by producing drinking water, (ii) recover high-value minerals from brines,
and (iii) reduce the volume of brines discharged into the environment, thereby
diminishing treatment costs and the related environmental impact. Therefore,
exploiting this waste as a source of raw materials, allows to shift from a linear
economy model to a circular one. It is worth mentioning that MLD targets a water
recovery around 80% meanwhile ZLD achieves values of recovery typically between
95-99%. Whilst these concepts seem promising, several challenges unfortunately
persist. More specifically, seawater and desalination brine have low mineral
concentrations, and the components in major quantity present the lowest market
value. Consequently, generating sufficient revenue to offset the substantial capital
and operating costs of MLD/ZLD schemes becomes a critical consideration.
Therefore, it is crucial to select carefully the technologies of the scheme and the

minerals to recover to ensure economic feasibility.

Within this context, the focus of this PhD thesis is the investigation of viable
strategies for valorising seawater and desalination brine through an MLD approach
in the remote small islands of Sicily, Italy. These islands heavily rely on seawater
desalination as their primary source of freshwater. The PhD thesis initially
considered two distinct valorisation chains: (i) an MLD process for seawater reverse
osmosis (SWRO) brine from Pantelleria [sland and (ii) an MLD process for the direct

valorisation of seawater in Lampedusa Island.

The first chain underwent a meticulous techno-economic analysis at a potential
industrial scale, leveraging multi-scale modelling tools integrated into an innovative
advanced simulation platform. Parametric and sensitivity analyses were carried out
to identify optimal operating conditions for each integrated unit within the chain, in
order to target economic feasibility. The second MLD chain, evolving from the first,
was actually developed at a large pilot scale and subjected to experimental testing in
Lampedusa Island. It is worth mentioning that the second MLD chain represented
the first large-scale demonstration plant in history for the recovery of multiple high-

quality resources from seawater. A comprehensive circularity assessment was further
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performed to evaluate the technical advantages of MLD over conventional linear

desalination processes.

From the investigation of the two proposed MLD processes, magnesium recovery
emerged as a pivotal factor for economic feasibility, given its unique combination of
high concentration and market value. The imperative was therefore to maximize both
magnesium recovery and purity. To this purpose, the focus turned to optimizing the
performance of a novel magnesium reactive crystallizer known as the "Multiple Feed
— Plug Flow Reactor" (MF-PFR). The MF-PFR is a reactor in which the direct
mixing between the feed solution and an alkaline reactant (a sodium hydroxide
NaOH solution) promotes the precipitation of magnesium under the form of
magnesium hydroxide Mg(OH),. Different operational strategies of the reactor were
investigated, aiming to enhance the properties of Mg(OH), (i.e., sedimentation rate,
filtration rate, particle size, purity). Furthermore, the nature of the feed solution to
the reactor was also important for magnesium purity and recovery, depending on the

performances of the upstream pre-treatment step of the MLD schemes.

Nanofiltration (NF) technology was chosen as the pre-treatment step for both MLD
schemes due to its selective separation capabilities, particularly for multivalent ions
like magnesium. An innovative positively charged NF membrane was synthesized to
enhance magnesium production. Its properties were thoroughly characterized, and
the novel membrane was tested with synthetic seawater and desalination brine
solutions. Performances were compared with those of current commercial NF
membranes, demonstrating higher magnesium selectivity. The performances of the
same commercial NF membranes were assessed in different operating conditions at
a small pilot scale. Collected results were used to identify optimal operating
conditions and the most effective NF membrane available on the market. A multi-
scale mathematical model for NF technology facilitated a techno-economic analysis
to optimize the operating conditions of a potential industrial NF plant, maximizing

the revenue from Mg(OH), produced from seawater and desalination brine.
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The successful outcomes of the entire PhD project were incorporated into a final
proposed MLD scheme at industrial scale. A thorough economic analysis
underscored the economic feasibility of this MLD process for brine valorisation,
affirming the substantial potential of MLD as a sustainable alternative for minerals

and water recovery.

The present PhD thesis is organized in seven chapters, grouped in four main sections,
as illustrated in Figure 1:

SECTION 1

Chapter 1 provides the techno-economic perspectives of a first potential industrial-
scale MLD process that valorises the brine produced by the Sataria desalination plant
of Pantelleria (Italy).

Chapter 2 presents the results of the experimental campaign of the second MLD
process at pilot-scale in Lampedusa (Italy) for seawater valorisation. Results of a

circularity and integration assessment are also reported.

SECTION 2

Chapter 3 focuses on the experimental activities to enhance the properties of
Mg(OH), recovered from seawater/brine. Different operational strategies of the MF-
PFR are investigated at the Brine Excellence Centre (BEC) of the University of

Palermo, using synthetic solutions that mimic a wide range of brines.

SECTION 3

Chapter 4 reports the synthesis, characterization and selectivity performances of a
novel positively charged NF membrane, aimed at maximizing magnesium
selectivity.

Chapter 5 presents a vast comparative study of 5 current commercial NF
membranes, evaluating their rejection performances of major and minor components
in seawater/brine at different operating pressure.

Chapter 6 focuses on the evaluation of two specific commercial NF membranes

(NFX and VNF1) at different permeate recoveries. Results of their characterization,
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experimental testing and modelling are accompanied by an in-depth techno-

economic assessment, focused on maximizing magnesium revenue.

SECTION 4

Chapter 7 provides the economic perspectives of a final proposed MLD chain,

incorporating the outcomes achieved throughout the PhD project.

T

y
Analysis of the potential of MLD

schemes to valorise

seawater/desalination brine via:

Chapter 1:

Techno-economic assessment of an
MLD chain for SWRO brine
valorisation (Pantelleria)
Publication 1

Chapter 2:
Experimental and circularity
assessment of an evolved MLD
chain at pilot scale for SW
valorisation (Lampedusa)
Publication 2

-

=

' I
Incorporation of PhD outcomes
within a final MLD chain for SWRO
brine valorisation

Chapter 7:

Economic assessment of a final
enhanced MLD chain for SWRO brine
valorisation

Conclusions
\ J

“Valorisation of waste brines from the
desalination industry

through circular economy approaches”

o

Improvement of the bottleneck
technology of the proposed MLD
chains via:

Chapter 3:

Operational optimization of the MF-
PFR to improve: Sedimentation,
filterability and particle size
distribution of Mg(OH),
Publication 3

Figure 1: Structure of the PhD thesis

Investigation of NF as the MF-PFR
pre-treatment step to improve:
purity and recovery of Mg(OH), via:

Chapter 4:

Synthesis of novel positively charged
NF membranes

Publication 4

Chapter 5:

Experimental evaluation and
modelling of membrane selectivity
for new generation of commercial NF
membranes for seawater/brine
mining

Publication 5

Chapter 6:

Experimental evaluation and techno-
economic assessment of commercial
NF membranes for magnesium
recovery from seawater/brine
Publication 6
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Section 1

SECTION 1: Resource recovery from seawater
and desalination brines via a Circular Economy
approach

Literature review

In our contemporary era, critical issues once perceived as concerns for future
generations are now emerging with a sense of immediacy. Climate change, water
scarcity, and the depletion of land resources are compelling the global economy to

embrace a more sustainable vision for the future [1].

Efforts to combat freshwater scarcity have primarily revolved around the installation
of numerous desalination plants worldwide. Presently, there are approximately
19,000 such plants [2,3], producing about 100 million m* of freshwater daily [2].
Notably, more than half of this output (65.5 million m? daily) derives from RO [4].
However, desalination is accompanied by two main drawbacks which are: (i) its
energy demand and (ii) the production of an effluent called “brine” [4—7]. Despite
substantial progress in reducing energy consumption for seawater reverse osmosis
(SWRO) from around 16 kWh/m? in the 1970s to about 3 kWh/m? [2] in 2020, the

production of brine remains a significant challenge.

Brine is a solution that presents large amounts of total dissolved salts (TDS), and
that must be necessarily treated before its discharge into the environment according
to strict regulations [8]. When discharged, brine can be harmful to the environment
due to its salinity, temperature and chemical substances (used for pre-
treatment/membrane cleaning). More specifically, brine salinity can be 1.6-2 times
higher than that of seawater (35 g/L) [9] reaching up to 70 g/l in the case of SWRO
[10]. Global estimates indicate a daily brine production of about 142 million m?,

requiring careful treatment before discharge due to its high TDS content [11].

Conventional methods for managing brine are: (i) ocean disposal [12], (ii) surface

water discharge [13] (the least expensive among the brine disposal methods [14]),
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(iii) sewer disposal [15], (iv) deep-well injection [16], and (v) evaporation ponds
[17]. The choice of the disposal method to employ depends on several factors such
as the quality, the volume, the location of the discharge point of the brine and the
cost which typically lies within the range 5-33% of the total cost of the desalination
process [18]. Such disposal methods, however, often incur high capital costs and
environmental impacts. Consequently, there is a pressing need for cost-effective and

sustainable alternatives [19].

Beyond freshwater scarcity, land mining deficiency represents another current global
issue to tackle. With specific respect to several raw materials, (i) gradual higher costs
for both extraction and environmental mitigation [10] and (ii) geographical
availability have placed the European Union (EU) in a position of significant

dependence from other countries, urging the need to find innovative solutions.

To address the aforementioned challenges in a sustainable manner, it appears
essential to find a “limitless” source for freshwater, on one side, and minerals, on the
other, to be exploited with ideally zero environmental impact. Within this context,
the concept of seawater/brine mining with MLD and ZLD processes emerges as a

potential solution.

Seawater and desalination brine contain several valuable elements [20]. Some in the
highest concentration range are sodium, magnesium, calcium and potassium, which
are already commercially extracted as chlorides, sulphates, and carbonates,
meanwhile magnesium is usually extracted as hydroxide [21]. Other more valuable
elements present in seawater, such as lithium, however are much less concentrated
and a bit more difficult to extract [22]. Seawater mining offers several advantages
compared to terrestrial mining, including access to inexhaustible ocean water
volumes, consistent seawater composition, the ocean natural dilution capacity for

treated waste streams, and a stable and fixed mining operation footprint [23].

MLD/ZLD processes aim to minimize or eliminate liquid effluent discharge,

transforming waste into a manageable solid form suitable for landfill disposal.
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Whereas ZLD processes consist of technologies integrated in such a manner to reach
a water recovery of 95-99%, MLD processes concern the integration of thermal
and/or membrane-based processes reaching water recoveries around 80% [24].
Moreover, modern MLD and ZLD systems have evolved to not only recover
freshwater but also extract valuable minerals from seawater brines. This approach
presents a comprehensive solution that simultaneously addresses issues related to
freshwater scarcity, the environmental and economic impact of brine discharge, and

land mining depletion.

In conclusion, seawater/brine mining, coupled with advanced ZLD and MLD
processes, has the potential to revolutionize resource management, offering a

sustainable path forward in the face of pressing global challenges.

Within this context, a growing body of literature is emerging. Table 1 reports an
overview of all the freshwater/minerals recovery schemes proposed in the existing
literature for seawater and desalination brine. It is noteworthy that the majority of
these studies are based on conceptual ideas, analysed from a techno-economic

perspective via process modelling and software tools.

Among the simulative studies on MLD/ZLD, Panagopoulos proposed several
process schemes [25,26]. Initially, an elementary ZLD scheme was examined,
featuring RO, a Brine Concentrator (BC), and a Brine Crystallizer (BCr). The results
of an economic analysis revealed a remarkable 99.36% water recovery, accompanied
by a treatment cost of 1.04 $/m* of freshwater produced. The same author further
explored variations to the initial ZLD scheme, such as the introduction of a Forward
Osmosis (FO) unit [27], substituting RO with High Pressure Reverse Osmosis
(HPRO) [28], or replacing the BCr with Wind Aided Intensified Evaporation
(WAIV) [29].
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Table 1: Comparison between MLD/ZLD chains for seawater/brine valorisation present in the literature. The yellow section incorporates all
works based on proposed concepts, the salmon section includes all works at lab-scale and the brown section concerns all works at pilot scale.

Application Scale Additional info
MLD/ZLD
Author Ref. Feed Recovery of Levelized
chain Conc. Lab  Pilot multiple high Economic costs of BTSC Other info
purity Analysis minerals/ *
minerals water
Panagopoulos Capacity = 100 m*/day
o [25,26] SwW RO-BC-BC v - = x v v X Water recovery = 99.36%
2021 (a), (b) Energy = 2240.4 kWh
Water cost = 1.04 $/m’
Panagopoulos Capacity = 100 m?/day
’ [27] SW RO-FO-BC-BC v = = Water recovery = 98.88%
2022 (c) x v v X Energy = 1024.6 kWh
Water cost = 0.79 $/m’
Panagopoulos Capacity = 100 m*/day
’ 28 SW HPRO-BC-BCr v = = Water recovery = 99.19%
2022 (d) 28] X v v X Energy = 2006.2 kWh
Water cost = 1.02 $/m’
Panagopoulos Capacity = 100 m*/day
’ 29 SW RO-BC-WAIV v = = Water recovery = 85.75%
2022 (e) 2] x \/ \/ x Energy = 1.3 MWh/m?
Water cost = 1.01 $/m’
El-Zanati Capacity = 100 m*/d
[30] SW NF-SWRO-MD v - - x x x x Water recovery = 76.2%
etal., 2007 Energy = ---
Water cost =0.92 $/m’
Tahir MED water prod. = 1
[31] SW MED-HDH-Ev v - = kg/s
etal., 2022 x x x X HDH water rec. = 40%
SEC = 720-820 kJ/kg
multi Capacity = 1000 kg/h
Poirier SWRO . Water recovery = 99.2%
32 crystallization v - - _ o
etal., 2022 L2l brine system with heat \/ V \/ x NaCl re(iovery 91.6%
e Energy = 60.7 kWh/ton
2 Water cost = 13.79 $/m?
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Al Bazedi SWNF Capacity = 1000 m*/d
tal. 2014 [33] bri Cr-MCr v - - x v v X Water recovery = 92%
etal, rine Water cost = 2.82 $/m’
Von Eiff . Water recovery = 89%
[34] Brine MD-MSF-C v v - X v X v Water cost = 0.62 $/m’
etal., 2021 . B 3
Brine cost = 1.24 $/m
Chen SWRO Thermal energy = 600-
tal., 2021 = bri MED-Cr v - - X X v 1000 kJ
ctal, rine Brine cost =4.17 $/m?
Van Wyk et Feed C i 8 kg/h
eed Capacity = 8 kg
al., 2018, [11,36] SW SCWD v Vv - X v X v Water recovery = 91%
2020 Brine cost = 1.16 $/m?
Tufa Water recovery = 92%
[37] SW MD-RED - v - X X X X Gross power density =
etal., 2015 5
2.4 W/m
Zhang SWRO NaOH (85% pure)
[38] ‘ Cr-SED-EDBM - v - v v X X HCI (95% pure)
etal., 2017 brine
coarse salt (92 % pure)
Ji SWRO Water recovery = 90%
[39] . MD-Cr - v - x X x X NaCl recovery = 17
etal., 2009 brine 3
kg/m
Kieselbach ) NF-ED-Ev-Cr- Capacity = 1.5 m*h
[40] Brine - v v x v X v Water recovery = 65%
etal., 2020 MD . — 3
Brine cost = 0.5 €/m
Xevgenos
etal. SWRO Capacity = 2 m*/day
[5,41.,42] . Ev-Cr - - v X X X X 90% water recovery
2014, 2015, Brine
Powered by solar energy
2016
Al-Amoudi et NF-(RO-HPRO- \Capacity = 16 m*/day
al. [43] SW 2 OARO)- - - v x v v x Water recovery = 65.2%
No salts are recovered
2023 OARO

*All acronyms of technologies that comprise the MLD/ZLD schemes are reported in the “Nomenclature” section
**BTSC = Brine Treatment specific Cost
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Despite yielding slightly lower water recoveries—98.88%, 99.19%, and 85.75%,
respectively, the economic feasibility of these adaptations was demonstrated.
However, on the other hand, in all of the previous schemes, no information
concerning the purity of the recovered products was reported. Chen et al. [35]
simulated the integration between a Multi-Effect distillation unit and a crystallizer
to recover salt and water from desalination brine. Results revealed that a brine
treatment cost of 4.17 $/m? could be achieved when waste heat was employed.
Furthermore, in literature it was also possible to find proposed MLD/ZLD schemes
capable of recovering several salts other than NaCl. Al Bazedi et al. [33] identified
an innovative scheme for resource recovery from brines, employing a two-step
process involving chemical precipitation and membrane crystallization (MCr).
Sodium carbonate (NaCOs) was introduced in the chemical precipitation step to
facilitate the recovery of calcium carbonate (CaCO;), while membrane
crystallization yielded sodium chloride (NaCl), magnesium sulphate (MgSOs), and
water. The results demonstrated a daily water production of over 234 m?, generating
a substantial annual revenue of $241,408. This meant that a water specific production
cost of 2.82 $/m?* could be obtained. Furthermore, the process garnered additional
revenues from the sale of other recovered products. However, it is worth noting that
the information provided lacked details on the purity of the final products and their
potential applications. Von Eiff et al. [34] integrated membrane distillation (MD),
Multi Stage Flash (MSF) and Crystallization. By selling freshwater and pure

Na»SOy4, a low brine disposal cost (0.08 $/m?) was achieved.

Very few were the studies in literature that presented experimental work at bench-
scale/laboratory level. Tufa et al. [37] conducted a study aimed at harnessing energy
from seawater brines via a lab-scale membrane-based MD-RED (Membrane
Distillation-Reverse ElectroDialysis) system. The main experimental findings were
the achievement of a 92% freshwater recovery and a gross power density equal to

2.4 W/m>.
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Zhang et al. [38] conducted a comprehensive investigation into the performance of
integrating chemical precipitation, selectrodialysis (SED), and electrodialysis with
bipolar membranes (EDBM). This multifaceted approach resulted in the production
of chemicals such as NaOH (85% purity) and HCI (95% purity), along with coarse
salt at a purity level of 92%. Ji et al. [39] explored the treatment of seawater reverse
osmosis (SWRO) brines using a combination of a membrane distillation unit (MD)

and a crystallizer (Cr). Their approach yielded high water recoveries of up to 90%.

As far as MLD/ZLD schemes implemented at a larger scale (i.e., pilot-scale) were
concerned, only three works could be found. Among them, Kieselbach et al. [40]
reported a large-scale plant within the framework of the Highcon research project.
More precisely, the demonstration plant consisted of RO, NF, ED and MD with a
feed capacity of 1.5 m*/h. The chain produced sodium hydrogen carbonate NaHCO;
at a purity of 90%, achieving a low brine disposal cost of 0.5 €/m?®. However,
NaHCOs was recovered via evaporation and crystallization at lab-scale, thus
resulting in a hybrid plant between the lab and pilot scale. Within the framework of
the European-funded project SOL-BRINE, a solar-driven evaporator-crystallizer
process was developed by Xevgenos et al. to recover 90% of water and dry mixed
salts in Tinos Island (Greece) [5,41,42]. The project aimed at reducing brine

discharge by exploiting solar energy as the only energy source for the system.

Furthermore, in Ummlujj, Saudi Arabia, Al-Amoudi et al. [43] presented a larger
demonstration plant designed for water desalination. The plant featured a
nanofiltration (NF) unit with a robust feed capacity of 16 m*/h, specifically tailored
for the separation of monovalent and multivalent ions. The process presented two
concentration steps. The first concentration step involved a combination of reverse
osmosis (RO), high-pressure reverse osmosis (HPRO), and a 2-stage OARO
(Osmotically Assisted Reverse Osmosis) process. This step resulted in the
production of freshwater. The second concentration step utilized OARO, fed by the
NF retentate, generating two distinct concentrated streams: a monovalent-rich stream

with a salinity of 130 g/L and a bivalent-rich stream with a salinity of 83 g/L. To
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enhance the pilot plant performance, upgrades were implemented, incorporating
more selective NF membranes, a second NF stage, and an additional stage of OARO.
Despite these improvements, it is noteworthy that the concentrated streams did not
yield pure salts or minerals. The focus remained on freshwater production and

concentration rather than the recovery of specific mineral components.

Overall, in examining the extensive body of literature on MLD/ZLD schemes for
seawater/brine valorisation (as summarized in Table 1), two main conclusions

emerged, shedding light on crucial gaps in the existing research:

(1) Numerous schemes proposed in the literature lacked demonstrated profitability,
primarily due to the absence of a detailed economic analysis. In addition, for
those cases in which an economic evaluation had been conducted, the schemes
were capable of recovering water with a mixture of salts or one/two low purity
salts. Consequently, the pricing of the recovered salts is constrained to be low,
and the range of applications and target markets for these salts is markedly

limited;

(i1) As of the current moment, there is a notable absence of studies presenting results
from a large-scale demonstration of an integrated seawater valorisation system

capable of simultaneously recovering multiple high-purity resources.

The present PhD project therefore aimed at filling these missing gaps to demonstrate
the techno-economic feasibility of high valuable resource recovery from

seawater/SWRO brine via an MLD approach.

To such end, a first innovative and versatile brine valorisation chain was proposed,
capable of recovering high purity products: H,O (TDS < 10 ppm), Mg(OH)> (>90%),
Ca(OH), (>90%) and NaCl (97%). The rationale behind targeting these particular
products stems from the fact that, among the several potentially recoverable
products, they stand out as being among the few that can be recovered in significant

quantities due to the chemical composition of desalination brine. Therefore, for the
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first chain, specific technologies were selected to recover the aforementioned high
purity products. A detailed analysis of this first proposed MLD chain was performed
in order to verify its techno-economic feasibility. By achieving high purities, the
products of the chain could target a much broader market than other ZLD/MLD
schemes present in literature. Furthermore, among the recovered resources,
Magnesium is one of the Critical Raw Materials (CRMs) defined by the EU.
Therefore, both an economic benefit (recovery of high valuable minerals and water,
lower cost for brine disposal) and an environmental one (reduction of brine
discharge) could be achieved. Both the description of the MLD chain along with the
results of the vast simulative campaign are reported in Chapter 1 (entirely supported

by Publication 1 [44]).

Subsequently, a second MLD chain, considered as an evolution of the first chain was
developed at a large demonstration scale and experimentally tested in Lampedusa
island (Italy). The evolution mainly consisted in the possibility of in-situ chemical
production to reduce the overall chemical demand of the first chain by adding a fifth
technology. This work aimed at filling the second gap by presenting for the first time

in literature the results of an integrated system of 5 technologies that:

(i) operates at a large demonstration level, i.e. feed capacity of 2.46 m?/h;

(i) is highly versatile, producing chemicals (NaOH, HCI), high valuable salts
(Mg(OH),, Ca(OH),, NaCl) and high-quality water;

(iii) employs waste heat generated by a power station, therefore reducing the energy

footprint of the system.

The description of the second MLD chain along with the experimental results

achieved are reported in Chapter 2 (entirely supported by Publication 2 [45]).
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1 “Valorisation of SWRO brines in a remote island through a circular
approach: Techno-economic analysis and perspectives”

In the context of the EU-funded project "Zero Brine," an innovative brine
management chain was meticulously examined adopting an MLD approach. The
focus of this investigation was both technical and economic, with a specific case
study involving the treatment of Seawater Reverse Osmosis (SWRO) brine generated
on the minor Sicilian island of Pantelleria, Italy. The overarching objective was to
propose a versatile brine treatment chain that could serve as inspiration for
industrial-scale implementation. To achieve this, a comprehensive techno-economic
analysis was conducted using the advanced modelling platform RCE [46]. This
platform integrated mathematical models to simulate the treatment technologies of
the chain. Additionally, the analyses were complemented by a thermodynamic
equilibrium study using PHREEQC [47]. The results derived from these analyses
played a crucial role in identifying optimal operating conditions that could enhance
the techno-economic feasibility and sustainability of the proposed MLD chain.

1.1 Pantelleria Case Study: Brine valorisation chain description

A seawater desalination plant situated in Pantelleria (Italy) was taken into
consideration, with a specific focus on the brine produced by the “Sataria” seawater
desalination plant [48]. Figure 2 illustrates the pressure vessels and high-pressure

equipment of the RO plant.

Figure 2: Sataria SWRO Plant, Pantelleria (Italy).
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The facility consists of four RO units, each boasting a capacity of 1250 m?/d for
freshwater production and a typical water recovery of 45%. However, only three out
of the four RO units operate simultaneously, resulting in a daily average total
capacity of approximately 3750 m?®/d. As previously mentioned, the production of
freshwater via desalination is accompanied by the generation of a by-product called
“brine”: a notable economic and environmental concern. In the specific case of
SWRO, the generated brine typically presents a total dissolved salts (TDS) of 70 g/L.
Table 2 provides the ionic concentration values of the brine produced by the Sataria

plant.

Table 2: Ions concentrations of the brine produced by Sataria desalination plant obtained
via lonic Chromatography

lonic species Na* Ca** Mg>* K* ClF SO, HCOgs

Concentration[g/l] 214 088 270 0.78 39.0 5.50 0.18

The primary objective of this study is to introduce an innovative and sustainable
treatment chain, termed the MLD chain, to effectively utilize approximately 50% of
the total brine generated by the three operational RO units of the "Sataria" plant. The
proposed treatment chain, depicted in Figure 3, comprises four key units: (i)
Nanofiltration (NF), (ii) Mg Reactive Crystallizer (MRC), (iii) Multi-Effect
Distillation (MED), and (iv) NaCl Thermal Crystallizer (NTC). Such technologies
were carefully selected in order to specifically recover high purity products in large
quantities (i.e., Mg(OH),, Ca(OH),, NaCl, H>O), thus potentially enhancing the

overall mineral revenue from brines.

In the initial stage, the SWRO brine undergoes nanofiltration (NF), resulting in the
creation of two distinct streams: a retentate enriched with bivalent ions like SO4%,
Ca*", and Mg?*, and a permeate exhibiting significantly lower concentrations of these
ions. Subsequently, the retentate is directed to the Mg Reactive Crystallizer (MRC),
where a chemical reaction with an alkaline reactant facilitates the recovery of

magnesium and calcium in the form of hydroxide precipitates.
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The effluent remaining from the MRC is combined with the NF permeate and
introduced into the Multi-Effect Distillation (MED) unit. Within the MED, the brine
undergoes concentration through evaporation in multiple effects, yielding a distillate.
Simultaneously, the MED reduces the brine volume, exiting the unit with a salt

concentration near saturation.

The outlet brine from the MED is then directed to the final NaCl Thermal Crystallizer
(NTC). In this stage, sodium chloride (NaCl) precipitates, resulting in the formation

of a solid crystal product. The process also produces a distillate and a residual brine.

The key attractiveness of this treatment chain lies in its ability to transform waste
brine into a valuable resource. By systematically reducing its volume, the chain
effectively mitigates environmental impact while simultaneously generating
multiple valuable products, including magnesium hydroxide (Mg(OH),), calcium
hydroxide (Ca(OH),), drinking water, and sodium chloride (NaCl). This integrated
approach showcases a sustainable and economically viable solution for brine

management in the context of SWRO plants.

e
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— ! Distillate

Figure 3: Conceptual scheme of the proposed MLD system.
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To gain a deeper understanding of (i) the fundamental principles central to the
operation of each technology and (ii) the rationale behind the consideration of these

specific technologies, details of each unit are provided in the subsequent sections.

1.1.1 Nanofiltration (NF)

Nanofiltration (NF) stands out as a pivotal pressure-driven membrane-based process,
predominantly employed as a pre-treatment technology in contemporary
desalination practices [49]. The membrane utilized in this process exhibits
characteristics that bridge the attributes of Reverse Osmosis (RO) and Ultrafiltration
(UF) [34], boasting pore sizes ranging from 1-2 nm [50]. Operating within the range
of 5-40 bar pressure [51] and achieving permeate recoveries of up to 80% [52], NF
surpasses RO in water fluxes and outperforms UF in small solute rejections [53].
One of its distinctive features lies in its capability to selectively reject bivalent ions,
such as Mg?*, Ca?*, and SO4* (with rejection rates ranging from 60% to 99%) [54],
exhibiting a notably higher selectivity compared to monovalent ions like Na“ and CI*
(0-50% rejection) [55]. The efficacy of NF is attributed to its transport mechanisms
embedded within the membrane, governed by steric hindrance (size-based
exclusion), dielectric exclusion (resistance attributed to solute hydration shedding),
and Donnan exclusion (rejection/attraction influenced by membrane potential) [49].
While membrane fouling remains a ubiquitous challenge in membrane processes,
NF has undergone extensive testing in prolonged operational scenarios,
demonstrating stability and enhancing the overall performance of conventional
desalination technologies like RO, MSF, and MED. Notably, the Saline Water
Conversion Corporation (SWCC) showcased remarkable outcomes, including a 30%
increase in water recovery and a substantial reduction in energy consumption for NF-
SWRO and NF-MSF/MED applications [51]. Moreover, the presence of NF proved
instrumental in diminishing scaling potential within MSF and MED, enabling
operations at elevated temperatures of up to 120-130°C [56]. In comparison to

traditional pre-treatment methods like chemical precipitation, which demand
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substantial chemical inputs [57] and exhibit vulnerability to fluctuations in brine
concentrations, NF emerges as a robust alternative. When compared with other
membrane processes such as RO and FO (Forward Osmosis), the higher energy
consumption of the former and the elevated membrane cost of the latter position led
to choose NF as the optimal technology for the initial phase of the proposed MLD

process.

1.1.2 Magnesium Reactive Crystallizer (MRC)

The Magnesium Reactive Crystallizer (MRC) operates through a direct mixing
process, where brine directly interacts with an alkaline solution (NaOH). In this
interaction, magnesium ions in the brine react with hydroxyl ions from the alkaline
solution, leading to the precipitation of Mg(OH), crystals. Notably, this chemical
reaction occurs at a specific pH value of 10.35. Achieving this pH requires a precise
adjustment of the alkaline flow rate relative to the specific brine flow rate. Beyond
magnesium recovery, the MRC offers the potential for calcium recovery as Ca(OH)
in a subsequent stage. However, this secondary reaction occurs at a higher pH of 13.
Subsequent to the recovery of magnesium and calcium from the initial waste brine,
a neutralization step takes place through the addition of HCI to restore the brine
initial pH. The choice of NaOH as the alkaline reactant is crucial to ensure the high
purity of Mg(OH); crystals. Extensive testing in the past has confirmed the efficacy
of NaOH in mineral recovery, producing products of superior purity [58]. In contrast,
alternative alkaline compounds such as Ca(OH); or lime have been found to induce
co-precipitation of by-products (e.g., calcium sulphates, carbonates, and
hydroxides), thereby diminishing the purity of Mg(OH), [59]. The operational
principles of the MRC closely resemble those of the pilot-scale plant "Multiple Feed
- Plug Flow Reactor," developed and tested by Vassallo et al. in real conditions. The
experimental results from previous works of Vassallo et al. have demonstrated high
purity levels exceeding 90% for both Mg(OH), and Ca(OH), [60,61]. Finally, a
Drum filter is employed to recover magnesium and calcium hydroxide crystals from

the outlet suspension of the MRC.
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1.1.3 Multiple-Effect Distillation (MED)

Multi-effect distillation (MED) stands out as a thermal-based technology extensively
utilized in the desalination industry, particularly for treating high salinity feeds.
Despite being the oldest method [62], it remains the least energy-consuming among
other thermal-based technologies like Multiple-Stage Flash Distillation (MSF) [63],
boasting energy consumption values ranging from 145-230 MJ/m? of thermal energy
[64]. The MED process involves a sequence of evaporators, referred to as effects,
operating at progressively decreasing pressures and temperatures from the initial
effect to the final one [65]. This stepwise pressure reduction allows the temperature
of evaporation to decrease accordingly. Each effect comprises a tube bundle where
vapour flows, transferring energy, and the feed is sprayed onto its surface. Partial
evaporation takes place, yielding vapour for the subsequent effect and residual brine,
which then advances to the next stage. The vapour produced in the last effect is
condensed to yield the final distillate. In industrial-scale MED, the number of effects
can vary from 2 to 16, depending on several factors, and in some instances, it may
even reach 20 [64]. The Top Brine Temperature (TBT), representing the maximum
brine temperature within the first effect, is constrained to 60-90°C due to scaling
formation on tube surfaces [66]. The incorporation of NF can bring the TBT up to
120-130°C. Higher temperatures translate to more effects and, consequently, a
greater quantity of distillate. However, the number of effects is limited by the
necessity to maintain minimum temperature differences between consecutive stages.
Several different MED configurations exist, including Backward feed, Forward feed,
Parallel feed, and Parallel/cross feed. For the purposes of techno-economic analysis,
a forward feed configuration is considered to achieve higher concentrations [67]. A
pilot-scale MED process was developed and demonstrated within the SOL-BRINE
project [41]. Results from this project indicated that the Total Dissolved Solids
(TDS) of the brine effluent could be increased up to the saturation point (26% sodium
chloride), simultaneously recovering water of demineralized quality [42]. However,
in scenarios of such high concentration ratios, the number of effects is limited

compared to conventional MED desalination systems, with 5-10 effects being a more
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realistic range [68]. Among the acknowledged advantages of MED are the
production of high-quality freshwater (TDS < 10 ppm), large capacity, the ability to
handle high salinity feeds, concentration potential, and overall robustness. Despite
certain drawbacks, such as low thermal efficiency [69], these are mitigated in the
Pantelleria case study by utilizing waste heat supplied by a nearby diesel power

plant.
1.1.4 NaCl Thermal Crystallizer (NTC)

In the context of NaCl production, an evaporative crystallizer was chosen: a
straightforward and widely employed technology. This method has been proven to
be effective in concentrating salt up to saturation, facilitating NaCl precipitation
through thermal energy. Simultaneously, it yields both a distillate and residual brine.
Extensive research, as documented in literature, underscores the superior advantages
of the coupling MED-evaporator over emerging alternatives like Membrane
Distillation (MD) [35]. Several advantages such as its capacity for handling large
volumes and its adaptability to utilize low-grade or waste heat led to opt for the
evaporative crystallizer. This strategic choice aligns with the goal of achieving
optimal NaCl production efficiency. Via a parametric analysis of the upstream
technologies of the proposed MLD system (see Paragraph 1.5.1), the NTC could
produce high purity NaCl (97%), suitable for food purposes.

1.2 Technical Models description

To assess the techno-economic viability of the proposed treatment chain to be
potentially implemented at an industrial scale, a thorough assessment was
performed. To such end, firstly, technical models capable of simulating the

functioning of the technologies were essential and implemented in Python.

Regarding the simulation of the NF unit, a comprehensive multi-scale model was
employed, spanning three distinct scales. First, a small-scale model utilized a 1-D

discretization of the NF membrane, employing the Donnan Steric Pore Model with
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Dielectric Exclusion (DSPM-DE). One important assumption of this specific model
was that the membrane is considered as a charged porous structure, for which
specific membrane properties were required as inputs: the pore radius rpore [nm], the
active layer membrane thickness 6m [um], the dielectric constant gpore [-] and the
charge density X4 [mol/m?]. Such properties presented the following values for the
membrane NF270 (employed in this work): rpore = 0.45 nm, 6m = 3 pm, €pore = 56.5,
charge density X4¢ = 40 mol/m® [70]. This model, widely acknowledged in the
scientific community, employed the extended Nernst-Plank equation to describe the
ionic transmembrane phenomena, taking into account convection, diffusion, and
electro-migration of the ions through the membrane. Simultaneously, the Hagen
Poiseuille equation was applied to compute the solvent flux across the NF
membrane. It is to be noted that the model was able to consider the phenomenon of
concentration polarization: an important phenomenon that influences the single ion
fluxes across the membrane. The small-scale model was subsequently integrated into
a medium-scale model representing a single NF unit. The length of the NF element
was discretized into intervals, with average values of ionic concentrations, flow
rates, and pressure estimated for each interval. Key variables, such as osmotic
pressure and bulk mass transfer coefficient within the NF element, were calculated
based on these averages. The small-scale model facilitated the computation of ion
rejections and solvent flux. Outlet concentrations and flow rates for each discretized
interval were determined using mass balance equations. The large-scale model aimed
at calculating the total number of vessels required to achieve a specific recovery
value through an iterative approach. The NF technical model had been previously
introduced by Micari et al. [70], with validation for similar brine compositions and
operating conditions. For brevity, all equations of the NF technical model are

provided in Appendix A.

As far as the MRC unit is concerned, it is noteworthy that no pre-existing model had
been developed at the time of this study. The MRC operates through two consecutive
precipitation steps: (i) the precipitation of Mg(OH), and (ii) the precipitation of

Ca(OH),. Specifically, literature lacks information concerning the kinetics of the
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chemical precipitation of Mg(OH),. For this reason, a simplified process model was
developed, incorporating mass balance equations and assuming an instantaneous
reaction between magnesium (present in the feed stream) and hydroxyl ions (present
in the alkaline stream). The mass balance equations played a crucial role in
estimating the NaOH flow rate needed to attain pH values of 10.4 and 13 for
Mg(OH), and Ca(OH); precipitation, respectively. These equations also considered
typical conversion factors for magnesium and calcium into their respective
hydroxides, drawing from experimental data outlined in [61]. Additionally, the
model estimated the required flow rate of HCI for neutralizing the MRC effluent.
Regarding the specific geometry of the MRC unit considered in the techno-economic
analysis, it mirrored that of the pilot-scaled magnesium crystallizer previously
developed by Vassallo et al. [61]. For a detailed presentation of all equations related

to the MRC technical model, refer to Appendix A.

In contrast, the simulation of the MED unit leveraged a comprehensive mathematical
model, previously introduced by Micari et al. [67]. The model considered a Forward
Feed configuration, where both the feed and vapour progressed in the same direction.
Each effect of the MED unit involved the computation of mass flow rates,
temperature, and pressure profiles through the application of mass and energy
balance equations. The MED model differentiated between three classes of effects,
namely: (i) the first effect, (ii) the intermediate effects, and (iii) the last effect with
the end condenser. For the sake of brevity, all equations of the MED technical model
are available in Appendix A. Notably, the first effect was unique as it received heat
from an external source, and the feed stream passed through all the preheaters. In
this effect, the feed was sprayed onto a tube bundle while external heat circulated
within the tubes. Vapour generated by partial evaporation of the feed stream crossed
the demister and the first preheater, partially condensing before being directed to the
next effect as the heating source. The remaining brine from the first effect was also
fed to the next effect, sprayed on the external tube bundle. The modelling approach
for the intermediate effects differed slightly, involving two energy balances on the

preheater and heat exchanger to calculate condensed and evaporated fractions,
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respectively. The last effect, lacking a preheater, sent all vapour directly to the end
condenser, where complete condensation occurred. Mathematically, this translated
into different energy balances on the effect and the last flashing box, as the total
vapour in the last effect condensed in the end condenser and collected in the flash
box. The brine exiting the last effect constituted the final brine of the entire MED
plant, while the condensate from the flash box served as the ultimate distillate. Both
outlets had to necessarily respect the global mass balance equations. Regarding the
end condenser, its feed was utilized to condense vapour. The total required cooling
water flow rate was determined through heat balance, with any surplus cooled down

and reused in the system.

Finally, a simplified process model for the NTC was developed, relying on both mass
and enthalpy balance equations (refer to Appendix A for details). Given a desired
value of the global NaCl recovery from the combined "evaporative technologies"
(MED + NTC), mass balance equations facilitated the computation of mass flow
rates for NaCl, brine, and distillate. Simultaneously, simple enthalpy balance
equations were employed to estimate the thermal energy required for evaporation,
accounting for sensible and latent heat, as well as the operating temperatures of the
crystallizer. To assess the purity of the produced NaCl, logical conditions were
embedded within the technical model equations. These conditions considered the
precipitation of potential by-products that could compromise the final purity of NaCl
based on the desired NaCl recovery and operating parameters, such as operating
temperature. The incorporation of these logical conditions was made feasible
through data obtained from PHREEQC software. Specifically, by inputting the ionic
composition of the NTC feed at specific pressure and temperature conditions into
PHREEQC, the software identified compounds prone to precipitation at those
operating conditions and returned their solubility using the thermodynamic Pitzer
model. Results from PHREEQC simulations informed the introduction of logical
conditions within the model, accounting for the precipitation of by-products that

could impact the purity of the produced NaCl.
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In summary, Table 3 provides a comprehensive overview of the technical models,

presenting input parameters and key outputs for each model.

Table 3: Main inputs and outputs of the technical model of each unit in the MLD system

Technology

Main Input parameters
(Technical model)

Main Outputs
(Technical model)

o Inlet flow rate [m3/d] o NF retentate flow rate [m3/d]
o Inlet ions concentrations [g/L] o NF permeate flow rate [m3/d]
anofiltration e Membrane ions rejections [- e Retentate ions concentrations [g
Nanofiltrati Memb i jecti R i i /L
(NF) e Operating pressure [bar] e Permeate ions concentrations [g/L]
e Permeate recovery [%] ¢ Total number of vessels[-]
e Specific membrane properties e Electricity demand [kWhe]
* Inlet flow rate [m?/d] o Flow rate of produced hydroxides
e Inlet ions concentrations [g/L] [kg/d] P y
Magnesium e NaOH concentration (1 /2" ; ; 3
cascive | soge) ] o e oo e
Crystallizer ¢ Mg conversion factor 1% stage ; ;
(MRC) [%] e Outlet effluent ions concentrations
. o [o/L]
. Ez]conversmn factor 2" stage « Electricity demand [kWh(]
ieti 3
« Inlet flow rate [m¥/d] o Dlstlllate.flow rate [m /dl
. e Outlet brine flow rate [m3/d]

. e Inlet NaCl concentration [g/L] L -
Multi-Effect « Steam Temperature [°C e Outlet brine ions concentration
Distillation Sueam omperat [°C] [g/L]

(MED) ¢ [ l/JIt_]er aCl concentration e Area of heat exchangers [m?]
. l\?umber of effects [-] e Heat demand [kWh]
e Electricity demand [kWhe]
ioti 3
« Inlet flow rate [m/d] o Distillate flow rate [m>/d] ;
. - ¢ QOutlet effluent flow rate [m3/d]
o Inlet ions concentrations [g/L] . -
« Inlet feed temperature [°C] o QOutlet effluent ions concentration
NaCl Thermal « Operating temperature [°C [o/L]
Crystallizer perating temperature [°C] ¢ Outlet flow rate of NaCl produced
(NTC) o NF membrane rejection [kg/d]
. g%rt;elcrt\:gglf ?gi%rvg] e Purity of NaCl produced [%]
(MED+NaCl Cr str)y[%] ¢ Heat demand [kWhin]
y o Electricity demand [kWhel]

1.3 Economic Models description

To assess the economic viability of each technology, each process model was
integrated with an economic one, with the main outputs of the technical models
serving as inputs for their corresponding economic models. Similar to the technical

models, the economic models were implemented using Python.

Carmelo Morgante 24



Section 1

For the NF unit, the economic model adopted the Verberne cost model [56], drawing
on practical data provided by NF unit suppliers [56]. Capital costs were computed
based on four components: (i) building construction, (ii) pumps, filters, and piping,
(iii) energy supply systems, and (iv) investment in membrane modules. Each capital
expenditure (capEX) component was updated using the chemical engineering price
index CEPCI (referenced to the year 2021). A straight-line depreciation was applied
to each capEX contribution, considering depreciation periods of 30 years for
buildings, 15 years for piping, pumps, and energy systems, and 5 years for membrane
modules. A discount rate of 6% was employed, aligning with typical values for
desalination plants [57]. Operating costs included expenses for electrical energy
consumption, chemical usage, maintenance, quality control, and daily operation,
assuming a plant availability of 8000 working hours per year. For brevity, equations

of the NF economic model can be found in Appendix B.

The economic models for the MRC, MED, and NTC units employed the Bare
Module Cost Technique for capital cost estimation [58], a widely accepted tool in
chemical plant economic assessments. Capital costs were expressed as functions of
the purchased cost of equipment, which was initially estimated as the purchase cost
in standard conditions (C,’ [€]). This value was a function of the actual equipment
size, adjusted using the CEPCI index and a global correction factor (F5u) to account
for direct and indirect costs, as well as non-standard operating conditions. The
calculated values (Cpy [€]) were then adjusted for contingency and fee factors (dicont
= 15% and o = 5% of the total Cgm, respectively). The total module cost (Crv [€])
was depreciated over 20 years with a discount rate (i) of 6%. Refer to Appendix B

for capEX details for the MRC, MED, and NTC.

Operating costs for the MRC encompassed energy consumption for pumping and
drum filtration, reaction chemicals (NaOH solution for the first and second stage),
and chemicals for neutralization (HCI solution to restore the pH of the final brine).
The MED unit operating costs included electric energy consumption, thermal energy

consumption, and chemical consumption for cleaning, anti-scaling, and anti-foaming
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purposes. NTC unit operating costs considered electric energy consumption for
pumping, thermal energy for NaCl crystal precipitation, and disposal costs for the
final brine. Additionally, the least expensive conventional brine treatment method,
surface water discharge (0.2905 €/m* of brine), was integrated into the NTC
operating costs. Detailed operating cost equations for the MRC, MED, and NTC can
be found in Appendix B. The economic analysis of the proposed MLD process was
performed considering the main specific costs/prices of chemicals and energy

sources reported in Table 4:

Table 4: Specific costs/prices of chemicals and energetic sources employed in the economic
analysis

Specific Cost*

Mg(OH), 1000 €/ton [71,72]

Ca(OH); 125 €/ton [73]
Water 0.83 €/m?3[71]
NaOH 330 €/ton [74]
HCl 125 €/ton [75]
NaCl 66 €/ton [76]
Electricity 0.2 €/kWh **

Waste Heat 0.0083 €/kWh*** [67]

*All specific costs expressed in § in the quoted references were converted in € considering a currency
conversion factor (April 2021) equal to 0.83€/3
**The specific cost of electricity refers to industrial user’ cost in Pantelleria, Italy
***The specific cost of waste heat is assumed to account also for the depreciation costs of equipment
(e.g. heat exchangers) needed to valorise it.

These specific costs, identified as the primary inputs for the economic analysis,
played a pivotal role in evaluating the economics of the MLD chain. In the context
of the Pantelleria case study, typical electricity and waste heat costs prevalent on the
island were incorporated into the analysis. Notably, waste heat was used in the study
as, currently, renewable energy sources are constrained by elevated capital costs. All
operating costs were estimated, taking into account an assumed annual plant

availability of 8000 working hours per year.
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1.4 Simulation Approach

To comprehensively assess the overall performance of the entire treatment chain,
both technical and economic models for all technologies were integrated into a
unified workflow using RCE (Reusable Component-based Environment) software.
RCE, an innovative tool developed by the German Aerospace Centre (DLR), was
chosen for its unique capabilities, detailed in [46]. The distinct features of RCE made
it an ideal solution for effortlessly incorporating multiple models and conducting a
thorough techno-economic analysis. Within the RCE framework, each technology
was represented as a block, within which both technical and economic models,
implemented in Python, were invoked. Each technology block had external inputs,
and the process outputs of one model became the process inputs for the subsequent
model in the treatment chain. Between successive models, additional scripts were
implemented based on simple mass balance equations to account for the mixing of
multiple streams, such as the blending of NF permeate and MRC effluent. The
economic feasibility of the entire treatment chain was then evaluated through five
key global parameters. Four of these were: (i) Levelized cost of water (LCOW aer),
(ii) Levelized cost of Mg(OH). (LCOMgony2), (iii) Levelized cost of Ca(OH).
(LCOC,0ny2) and (iv) Levelized cost of NaCl (LCOSai). The Levelized Cost, in
general terms, represents the selling price of a particular product (e.g., water, salt)
required to achieve the break-even point over a specified plant lifetime. Under the
assumption that the produced flow rate of a specific product and the operating costs
remain consistent across each year of the plant lifetime, the levelized cost (LC) for

the i product can be calculated using the following formula:

Yunits CAPEX+Xynits OPEX—Zunits REV_(REVith))

Q;th (07" Vith)*Noper,hours

LCOith =

e

Where the LOCi*" was the Levelized Cost of the it" product [€/ton or €/m?
(according to the units in which the product quantity was expressed)], capEX were

the depreciated capital costs of each unit/technology within the treatment chain
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[€/year], opEX were the operating costs of each unit [€/year], REV was the revenue
of each technology [€/year] and Q;:» (Or V;:n) Was the annual quantity of the specific
product produced [ton/h or m3/h]. The last main parameter was the Brine Treatment
Specific Cost (BTSC) defined as:

BTSC = Dunits CAPEX+Yunits OPEX (2)

VBrine feed*Noper,hours

Where the BTSC was expressed in €/m? of brine fed and Vg,ine reeq Was the annual

brine fed to the treatment chain [m?®h].
1.5 Results and Discussion

The analysis conducted in this study was fundamentally divided into two distinct

parts:

(1) a technical analysis with the scope to investigate the impact of specific
parameters (i.¢., the ionic rejection of the NF membrane) on the performances of the

treatment chain and properties of the selling products;

(i1) an economic analysis dedicated to identifying the primary contributors to the
overall economic feasibility of the proposed MLD chain. This involved varying
characteristics of individual technologies (e.g., changing the number of MED
effects) or adjusting specific costs (e.g., electricity costs) to understand their

influence on the economic viability of the chain.

1.5.1 Feasibility analysis of NF membrane rejections and NaCl recovery

For the technical analysis (and also for the economic analysis), the brine composition

detailed in Table 2 was utilized, with a fixed inlet brine flow rate of 2280 m?/d
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(equivalent to 50% of the total brine produced by three out of the four operating RO
units at the Sataria desalination plant).

Concerning the NF plant, which served as the pre-treatment step and the first stage
of the MLD system, the study considered spiral-wound elements. Each element
comprised five membrane leaves wound together, and, in line with large-scale
industrial practices, six elements were arranged in series within a pressure vessel.
Within each pressure vessel, the retentate from one element became the feed for the
subsequent element, and the permeates from all elements within the same pressure
vessel were mixed together. Additionally, a number of pressure vessels were
arranged in parallel to achieve a specified permeate recovery. The chosen operating
conditions for the NF plant reflected typical parameters in the brine management
field: a permeate recovery of 60% at an operating pressure of 20 bar.

To establish realistic membrane ion rejections, a comprehensive review of existing
literature on NF rejections was conducted. It was observed that the NF270 membrane
(Filmtec) was predominantly employed in treating desalination brines. Considering
various rejection values reported in literature under similar operating conditions and
brine compositions (e.g., [77-79]), an average rejection value for each ion was

considered. The set of ion rejection values is presented in Table 5.

Table 5: Set of ion rejections of the NF membrane (operating conditions: Permeate
recovery = 60%, Pressure = 20 bar).

lonic Species Na* Ca’ Mg* K" CI' SO/ HCOs

Membrane rejection [%] 6 50 71 5 12 91 45

As shown in Table 5, the NF270 membrane performance was not optimal,
particularly in terms of calcium and magnesium rejections. Notably, only 50% of
calcium was rejected, leading to significant adverse effects on the subsequent stages
of the treatment chain. This limitation had two main consequences: (i) only 50% of
calcium was recovered as calcium hydroxide, resulting in reduced total revenue, and

(i1) the 50% of calcium that permeated through had the potential to induce scaling in
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the Multi-Effect Distillation (MED) unit and compromise the purity of the final NaCl
product. The impact was even more pronounced for magnesium, considering its
higher selling price compared to calcium hydroxide.

Achieving food-grade salt (NaCl) quality, with a required final purity of at least 97%
according to the Codex Alimentarius [80], was a critical objective. Therefore, a
technical analysis was performed to understand the influence of NF ion rejections on
the NaCl purity. More specifically, this involved a theoretical analysis in which two
fictitious correction factors, o and 3, were introduced to understand to what extent
the single ion rejections of the NF membrane had to be increased in order to achieve
a certain NaCl purity at the end of the proposed MLD chain

The introduced correction factors were indeed two to account for ions with similar
transport behaviour across the NF membrane, ensuring a consistent correction for
rejections. Specifically, rejections of Mg?, Ca?’, and SO4* (which share similar
transport characteristics [81]) were corrected by the same factor o. Similarly, HCO3
and Cl, characterized by comparable behaviour, were corrected by . Meanwhile,
the rejections of Na" and K* (which typically have low and stable values at various
operating conditions) were considered constant. It is to be noted that the origin of the
two correction factors derives from empirical observations of the NF membrane
behaviour, concerning the general set of transport phenomena mechanisms and not
only one specific transport mechanism. For instance, if the correction factors were
to have only considered Donnan Exclusion, most certainly the ions would have been
grouped differently. This would have meant that an increase of the positive surface
of the NF membrane for example would have only increased the membrane
rejections of the cations, leading to a contemporarily decrease of the anionic
rejections. Therefore, considering all transport phenomena mechanisms in the case
of this specific work, all ion rejections increase with the correction factors but at
different rates. Equations (3) and (4) outlined how the bivalent and monovalent ions

varied with o and B, respectively.
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R = Rin+ax(1—Rm) A3)
R = Ren+ B+ (1= Riu) (4)

Where i and j™" are the bivalent ion (Mg?*, Ca?* and SO,*’) and monovalent ion (CI-
and HCOy), respectively. R* and RVW are the initial rejection value (Error!
Reference source not found.) and the updated rejection value. o and B are the

bivalent and monovalent ions correction factors, respectively.

In the detailed parametric analysis, the variation of the parameter a was explored
within a range of 0 to 1 at fixed intervals of 0.1. When a equalled 0, the rejection
value (R"*") was equivalent to the original rejection value (R°), while for a equal to
1, R¥" equalled 100%. For each specific o value, B was calculated to maintain the
electro-neutrality of the solution, considering both the NF permeate and NF retentate.
The results of this analysis are depicted in Figure 4a) and 3b), where the rejection of
a specific ion is plotted and compared against the typical rejection values of
commercial NF membranes (represented by the coloured areas). These commercial
membranes have been extensively tested and applied in the treatment of seawater

brines, as documented in previous studies [77-79].

Observations from the analysis revealed that values of a exceeding 0.8 led to
unrealistic sets of rejections, with single ion rejections falling outside the so-called
"real and commercial" range. Consequently, a=0.8 was identified as a critical
scenario, while a=0.7 was adopted in all simulations as an optimistic yet realistic
value. This choice was justified by the fact that a=0.7 resulted in a set of rejections
that remained within the typical ranges observed in real-world commercial

applications.
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Figure 4: a) Trend of membrane rejection of cations with o (ranging from 0 to 1), b) Trend
of membrane rejection of anions with o. (ranging from 0 to 1). Coloured areas for each ion
indicate the typical rejection values of commercial NF membranes.

However, the primary objective of the analysis was to identify the minimum value
of the correction factor a that guaranteed a minimum NaCl purity of 97%, meeting
the criteria for sale as a food-grade product. To achieve this, PHREEQC software,
known for its reliability in similar applications as demonstrated in past works [47],
was employed.

For the simulations, treating the MED and NTC as a unified unit, MED inlet
concentrations were required as inputs. These concentrations resulted from the
mixing of the NF permeate and the MRC effluent. To maintain the integrity of the
analyses across different values of o, all parameters of the MRC, including
geometrical and operating conditions, were fixed and kept constant. Experimental
values were applied for the concentration of NaOH (1 mol/L) and conversion factors
of Mg*" (95%) and Ca*" (97%) for the first and second stages, respectively. These
conditions remained consistent throughout the analyses.

Within the PHREEQC simulations, the quantity of water to be evaporated was fixed
to ensure a specific NaCl recovery. Subsequently, based on the precipitated products,
the purity of NaCl produced was calculated.

For each a value, the purity was evaluated at three different NaCl recovery levels:

30%, 50%, and 75%. The results of these analyses are illustrated in Figure 5a).
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Figure 5: a) Trend of purity of NaCl produced at different values of a and NaCl recovery;,
b) Composition of the final NaCl produced at food-grade obtained with a=0.7 and NaCl
recovery = 50%.

The results depicted in Figure 5a) reveal an increase in purity with o at low recoveries
(30%) of NaCl. This trend is primarily attributed to the greater rejection of
magnesium and calcium by the NF membrane, leading to their enhanced recovery as
hydroxides in the MRC. Consequently, smaller quantities of these impurities were
available to precipitate, thereby preserving the purity of the final product. A similar
trend was observed at a NaCl recovery of 50%, although the increase in purity
exhibited a diminished slope. This can be attributed to the fact that as more NaCl is
recovered (through increased water evaporation), a greater amount of impurities
tends to precipitate, counteracting the positive impact on purity.

At very high NaCl recoveries (75%), purity did not exhibit a net increase with a,
fluctuating around an average value. Notably, this average value remained below the
97% threshold required for the food-grade target. The optimal conditions for
achieving the target purity were identified at a NaCl recovery of 50% with a equal
to 0.7. Importantly, this value of o (0.7) still ensured operation within a realistic range

of NF membrane ion rejections.
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In Figure 5b), the percentage of impurities in the final NaCl product is presented.
Specifically, CaSO4 and MgSO4 were the main compounds that precipitated with
NaCl, constituting 2% and 1% of the total solid product, respectively.

Moreover, considering o equal to 0.7, Table 6 lists the ionic composition and flow
rates of the main streams in the MLD process. Notably, only 6% of the initial SWRO
brine was discharged back into the environment, characterizing the MLD process as
an "almost-ZLD" (Zero Liquid Discharge) process. Table 7, furthermore, provides

the flow rates of the products achieved with the MLD process.

Table 6: lonic composition and flow rates of the main streams of the MLD process.

NF NF NF MED MED

feed retentate permeate feed brine Discharge
lon Concentration [g/L]
Na* 21.4 20.7 20.9 21.2 107 5.90
Mg?* 2.70 5.98 0.37 0.21 1.08 0.13
Ca** 0.88 1.84 0.20 0.13 0.65 0.04
K* 0.78 0.79 0.74 0.63 3.15 0.24
CI 39.0 43.9 34.3 31.4 158 6.45
S04Z 5.50 12.9 0.24 3.18 16.0 0.02
HCOs 0.18 0.19 0.08 0.05 0.25 0.02
Flowrate | 5,4 950 1330 2330 398 135
[m3/d]
Table 7: Flow rates of the products of the MLD process.
Water Water
Product Mg(OH); Ca(OH), NaCl
(MED) (NTC)

Flow rate 12,956 kg/d 2923 kg/d 1932 m3/d 64,992 kg/d 252 m/d
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1.5.2 Economic analysis

1.5.2.1 Analysis of the Base Case scenario

Once the optimal value of a required for achieving 97% purity of NaCl was
identified, a comprehensive economic analysis of the proposed MLD system was
conducted to assess its feasibility. It is essential to emphasize that the compositions
and flow rates considered for the MLLD system were based on the values listed in

Tables 6 and 7.

Up to this point, specific information regarding the operating conditions of the MED
and NTC units had not been provided. The previous technical analysis treated the
MED unit and the NTC unit as a unified entity without delving into specific
operating conditions. More precisely, to understand which salts could potentially
precipitate after concentrating the NF permeate and retentate compromising the
purity of produced NaCl, the PHREEQC software only required a fixed overall water
recovery given by the MED and NTC. No other inputs were required. However, for
the economic analysis, defining the specific operating conditions of both

technologies was necessary.

Concerning the MED, 10 effects were considered, a typical industrial value,
operating at a TBT of 110°C. This temperature choice was possible thanks to the NF
unit upstream. For the NTC, 5 effects were considered with a maximum operating
temperature of 100°C. Both the MED and NTC units utilized waste heat sourced
from flue gases produced in a nearby power plant. This approach contributed to
reducing operating costs for the energy-intensive technologies within the treatment
chain. The techno-economic analysis results, presented in Figure 6, indicated that the

MED was one of these technologies (ranking third in electricity consumption).

In terms of thermal energy consumption, the MED unit consumed more than twice

the amount of heat compared to the NTC. Additionally, it is noteworthy that the
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specific electric consumption of the MRC unit was the highest. This was attributed
to the Drum filter employed for the recovery of hydroxide solids from the produced
slurry. These insights provided a detailed understanding of the energy and economic
dynamics within the MLD system, guiding further considerations for process

optimization and economic sustainability.

b)

NTC
16.9 (20.4%)

NF
0.74 (11.9%)

MRC
2.23 (35.6%)

MED
1.59 (25.4%)

Figure 6: Distribution of the electrical and thermal energy consumption per m3 of intake
brine in the MLD system.

MED
65.6 {79.6%)

Anyhow, energy consumed by the units was only one of the contributions to the total
cost of the SWRO brine valorisation chain. Results of the global economics of the

entire process are provided in Error! Reference source not found..

In Figure 7, it is evident that the total capital costs were significantly lower than the
total operating costs. Notably, NF and MED units contributed the majority to capital
costs. NF contribution was attributed to its membranes, while MED capital costs
were associated with its multiple effects and numerous heat exchangers. On the other
hand, the MRC unit played a pivotal role in driving overall high operating costs. This
was primarily due to the consumption of substantial amounts of expensive alkaline
reactants (such as NaOH) and subsequent chemical usage (HCI) for the final

neutralization step. Despite the high overall costs, the total revenue generated by the

Carmelo Morgante 36



Section 1

MLD system exceeded both capital and operating costs. This was primarily
facilitated by the high selling price of Mg(OH),, coupled with the substantial
quantities of NaCl produced.

7
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Figure 7: Global economics of the proposed MLD system expressed in million (M) euros
per year. CapEX and opEX bars refer to the 4 technologies according to the same legend
shown in the inset.

As aresult of the higher revenues compared to the sum of capital and operating costs,
the Levelized Costs of the valuable products obtained from the chain were lower
than their selling price. Figure 8 provides a detailed breakdown of all Levelized
Costs. Notably, only the Levelized Cost of salt (LCOS.y) equalled the typical market
price (i.e., 66 €/ton), affirming the competitive nature of the treatment chain for salt
production. All in all, the low Levelized Costs underscored the economic viability
and attractiveness of the integrated technology for the production of various valuable

products.
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Figure 8: Levelized costs of valuable products (LCOW e = Levelized Cost of Water,
LCOSui; = Levelized Cost of Salt; LCOMgon)2 = Levelized Cost of Mg(OH):; LCOCu0m)2 =
Levelized Cost of Ca(OH);) compared to their actual market prices.

1.5.2.2 Economic comparison with other brine treatment concepts

The economic feasibility of the entire treatment chain was further assessed by
examining the Brine Treatment Specific Cost (BTSC), as defined in Section 1.4.
Figure 9 provides a comparative analysis of the brine treatment cost of the proposed
MLD system with conventional brine disposal methods and recently proposed brine
valorisation schemes found in the literature. When considering only capital and
operating costs, neglecting any revenue (Figure 9), the MLD system appeared less
attractive compared to existing brine disposal methods. Specifically, the BTSC was
calculated to be 8.49 €/m>, considerably higher than the 4.65 €/m?® required with
conventional evaporation ponds. However, when factoring in the sale of all the
valuable products recovered by the integrated chain, the BTSC approached zero,
much lower than both conventional methods and recent proposals in the literature

(Figure 9).

It is noteworthy that the brine treatment costs associated with schemes presented in

the literature (e.g., 0.5 €/m? [40], 0.96 €/m? [35], 0.06 €/m> [34], 0.96 €/m> [11])
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already accounted for the revenue generated from the sale of valuable goods.
Particularly, the BTSC of the proposed treatment chain, calculated at -0.02 €/m?,
assumed a negative value. This negative BTSC reflects that the sum of capital
expenditures (capEXs) and operating expenditures (opEXs) for the treatment chain
was lower than the overall revenue achieved. The negative BTSC indicates that the
proposed treatment chain is not only cost-effective but potentially represents a net
saving. This outcome suggests that the treatment chain is market-competitive, where

brine treatment is no longer a cost but a source of economic gain.

It is important to note that these results should be interpreted with consideration for
current market conditions for the products involved. Changes in market conditions
upon the large-scale implementation of the proposed chain may impact the economic

outcomes.

MLD of this paper (without revenue)

MLD of this paper (with revenue) ‘ W

NF-ED-Ev-Cr-MD [39] +

MED-Cr [35] ;;i Proposed schemes
in literature

MD-MSF-Cr _[34]

scwp|[11]
Irrigation/Land application

Surface water discharge
Conventional brine

Deep-well injection ™ disposal methods

Evaporation ponds

Sewer discharge

0.5 4.5 9.5
€/m3

Figure 9: Comparison between conventional methods costs [76], proposed schemes in
literature and BTSC of the proposed MLD with and without accounting for the revenues.
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1.5.2.3 MED influence on the economics of the MLD scheme

The comprehensive techno-economic analysis successfully established and
demonstrated the economic viability of the MLD system, applied as a hybrid
technology to achieve brine volume minimization, mineral recovery, and water
production. However, these findings were specific to a treatment chain that included
an MED unit with a defined technical design, specifically with 10 effects. Therefore,
it was interesting to explore how the total costs and the BTSC might be influenced

by varying the number of MED effects.

Figure 10 illustrates the trend of total capital expenditures (capEXs), total operating
expenditures (opEXs), and the BTSC of the treatment chain in relation to the number
of effects. Considering a range of effects between 5 and 15, it is noteworthy that
capEXs and opEXs exhibited opposite trends as the number of MED effects
increased. This resulted in an overall minimum value of the BTSC, precisely when
8 effects were reached. The augmentation of capital costs was primarily attributed to
the increase in units, leading to a higher number of heat exchangers and condensers,
among other components. In contrast, operating costs predominantly decreased due

to the reduction in thermal energy consumption required by the MED.

While the increase in operating costs prevailed at low numbers of effects, and the
increase in capital costs was prominent at higher numbers of effects, the existence of
a minimum value for the BTSC was justified. Notably, the minimum value of the
BTSC was negative. This negative value stemmed from the fact that the sum of total
capEXs and opEXs was lower than the total revenue obtained from the sale of all
valuable goods produced. This outcome highlights the economic efficiency and
competitiveness of the treatment chain, particularly emphasizing its potential for net

economic gain.
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Figure 10: Trend of total capEXs, total opEXs and BTSC of the entire treatment chain with
the number of MED effects. The polynomial curve that links the BTSC at different numbers
of MED effects has also been represented.

1.5.2.4 Parametric analysis and Tornado diagram of the main factors

affecting the BTSC

After identifying an optimal design for the MED technology, a final parametric
economic analysis was conducted to assess the impact of specific costs of chemicals
or electricity on the overall economics of the proposed MLD system. The specific
costs (or prices) were varied within reasonable ranges to understand how changes in

these parameters could affect the global economic feasibility of the MLD system.

Table 8 provides the typical ranges considered for the parametric analysis,
representing the variations in the cost (or price) of a specific chemical or electricity.
It is important to note that the minimum and maximum values in each range

correspond to those observed in the year 2021 in Europe.
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Table 8: Range of specific prices/costs of chemicals and energetic sources employed in the
parametric analysis.

Typical range of

specific price/cost*

Mg(OH). 580 - 1162 €/ton **
Ca(OH), 42 - 208 €/ton [73]
Water 0.42-1.66 €/m?® [82]
NaOH 166 - 498 €/ton [74]
HCl 83 - 250 €/ton [83]
NaCl 42 -125 €/ton [76]
Electricity 0.08 - 0.25 €/kWh [84]

*All specific prices/costs were converted in € considering a currency conversion factor April 2021
equal to 0.83€/3
**Range of the specific price of Magnesium Hydroxide derives from an internal economic analysis
carried out by UNIPA

Figure 11 presents a Tornado diagram depicting the variation of the Brine Treatment
Specific Cost (BTSC) concerning the parametric costs (or prices), such as the
specific costs (or prices) of chemicals (NaOH, HCI, Mg(OH),, NaCl, Ca(OH),) and
electricity. This analytical representation highlights the maximum and minimum
values reached by the BTSC when the cost of a specific chemical or electricity is at
its minimum or maximum within the considered ranges. Notably, the diagram
illustrates that the higher the selling prices of the recovered products (Mg(OH)s,
NaCl, Ca(OH),, and H,0), the lower the BTSC, as the former contributes to an
overall increase in revenue for the treatment chain. Conversely, high costs of NaOH,
HCI, and electricity lead to increased operating costs, resulting in a higher BTSC.
Additionally, the diagram emphasizes the substantial influence of cost (or price)
variations in NaOH, Mg(OH),, and NaCl on the BTSC compared to other factors.
Specifically, when NaOH is purchased at a very high price (e.g., 498 €/ton) or
Mg(OH), and NaCl are sold at their lowest prices (e.g., 580 €/ton and 42 €/ton,
respectively), the BTSC may surpass conventional brine treatment costs, potentially

impacting the competitiveness of the proposed MLD system. This concern is not as
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pronounced when electricity reaches its highest cost or when Ca(OH), and H,O are

sold at their lowest prices.

Base Case
(o)
Electricity
Ca(OH), 125 €/ton
e . . . .
-2.5 -1.5 -0.5 0.5 1.5 2.5

BTSC [€/m?]

E Minimum Value B Maximum value

Figure 11: Trend of the BTSC at minimum and maximum commercial values of different
chemical compounds and electricity. The specific costs in the white boxes are the minimum
and maximum values of the ranges whereas those in the yellow boxes are referred to the

base case.

Figure 12 clearly demonstrates the substantial impact of NaOH on the overall opEX

of the treatment chain, surpassing the influence of other chemicals. Specifically, the

graph illustrates that the most significant fluctuations in operating costs occur when

the cost of NaOH varies within a reasonable range from its minimum to maximum

value. In contrast, variations in the cost of H,O result in minimal changes to the

operating costs compared to the base case value. This underscores the critical role

that NaOH costs play in shaping the economic viability of the proposed treatment

chain.
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Base Case
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Figure 12: Trend of the opEXs of the entire treatment chain at minimum and maximum
commercial values of different chemical compounds and electricity.

The sensitivity analysis presented in Figure 11 and Figure 12 underscores the
significant influence of the Magnesium Reactive Crystallizer (MRC) on the overall
economics of the proposed MLD system. Specifically, the cost of the alkaline
reactant (NaOH) and the selling price of Magnesium Hydroxide (Mg(OH),) were
identified as key factors for the economic feasibility of the MLD process. Across a
broad range of NaOH costs and Mg(OH), selling prices, the treatment chain
demonstrated economic viability. The system is economically attractive unless
extreme conditions, such as very high NaOH costs and very low Mg(OH): selling

prices were encountered.

Additionally, to assess the robustness of the proposed MLD system under different
scenarios, two extreme cases were examined (see Figure 13): a best-case scenario
where all costs were set to their lowest values and product selling prices to their

highest values, and a worst-case scenario where the opposite was applied. The best-
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case scenario resulted in extremely low Levelized Cost of Magnesium Hydroxide
(LCOMgonyp) and negative values for all other levelized costs and the Brine
Treatment Specific Cost (BTSC), indicating a highly competitive technology for
magnesium hydroxide production. On the contrary, the worst-case scenario led to

very high levelized costs, making the proposed treatment economically infeasible.

In summary, the proposed MLD system offers an attractive alternative for seawater
brine management, particularly when considering a range of realistic conditions. It
demonstrates economic competitiveness and provides a net saving, surpassing
conventional disposal methods and recent schemes proposed in literature. The
sensitivity analysis highlights the importance of NaOH costs and Mg(OH); selling

prices in influencing the economic feasibility of the treatment chain.
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2 600 2000 [
4 400 E
200 -4000 |
6 : o f r
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Figure 13: Comparison between the best case, base case and worst-case scenario for a)
Levelized cost of water and BTSC, b) Levelized cost of salt and magnesium hydroxide and
¢) Levelized cost of calcium hydroxide.

1.6 Conclusions

In this first chapter a novel MLD process brine disposal and mineral recovery in the
context of seawater reverse osmosis (SWRO) brines was presented. The proposed

system combined several technologies, including NF, an MRC, MED, and NTC,
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targeting the recovery of magnesium hydroxide, calcium hydroxide, water, and

sodium chloride.

The technical analysis highlighted the feasibility of achieving food-grade sodium
chloride in the final crystallizer by selecting appropriate NF rejection values, which

fall within the range of those exhibited by current commercial NF membranes.

In the economic analysis of the base case scenario, it was observed that operational
expenditures (opEXs) dominated the cost structure, surpassing capital expenditures
(capEXs) by about five times. The high opEXs are attributed to the use of expensive
chemicals in the magnesium crystallizer. However, the overall revenue generated by
the treatment chain, particularly from the sale of magnesium hydroxide, outweighed
the sum of capEXs and opEXs. The economic sustainability of the MLD system was
further demonstrated through the Levelized Cost Index, where the computed values

for all products were lower or equal to their current market prices.

An investigation into the influence of the number of MED effects on the global
economics identified a minimum value of the Brine Treatment Specific Cost (BTSC)
at 8 MED effects. The analysis indicated that significant variations in the costs of
sodium hydroxide (NaOH) and prices of magnesium hydroxide (Mg(OH)) could
potentially compromise the economic feasibility of the proposed MLD system, with

the MRC technology identified as the bottleneck of the treatment chain.

In a comparison with conventional brine disposal methods and recently proposed
treatment chains, the proposed MLD scheme exhibited lower BTSC under current
market conditions, establishing its economic viability as a competitive alternative
for brine management. The study provides valuable insights into the integration of
various technologies for efficient brine disposal, mineral recovery, and water

production.
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2 “Pioneering Minimum Liquid Discharge desalination: a pilot study in
Lampedusa island”

Within the context of the EU-funded project “Water Mining”, focused on developing
large demo systems that are of pre-industrial scale seawater/wastewater
valorisation, a novel demonstration plant was developed and experimentally tested
on the minor Sicilian island of Lampedusa (Italy). The MLD chain represented a
significant advancement of the first proposed MLD chain reported in Chapter 1. The
primary objective of the novel demonstration plant was to showcase a competitive
and circular desalination process. This included:

(i) Maximizing water production.

(ii) Producing multiple high-quality, valuable salts.

(iii)  Achieving low-energy consumption through the utilization of waste heat.
(iv) Implementing in-situ chemicals production and internal re-use.

v) Reducing the volume of desalination brine discharged into water bodies.

Such aspects could reduce the overall environmental impact of desalination related
to brine discharge and enable a more circular production of resources compared to
traditional land-mining within the EU.

2.1 The Sea-Mining case study in Lampedusa island (Italy)

The MLD demo plant (based on an evolved concept of the MLD chain proposed in
Chapter 1) was installed in Lampedusa, Italy, in close proximity to the desalination
plant and power station of the island. It incorporated five distinct technologies: (i)
Nanofiltration (NF), (ii)) Magnesium and Calcium Multiple Feed — Plug Flow
Reactor (MF-PFR), (iii) ElectroDialysis with Bipolar Membranes (EDBM), (iv)
Multi-Effect Distillation (MED), and (v) Evaporation Ponds (EPs). More
specifically, this plant presented an extra technology (EDBM) compared to the MLD
chain of Chapter 1 in order to provide in-situ chemical production. Furthermore, the
NTC of the first proposed chain was substituted by evaporation ponds due to
financial matters of the EU-funded WATER MINING project. The schematic

representation of the integrated process is depicted in Figure 14.

Carmelo Morgante 47



Section 1

g‘ﬁmygdusa
island _ o
O

Remaining
o =] brine
Mg(OH), Ca(OH), NaOH HCI

Permeate

*Mixed with remaining brine
Waste Heat and discharge back to the sea

recovery

Installation site of
MLD demo plant

Figure 14: Conceptual scheme of the seawater valorisation chain in Lampedusa, Italy.

As illustrated in Figure 14, seawater was introduced into a double-pass NF plant,
generating two concentrated streams: (i) an NF retentate, enriched with divalent ions
like magnesium, calcium, and sulphates, and (ii) an NF permeate, enriched with
monovalent ions such as sodium and chlorides. The NF retentate was subsequently
valorised by the MF-PFR, where, through two sequential steps at a controlled
reaction pH, magnesium and calcium were selectively recovered as hydroxides by
adding a sodium hydroxide (NaOH) solution. The clarified effluent from the MF-
PFR, devoid of magnesium and calcium, was then conveyed to an EDBM plant,
producing two chemicals: (i) NaOH solution, usable as the alkaline reactant for the
MF-PFR, and (ii) HCI solution, suitable for cleaning purposes throughout the

integrated process and in the nearby desalination facility on the island. The
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valorisation chain of the NF permeate incorporated more conventional technologies
compared to those of the retentate stream. Initially, an MED plant harnessed the
waste heat from the Lampedusa Power plant to produce high-quality water. The
resulting brine was subsequently directed to a series of evaporation ponds to recover

NaCl (table salt grade).

It is important to note that the capacities of the downstream units (such as MF-PFR,
EDBM, and EPs) subsequent to the NF and MED pilots did not align with the full
capacity required to treat the effluent streams from NF and MED. This discrepancy
was attributed to practical and financial limitations during the construction of the
pilot plants within the Water Mining project. Nonetheless, despite these constraints,
the sizes of all downstream units could be fully representative in terms of (i) product
characterization, (ii) recovery efficiency, and (iii) stability assessment, particularly
within the context of pre-industrial applications. Section 2.3.6, however, provides an

assessment of integration and circularity within a fully integrated system.
2.2 Pilot facilities and operational procedure

The individual technologies integrated into the MLD demonstration plant were
deliberately chosen to extract valuable resources from the primary elements found
in seawater. To comprehensively assess both (i) the production efficiency of the
overall integrated plant and (ii) the functionality of each technology, detailed
technical information on each pilot unit is presented in the subsequent sections.
Performance parameters for each technology are also outlined, serving as
benchmarks for evaluating the quality of the recovered products under specific
operating conditions for each technology. These conditions are elucidated alongside
the analytical procedure used to determine the performance parameters, offering an
initial insight into the economic feasibility of the demonstration plant. Lastly, four
specific indicators are introduced to assess the circularity of the seawater valorisation

chain, particularly in the context of full integration among the units.
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2.2.1 Nanofiltration (NF)

NF was the first technology of the MLD process. In the outlined scheme, seawater
was sourced from a beach well, underwent filtration using a multi-media filter
(MMF) to eliminate residual suspended solids, and then directed to a Double Pass
Nanofiltration (DPNF) system comprising two passes: NF1 and NF2. It is to be noted
that the DPNF plant was constructed by Lenntech BV. Figures 15a) and 15b) provide

an image of the pilot plant and a simplified process flow diagram, respectively.

' 2o wme |
| NR1 / NF2 ﬁ
|‘ =~ | UNIT ']" UNIT
s r E

Figure 15: a) Image of the NF pilot plant; b) Process flow diagram of the NF unit adopted.
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As depicted in Figure 15b), the filtered seawater underwent two key treatments: (i)
acid (HCI) dosing for pH reduction and (ii) anti-scalant (AS) dosing (Kurita Vitec
7000) to mitigate inorganic scaling on the membrane surface. The anti-scalant was
dosed at 1.5 mg/L and 1 mg/L before NF1 and NF2, respectively. High-pressure
pumps were employed to generate the necessary pressure (up to a maximum of 40
bar) for permeating water through the NF1 and NF2 membranes. The two passes of
the DPNF system comprised 12 and 10 Synder NFX membranes (4040), with a
combined membrane area of 97 and 81 m?, respectively.

Following dosing, seawater underwent separation into NF1 permeate and NF1
concentrate. The NF1 permeate was subsequently divided into NF2 permeate and
NF2 concentrate. While the NF2 permeate served as the final permeate stream

directed to the downstream MED unit, the NF2 concentrate was recirculated to NF1
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and mixed with seawater to form the NF1 feed. The NF1 retentate was directed to
the MF-PFR pilot for valorisation.

In summary, the DPNF system processed a feed flow rate of 2.46 m*/h with a total
permeate recovery of 69%. Consequently, the NF2 permeate had a flow rate of 1.70
m’/h, and the NF1 concentrate had a flow rate of 0.76 m*/h. To facilitate automatic
and continuous operation, as well as data logging, the DPNF system was equipped
with pressure transmitters, flow transmitters, electrical conductivity (EC) sensors,

temperature sensors, pH sensors, and electrical valves.

To assess the performance and stability of the DPNF plant, the following
performance parameters were calculated and recorded throughout the operation:

e Permeate recovery Ry (spor ppnr) Of single pass (or DPNF plant), which

represents the quantity of permeate from the single pass (or NF2) in relation

to the feed solution of the single pass (or global feed solution), calculated

according to Equation 5:

Q ,(s.p or NF2)
R = —BEPOTTE %100 5
p,(s.p or DPNF) Qf (s or DPNF) ( )

Where R,, s or ppnF) 1S the permeate recovery of the single pass (or DPNF plant)
[%], Qp,(sp or NF2) IS the permeate flow rate of the single pass (or NF2) [m%h] and
Q. (s.p or ppnF) 1S the feed flow rate of the single pass (or the DPNF plant) [m*h].

e lonic rejection 7; (s, or ppnr) OF the single pass (or DPNF plant) calculated

as the difference in ion concentration between the feed of the single pass (or
DPNF plant) and the permeate of the single pass (or NF2) divided by the
concentration of the ion in the feed solution of the single pass (or DPNF

plant) (see Equation 6).

Cif,(s.p or bPNF)~Cip,(sp or DPNF) «100 (6)

T =
i,(s.p or DPNF) Ci.f (sp or DPNF)
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Where 7; (s or ppnr) 1S the ionic rejection [%] of ion i concerning the single pass
(or DPNF plant), C; f(s.p or ppnr) IS the feed ion concentration of the single pass (or
DPNF plant) [mg/L] and C; ,, (s or ppnF) IS the permeate ion concentration of the
single pass (or NF2) [mg/L].
¢ Membrane permeability K, computed as the permeate flow rate divided by
transmembrane area and transmembrane pressure (Equation 7):

— Qp,NFn/Am,NFn (7)

K
TMP

Where K is the membrane permeability [L/m?/h/bar], Q, nry is the permeate flow
rate of NF1 or NF2 [m3/h], A, yrr is the membrane area of NF1 or NF2 [m?] and
TMP is the trans-membrane pressure of NF1 or NF2 [bar].

2.2.2 Multiple Feed — Plug Flow Reactor (MF-PFR)

The initial phase of the NF retentate valorisation line involved the Multiple Feed —
Plug Flow Reactor (MF-PFR): a specialized reactive crystallization process designed
to reclaim Magnesium and Calcium in the form of hydroxides. This was achieved
through the controlled addition of an alkaline reactant (NaOH solution) at a specific
reaction pH. The pilot plant comprised (i) a patented reactive crystallizer [61,85],
coupled with (ii) a drum filter for the retrieval of solids, and (iii) a neutralization step
to balance the final clarified solution, making it suitable for supplying the EDBM
unit. For a visual representation of the pilot plant and an outline of the Mg and Ca
recovery process, refer to Figures 16a) and 16b), respectively. It is to be noted that
the MF-PFR was developed by the University of Palermo (more precisely, Carmelo

Morgante and Fabrizio Vassallo).
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Figure 16: a) Image of the MF-PFR (left) and Drum filter (right) pilot plants; b) Process
Sflow diagram of the Mg/Ca precipitation process implemented within the MF-PFR pilot
plant.

At the heart of the pilot was the reactor, where the feed solution (DPNF retentate)
was intricately mixed with a NaOH solution through multiple nozzles positioned
along the entire length of a cylindrical vessel containing the alkaline reactant. The
strategic placement and orientation of the nozzles facilitated rapid mixing of both
reactants. Notably, Mg(OH), precipitation occurs at pH 10.6, while Ca(OH),
precipitates at pH 13. Therefore, continuous monitoring of the feed solutions'
conductivity, reaction pH, and reactant solution flow rates was essential, facilitated
by sensors (KROHNE). To ensure operation at a specific pH value, thereby
promoting the precipitation of either Mg or Ca, the feed flow rates were regulated
through a PLC implemented in the LabVIEW® environment.

After the initial precipitation of Mg(OH), (1° precipitation step), the resulting slurry
was directed to a settling tank. The clarified solution obtained was pumped to an
inter-stage tank for further treatment by the MF-PFR to recover Ca(OH), (2°
precipitation step), while the concentrated slurry was subjected to the filtration step.
Following the second precipitation step, where Ca(OH); precipitated at a reaction
pH of 13, the resulting slurry was directed to a separate settling tank. The
concentrated slurry was then pumped to the drum filter, while the final clarified
solution underwent a neutralization step through HCI dosing. The pH of the
neutralized brine was monitored using an in-line pH meter (KROHNE, PH8320).

A semi-industrial scale drum filter was employed for recovering magnesium

hydroxide and calcium hydroxide from their respective concentrated slurries, with
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technical details of the filtration section provided in a previous study by Vassallo et

al. [61].

To evaluate the production efficiency and the quality of products achieved by the
MF-PFR unit, two performance indicators were considered:
e Recovery, which indicates the total amount of magnesium (or calcium)
recovered in relation to the total amount of magnesium (or calcium) present
in the feed solution (calculated according to Equation 8).
nj-n;

R; = L=+ 100 (8)

]

Where n is the molar flow-rate [mol/min], the apex ° refers to the inlet molar

flow rate, while the subscript j refers to a specific cation (i.e. magnesium).

e Purity of solid, calculated as the amount of magnesium (or calcium), relative
to the total amount of cations measured via lonic Chromatography (IC) or
titration (see Equation 9).

CMg2+(or ca?t)

PuritYMg“(or ca?*) = T +100 ©)

Where C;is the molar concentration [mol/L] of the i" ion.

2.2.3 ElectroDialysis with Bipolar Membranes (EDBM)

The neutralized effluent exiting the MF-PFR was directed to the Electrodialysis with
Bipolar Membranes (EDBM) unit. EDBM is an electro-membrane process that
facilitates the production of chemical reagents, such as acid and base, from a saline
solution using electrical energy [86,87]. This technology employs three types of ion
exchange membranes (IEXs): cationic (CEM), anionic (AEM), and bipolar
membrane (BPM). The BPM consists of a cationic and an anionic membrane welded
together. The sequence of a CEM, AEM and BPM form a repeating unit known as a
triplet. When an electric field is applied through the cell pack, cations migrate
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towards the cathode (negative electrode), while anions migrate towards the anode
(positive cathode). Once migrated, the cations encounter hydroxyl ions from the
BPMs, producing a base solution. On the other hand, anions, interacting with protons

from BPMs, generate an acidic solution.

It is worth mentioning that the EDBM pilot plant was developed by the University

of Palermo (more specifically, Calogero Cassaro and Giovanni Virruso).

In the pilot plant, a large-scale EDBM stack was utilized to specifically produce
sodium hydroxide (NaOH) and hydrochloric acid (HCI). The pilot plant comprised
two main parts: the EDBM stack and the pumping station with measuring/control

instruments, as depicted in Figure 17a).

The EDBM stack (FuMA-Tech GmbH, model: FT-ED1600-3) consisted of 40
triplets divided into two sections of 20 triplets each, resulting in a total membrane
area of 19.2 m?. The unit utilized the following ionic exchange membranes (IEXs):
FUMASEP® FAB-PK anion exchange membranes (PET reinforced with PK, 130
pum thick), FUMASEP® FKB cation exchange membranes (PK reinforced with PK,
130 pm thick), and FUMASEP® FBM bipolar membranes (composite membrane
reinforced with woven PEEK, approximately 160 um thick). The anode and cathode
were made of DSA and stainless steel, respectively. Concerning the hydraulic circuit,
four lines were designed, one for each electrolytic solution (refer to Figure 17b)).
The monitoring of main variables in the process involved the use of magnetic
flowmeters, conductivity meters, pH meters, and pressure transducers. For process
control and data acquisition, National Instrument® hardware and LabVIEW
software were employed. Additional technical details on the design and construction

of the EDBM pilot plant can be found in [88].
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Figure 17: a) Image of the EDBM pilot plant (pumping station and measuring/control
instruments on the left, DC drive and EDBM stack on the right); b) Process flow diagram
of the Feed&Bleed configuration adopted.

The EDBM unit operated in a continuous mode, employing a Feed&Bleed

configuration (depicted in Figure 17b)). This configuration allowed for the

attainment of various product targets by adjusting the outlet flow rate of acid and

base streams, thereby meeting diverse concentration requirements.

To assess the performance of the EDBM unit, two primary indicators were utilized:

e Current efficiency (CE, %), which accounts for the quantity of electric charges
introduced into the system that are successfully converted into the production of
protons or hydroxide ions (computed according to Equation 10):

G = e R e 100 (10

Where Q, o is the outlet flowrate of product [L/min], Cy, 5, and C,, ;, are the outlet

and the inlet product concentration [mol/L], respectively, F is Faraday's constant

(i.e., 96,485 C/mol), N, is the triplet number, 4,, is the membrane active area [m?]

and i [A/m?] is the electric current density provided to the stack.

e Specific Energy Consumption (SEC) [kWh/kg], which represents the energy
consumed to produce 1 kg of the desired product (calculated according to
Equation 11):
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UiAp

SEC =
60 Qp,out(cp,out_cp,in) Mp

(11)

Where U is the electric potential (V) applied to the stack, and M,, is the molecular
weight of the desired product [g/mol].

2.2.4 Multi-Effect Distillation (MED)

Concerning the valorisation chain of NF permeate, the initial stage involved the
utilization of a Multi-Effect Distillation (MED) unit. The MED process is based on
thermal principles, harnessing heat to generate high-quality water through the
evaporation of saline solutions, such as seawater [67,89]. This process exploits
evaporative chambers known as effects, each featuring a heat transfer surface
facilitating the exchange of heat between the untreated water and condensing steam.
The primary steam originates from a heat source with a temperature typically below
100°C under saturation conditions. During condensation, it releases latent heat,
driving the evaporation of the untreated water. The condensation-evaporation cycle
is sustained effect-by-effect, owing to varying saturation conditions of the two
streams ensured by a vacuum system (comprising vacuum pumps or steam ejectors)
and a diminishing pressure profile across the effects.

From the original raw water, two streams emerge: (i) vapor (secondary steam) and
(i1) concentrated water (brine). The generated steam serves as the heat source for the
subsequent evaporation effect, eventually condensing by exchanging heat with
untreated water at a lower temperature and pressure. Meanwhile, the brine flows to
the next effect, combining with the newly produced brine. This cycle repeats across
all the effects of the evaporator, optimizing thermal energy recovery for the unit.
The steam produced in the final effect undergoes condensation in a concluding
condenser, where all distillate streams are amalgamated into a single flow. Likewise,
the numerous concentrated brine streams generated in each effect are consolidated

into a single stream for discharge.
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In the process configuration, the MED pilot unit was fed by the NF permeate,
yielding (i) high-quality water and (ii) highly concentrated brine directed to solar
evaporating ponds for NaCl recovery. Figures 18a) and 18b) provide a visual
representation of the installed MED plant and the process flow diagram of the pilot
unit. The pilot was developed and provided by Sofinter S.p.A and Thermossol Steam
Boilers S.A.

HOT WATER FROM HOT WATER TO
DIESEL ENGINE HEAT COOLING TOWERS

‘J_ EXCHANGER |
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Figure 18: a) Picture of the MED pilot plant; b) Process flow diagram of the MED unit.

More precisely, the installed MED pilot in Lampedusa comprised the following

components:

(i) A heat input section (steam generation section) arranged as a closed-loop
circuit of demineralized water to generate "primary steam." Through a heat
exchanger, "waste" heat from the power plant cooling circuit was recovered
and transferred to a secondary stream of demineralized water. This stream
was directed into a drum where vapor was produced through flash
evaporation;

(if) A heat recovery section (MED evaporator), where, heat exchange, the heat

input was given in each effect, resulting in the production of distilled water;

(iii) A heat reject section (final condenser), where the thermal energy was
ultimately released at a lower temperature (condenser) into cooling water

circuit, thus completing the heat balance;
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(iv) Auxiliary systems, including a vacuum generation unit and a chemicals

dosing unit.

To evaluate the system performance, the following operating parameters were

considered:

e Concentration Factor (CF): represents the molar concentration of sodium
chloride (equivalent) in the outlet brine divided by the concentration in the

inlet brine.

CF = CNaCl,out,brine (12)

CNaCl,in,brine

Where Cyacioutprine 1S the brine outlet molar concentration of NaCl [mol/L] and

Cnacuinprine 1S the brine inlet molar concentration of NaCl [mol/L].
o “Specific Electric Energy Consumption" (SEEC): indicates the electrical
energy consumption per cubic meter of produced distilled water, calculate

as the ratio between electrical energy and the total amount of distilled water:

Powerg

SEEC = (13)

Maist

e Gain Output Ratio (GOR): expresses the conversion of primary vapour into
distillate water. It is calculated as the ratio between the mass flowrate of
produced distillate 114;5; [kg/h] and mass flowrate of the produced primary

vapour Mgeeqam [Ko/h]:

GORgross = —2ist (14)

Msteam
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2.2.5 Evaporative ponds (EPs)

The final technology of the treatment chain was composed of Evaporative Ponds
(EPs). They were constructed with the purpose of recovering pure Sodium Chloride
(NaCl), mirroring the traditional approach of natural saltworks. This involves
producing table salt through fractional precipitation in multiple shallow basins.
Figures 19a) and 19b) illustrate the ponds, providing an image and a schematic
diagram, respectively. The ponds were provided by the University of Palermo. They
were built using wood planks for the border and a cloth in PVC covering a layer of
sand placed on the concrete platform. A depth of 10 cm was adopted as computed

during the design phase.
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Figure 19: a) Image of Evaporation Ponds; b) Footprint of the evaporation ponds
employed.

To elaborate, Pond A, subdivided into four smaller ponds, served as the "hot" pond
where the outlet solution from the MED unit was collected. Within this pond, the
NaCl concentration increased until reaching the saturation point. Pond B, segmented
into six smaller ponds, functioned as the "crystallizing" pond where NaCl solid
crystals precipitated. Finally, Pond C, divided into two smaller sections, allowed for

the collection of the depleted solution, i.e., the final exhausted bittern.
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The design of the ponds and the determination of inlet/outlet brine flow rates
involved using the Penman equation to estimate the evaporation rate [90], and the
PHREEQC software, employing the Pitzer thermodynamic package, was utilized to
simulate salt precipitation [91]. In detail, the evaporation rate E (mm/day) was
estimated on the basis of a value of the net solar radiation calculated by a correlation
developed by ENEA, the Italian “National Agency for New Technologies, Energy
and Sustainable Economic Development” [92]. A value of 25 MJ/m?*/day was
assumed for May, considering the geographical coordinates of Lampedusa. The other
parameters were assumed as the following: wind speed 5m/s, humidity 77% and
temperature 19.7°C.

The results of the design are shown in Table 9, where the composition and flow rates
from/to each pond are listed. Of course, values for the outlet of pond A are the inlet

for pond B and the same applies for the outlet of pond B and the inlet for pond C.

Table 9: Inlet mean ions composition in the ponds.

Inlet Composition [g/L]

Flow rate,IN
Na* K* Ca* Mg* CI' TDS NaCl (L/h)
Pond A 69.5 2.102 0.13 0.13 125 197 177 180
Pond B 123 3.55 0.24 0.24 194 321 311 147
Pond C 101 45.9 3.07 3.07 211 367 253 117

The purity of NaCl was calculated as the amount of sodium (as sodium chloride)
with respect to the total amount of salts in the samples. All the species present in the
samples were detected via Ionic Chromatography (IC) analysis. The purity of NaCl

was assessed using the following equation:
M a
Purityyac; = % 100 (15)

where My ¢y, ., 1S the measured mass of NaCl in the solid sample and Mg, is the

total salt mass.
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2.2.6 Operating conditions and analytical procedure

The technologies involved in the proposed MLD process scheme operated in
accordance with the specified operating conditions detailed in Table 10 (main flow
rates) and Table 11 (inlet composition), encompassing specific parameters for each
technology. Table 10 indicates that the recovery rates for NF1 and NF2 were set at
71% and 92%, respectively, to achieve a permeate flow rate of 1.70 m*/h and a
retentate flow rate of 0.76 m>/h. The NF plant maintained an operational duration of
8 hours per day, with daily sampling of the feed, NF1 retentate, and NF2 permeate.
In contrast, the MF-PFR, operating at a smaller scale than NF, displayed distinct flow
rates (Table 10). For the 1% and 2™ precipitation steps, a 1 mol/L NaOH solution
from the EDBM unit required NaOH flow rates of 0.85 L/min and 1 L/min,
respectively, to attain pH values of 10.6 for Mg(OH), precipitation and 13 for
Ca(OH); precipitation. The MF-PFR also operated for 8 hours per day in the 1% step
(5 hours per day in the 2" step), with collected samples of Mg(OH), and Ca(OH),
slurry. The EDBM, similar in scale to the MF-PFR, utilized a current density of 400
A/m? and a 55 V applied voltage, along with a 0.25 mol/L Na,SOs solution for the
ERS electrodes. The EDBM stack acid and base compartments were fed with
permeate from a SWRO (conductivity of 400 uS/cm), producing industrial water.
During 5 hours of daily operation, samples of acid and base solutions were collected.
The MED pilot plant operated similarly to other units, relying on various parameters,
including utility availability and temperature (primarily hot water from a diesel
engine cooling circuit). The condenser pressure, determining the distillation effects'
operating pressure, was typically set at 70 mbar. The estimated hot water flow rate
was 25 m*/h, averaging 80°C with fluctuations of £5°C, while cooling water for the
cold utility was at an average temperature of 25 °C. Distillate and brine samples were
taken during the 4 operating hours per day for subsequent analysis.

The brine recirculation flow rate was fixed at 6.5 m*/h to ensure effective tube bundle
wettability at low feed flow rates and maintain adequate residence time within the

MED, facilitating brine concentration. As for the Evaporation ponds, the feed flow
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rate was nominally set at 180 L/h, though pond capacity varied with weather
conditions, resulting in practical semi-batch operations. The crystallized product was
collected for purity analyses.
Regarding aqueous sample analysis:
e Na', K, Ca?", Mg*, and SOs* concentrations were measured using
Inductively Coupled Plasma-Optical Emission Spectrometry (ICP-OES) or
Ion Chromatography analysis (Metrohm 882 Compact Ion
Chromatography).
e (I concentration was determined through discrete Skalar analyses.
¢ HCOs; concentration was measured via titration.
For determining the purity of recovered solids, a meticulous procedure was followed.
The wet solid underwent filtration and washing with demineralized water (for
Mg(OH), and Ca(OH),) or a saturated NaCl solution (for NaCl). A weighed quantity
was dried at 120 °C for 24 hours, and after cooling to room temperature, weight
detection was repeated to estimate initial humidity content. To analyse anion and
cation concentrations in the solid, the dried sample was dissolved in deionized water
and analysed via lonic Chromatography (IC) using a Metrohm 882 Compact IC
equipped with anion-exchange Metrosep® A Supp 5 and cation-exchange
Metrosep® C4 columns. The mobile phase for anions detection was a solution of
Na,COs 3.2 mM and NaHCO; 1 mM at a flux of 0.7 mL/min, while the cations used
a 5.5 mmol/L H3POy solution.
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Table 10: Main flow rates and specific operating parameters of each technology
comprising the proposed MLD process.

Additional specific

Technology Stream Flow rate
parameters
Feed 2.46 m¥h
NF Permeate 1.7 m¥h HE; recovery B ;;2//"
Retentate 0.76 m¥h FECOVETy = 9270
1° Brine 2.5 L/min 1° step pH = 10.6
1° Alkaline 0.85 L/min 2° step pH =13
ME-PER 2° Brine 1.5 L/min Cniaon (1° step) = 1 mol/L
2° Alkaline 1 L/min Cnaon (2° step) = 1 mol/L
Total capacity Mg(OH), =
14.4 tonly
Salt 1.8 L/min Current density = 400 A/m?
Acid 1.35 L/min Voltage = 55 V
. Cers = 0.25 mol/L
Base 1.1 L/min H.O employed as feed for
EDBM acid and base channels
Total capacity NaOH =
ERS 20 L/min 21.23 tonly
Total capacity HCI = 15-16
tonly
Feed 1.75m%h Pressure condenser = 70
Distillate 1.5-1.6 mh mbar
MED Rec. Brine 6.5 m¥h Heat source T* = 80°C
Cold water 20 m*/h Cooling water T = 20°C
Brine 0.2-0.3m%h
EPs Feed 180 L/h -

*The heat source supplied into the MED was cooling water coming from a diesel engine
used as a power generator.

Table 11: Inlet composition of each technology comprising the proposed MLD

process.
Inlet Composition
Technology [mg/L]

Na* K Ca* Mg* Cl SO.> HCOgz

NF 12960 438 425 1300 21,090 3,230 183

MF-PFR 15590 669 1,400 4,650 30,565 10,460 315
EDBM 17,000 303 - - 19,600 5,010 2,730

MED 11,100 423 15 12 17,143 5 79

EPs 69,510 2,102 219 94 110,126 0 -
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2.2.7 Circularity assessment

After evaluating the technical feasibility and stability of the system, it became
important to identify circular opportunities and linear risks to enhance the system
durability and resilience. To achieve this goal, the following indicators were
developed. In assessing the circularity of the system, the initial step involved
quantifying the waste reduction attributable to circularity measures. In the study of
this specific MLD process, the reduction in brine from the proposed circular system
was measured in comparison to a linear reverse osmosis (RO) desalination plant. The
Total Waste Reduction (TWP) [93] was calculated using the following equation:

™

3
Volume of SWRO brine (non circular)[mT] —Volume of brine from a circular system[ "
= +100  (16)

TWP =

3
Volume of SWRO brine (non circular) [mT]

The volume of SWRO brine (non-circular) was estimated based on a 40% efficiency
assumption for the RO plant, while the volume of brine from the circular system was
considered to be the outlet salt stream from the EDBM unit.

Resource efficiency (RE) [94] highlighted the effectiveness of recovering valuable
products from seawater within the framework of a circular economy. RE was defined
as the ratio of useful material output to input, and it was determined using the
following equation:

Mass ofuseful materials output [%‘q]

RE =

«100 (17)

Mass ofuseful materials input [%‘g]

Since the capacity of each unit varied, RE was assessed for each product based on
the capacity of the required technology.

Regarding the circularity of resources, the chemicals and water needed were
internally produced from seawater brine. Circular Chemical Inflow (CCI) [95]
assessed the circularity of chemicals used in the process, specifically HCl and NaOH.

CCI was determined using the equation:

Carmelo Morgante 65



Section 1

3
Volume of chemical inflow from non circular sources [T]

ccr=1- +100  (18)

3
Total volume of chemical inflow (circular and non circular) [mT]

Here, the volume of chemical inflow from circular and non-circular sources referred
to HCl and NaOH used in the MF-PFR unit.

Finally, the proposed system aimed at low-energy consumption through waste heat
utilization. Waste heat was employed to meet the thermal energy requirements in the
MED unit and to harness solar energy for recovering NaCl salt from the evaporation
ponds. Thus, measuring the energy self-sufficiency of the system became crucial.

The Energy Self-Sufficiency (ESS) [95] was computed using the following equation:

Sustainable Energy in kWh produced and utilised on site

ESS = «100 (19)

Total energy demand of the system [kWh]

Here, thermal energy requirements were converted to electricity requirements,

assuming a 30% efficiency of the diesel engine based on the fuel used.

2.3 Results and discussion

The overall technical viability of the proposed pilot-scale MLD chain was assessed
through two key methods: (i) analysing samples collected from each recovered
product and (ii) calculating specific performance indicators, as previously specified
for each pilot plant within the chain. Additionally, to showcase the robustness of the
proposed treatment chain in achieving products with consistent specific
characteristics, the stability of the principal operating parameters for each technology
was examined during their daily operational cycles. It is worth mentioning that each
unit was operated for a different amount of hours, due to the different nominal
capacity of each of the pilot units, which in fact required the installation of buffer
tanks in order to interconnect the different units and fully operate the integrated

chain. Finally, the results of the integration and circularity assessment were
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documented. It is worth mentioning that the results were achieved by the author of
the present PhD thesis with the aid of Fabrizio Vassallo, Calogero Cassaro and
Giovanni Virruso (for the EDBM unit) and Giuseppe Scelfo (for the MED unit).

2.3.1 DPNF pre-treatment stage performances

It is widely acknowledged in the literature that the performance of the pre-treatment
step, specifically the DPNF in this case, plays a pivotal role in the overall efficiency
of any seawater/brine mining scheme [23]. This significance stems from its
capability to generate water streams with characteristics suitable for further
processing, particularly those selectively enriched in monovalent or divalent ions in
this context. An ensuing advantage of this capability is the successful recovery of
resources with high purity and yield through subsequent crystallization steps.
Consequently, it was important to investigate the DPNF ability to selectively
separate ions.

As illustrated in Figure 20, the results demonstrated that the DPNF process achieved
a rejection rate of over 97% for multivalent ions. More specifically, rejection values
of 97%, 99%, and 100% were attained for Ca?*, Mg?*, and SO4*, respectively. In
contrast to the high rejection of multivalent ions, the rejection of monovalent ions
Na®, K*, and CI" was more limited, at 14%, 3%, and 19%, respectively. Based on
these findings, the DPNF process proved to be effective in selectively separating

both monovalent and multivalent ions originally present in seawater.
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Figure 20: The ions rejections of the DPNF process (average values are presented, whereas
the error bars show the deviation for the minimum and maximum values, considering two
measurements).

2.3.2 Purity and recovery of products/chemicals

The brine valorisation lines, addressing the DPNF retentate and MED brine, yield
various products ranging from Mg(OH), and a Ca(OH), and Mg(OH), mixture (in
the second precipitation step) to chemicals generated in the EDBM, culminating in
high-purity NaCl crystallized in evaporative ponds. Product purities varied with
operating conditions, and Figure 21a) presents the average purities of all recovered
solids based on measurements during the experimental assessment of each

technology.

Figures 21b) and 21c) depict the recovery of each product and the concentration of
the acid/alkaline streams produced, respectively. It is worth mentioning that such
values changed with variable operating conditions during the experimental
campaign, for each experiment a couple of samples were taken when the stationary
condition was achieved. Thus, an average value is reported with error bars indicating

the variability of each parameter.
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Figure 21: a) Purity of recovered solids; b) Recovery of solids and H,O (MED distillate); c)
Concentration of chemicals produced by the EDBM unit. The average value is reported,
with error bars indicating the variability of each parameter along the pilot experimental

campaign.

Product analysis results revealed that the MF-PFR produced Mg(OH), with an

average purity of approximately 94%. As detailed in previous works by Vassallo et

al. [60,61], the purity of Mg(OH), was influenced by carbonate/bicarbonate presence
in the feed, leading to calcium co-precipitation as calcium carbonate — an insoluble
species under MF-PFR operating conditions (pH around 10.6 and 20-25°C).

Moreover, the recovery of this hydroxide during the 1% precipitation step exceeded

90%, with possibilities for further enhancement by increasing the outlet pH through

increased alkaline flow rates.

In the 2" precipitation step, designed to eliminate all bivalent cations (magnesium
and calcium), IC analysis of the solid revealed an average Ca(OH). purity exceeding
60%. The co-precipitation of magnesium as hydroxide, stemming from incomplete
magnesium removal during the 1% precipitation step, affected purity. Calcium
removal efficiency ranged between 70-80%, while magnesium was entirely
precipitated due to the elevated pH (about 13).

Notably, NaCl produced via evaporation ponds exhibited excellent results with a
purity surpassing 99%, well above the required minimum purity limit for food
applications (97%) [80]. Recovery approached 100%, as seen in Figure 21b). In
particular, four samples were withdrawn from four of the sub-ponds obtaining an

average for the NaCl purity of 99.1% +1.9.
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The MED unit achieved substantial freshwater recovery, reaching values up to 85%,
considering a single MED unit with concentration factors in the brine reaching up to
7.

Finally, Figure 21c) underscores the EDBM success in producing a 1M NaOH
solution (utilized as the alkaline reactant for the MF-PFR) and a 0.65 M HCI

solution, serving for neutralization and cleaning purposes.

2.3.3 Energy performances of pilot units

Table 12 presents the energy consumption of each pilot plant along with specific
energy performance indicators for the EDBM unit. In Table 12, NF consumed 5.7
kW, accounting for the energy used by two high-pressure pumps, the booster pump,
and the circulation pumps for MMF and outlet streams (NF permeate and retentate).
For the MF-PFR, 1.94 kW was calculated, including the drum filter. Of this, 0.98
kW was consumed by the main electrically-driven parts of the reactor (pumps),
assuming that auxiliaries (sensors and controllers) accounted for 20% of the total
consumption of major items. The remaining 0.96 kW of the drum filter considered a
utilization factor of 10% and auxiliaries power consumption equal to 20% of the total

filter consumption.

Table 12: Energy performances of the pilot plants.

Technology kw Specific Energetic indicators
NF 5.7

MF-PFR 1.94 i

CEnci [%] 50-70

CEnaon [%0] 65-85

EDBM 8.78 SEChcr [KWh/kg] 3.0-4.0

SEChneon [KWh/kg] 2.0-3.0

MED 9.08 SEEC [kWh/m®] 6.0-7.0

Concerning the electrical energy consumption of the MED plant, 9.08 kW were used,

with only 4.34 kW necessary for plant operation, accounting for the energy
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consumed by distillate and brine circulation pumps and the recycling pump of the
brine stream. The remaining 4.74 kW relates to the vacuum generator, that was an
oversized liquid ring vacuum pump (chosen to speed up the start-up of the plant). As
a matter of fact, it is to be noted that the liquid ring vacuum pump could have been
substituted, for example, by a steam driven vacuum system, where the required steam
could be potentially produced by recovering waste heat from the stack of the power
plant. The specific electrical energy consumption (SEEC) of the MED pilot plant
ranged from 6-7 kWh/m?, consistent with other pilot plants with only 2 effects
reported in the literature [96,97]. However, lower values, closer to 2-3 kWh/m?
(typical for water production by seawater desalination), are possible for optimized

industrial-scale plants with properly sized pumps and configurations.

For the EDBM, an energy consumption of 8.78 kW was recorded, mainly attributed
to the DC drive for generating the electric field in the EDBM stack, with a small
portion used by circulation pumps (about 25% of the total). In this case, auxiliaries'
power consumption was assumed to be 20% of the total energy consumed for the
EDBM unit. The EDBM system performance was evaluated in terms of current
efficiency and specific energy consumption, with acid and base production having
current efficiencies ranging between 50-70% and 65-85%, respectively. The lower
current efficiency of the acid stream was attributed to proton diffusion through the
AEM towards the salt compartment, resulting in an acidified salt solution at the stack
outlet. Specific energy consumption for acid and base fell within the range of 3-4
and 2-3 kWh/kg, respectively, with the higher SEC of the acid related to the lower
current efficiency recorded for this solution. The obtained values of SEC were
compared with values published in literature for similar concentrations of chemicals
[98,99]. In the present case the salt solution has a significant lower concentration

compared to those employed in previous studies (at least 1 M of NaCl).
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2.3.4 Specific performances of the MED unit

To further evaluate the performance of the MED pilot plant, specific parameters were
considered: (i) the concentration factor of NaCl and (ii) the gross GOR (GORgGyoss).
As indicated in Table 13, the concentration factor of NaCl achieved a maximum
value of 7. It is important to note that this result was obtained by producing a
distillate with a conductivity lower than 30 uS/cm and without encountering any

scaling issues in the effects.

Table 13: Specific performances of the MED pilot plant.
MED specific performance indicators
Gross GOR [-] 1.5-2.0
CF [-] 4.0-7.0

Regarding the gross GOR, its value is tied to the number of effects in the MED unit.
Specifically, as the number of effects increases, the quantity of produced distillate
increases, all while relying on a single inlet steam at the first effect. In this particular
case, the MED unit has 2 evaporative effects, and the average gross GOR value

ranged between 1.5 and 2.

2.3.5 Stability of pilot plants

As mentioned earlier, the subsequent paragraphs provide an evaluation of the
stability of the main operating parameters for each technology throughout their daily

operational runs.

Moreover, the total amount of working hours for each technology of the treatment

chain is reported as follows:

e Nano Filtration, total working hours 670;
e Multiple Feed Plug Flow Reactor, total working hours 480;
e  Multi Effect Distillation, total working hours 70;
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e Electro Dialysis with Bipolar Membrane, total working hours 880;

e Evaporative ponds, total working hours 5090.

2.3.5.1 NF

To ensure consistent feeding conditions for the downstream units in the
demonstration plant, the operational stability of the NF plant was evaluated. This
assessment involved monitoring the trends of four key parameters: feed temperature
(depicted in Figure 22a), NF pass recovery (Figure 22b), EC (Figure 22c), and NF
membrane permeability (Figure 22d).

As illustrated in Figure 22a), the seawater temperature experienced a moderate
increase over the operational run of 8 hours per day. However, the conductivity of
the feed seawater remained stable, maintaining an EC value of 52 mS/cm. Regarding
the NF1 and NF2 recovery rates, Figure 22b) demonstrates that the DPNF system
consistently maintained them at 71% and 92%, respectively. In Figure 22c¢), further
demonstration of the stability of the NF process over time can be observed by the
electrical conductivity EC for the NF1 permeate and NF2 permeate. More
specifically, whilst the EC of NF1 permeate was 45.3 mS/cm over the entire
operational run, the EC of NF2 permeate reached a lower value of41. 6 mS/cm. Such
difference was due to the lower feed concentration of NF2.

Turning to membrane permeability (Figure 22d)), a pattern similar to that of the feed
temperature was observed. As seawater temperature increased, membranes became
more permeable, requiring less pressure to produce a fixed permeate amount.
Notably, NF2 exhibited higher permeability than NF1, attributed to the differing ion
rejection in the two passes.

The variance in membrane permeability is linked to the rejected ions, with NF1
handling a stream rich in multivalent ions, resulting in a higher osmotic pressure
difference. Consequently, higher applied pressure was needed to overcome this

osmotic pressure difference and produce permeate.
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In summary, the DPNF system demonstrated stable operation, as evidenced by the

consistent trends in permeate recovery and EC rejection throughout the operational

period.
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Figure 22: a) The temperature of the feed streams, b) the permeate recovery, c) the
electrical conductivity of NF1 and NF2 permeates and d) the membrane permeability of
NF1, NF2 and/or the overall DPNF process, throughout the operation.

2.3.5.2 MF-PFR

As detailed in Paragraph 2.2.2, the MF-PFR underwent two consecutive
precipitation steps for the recovery of Mg(OH), and Ca(OH).. Each step, conducted
for 8 hours/day in the 1°* stage and 5 hours/day in the 2" stage, involved recording
and plotting pertinent operational parameters such as pH, brine flow rates, and

alkaline flow rates over time. This monitoring aimed to evaluate the system stability,
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recognizing that sustained pH and flow rates would ensure consistent recovery and
purity of the hydroxides.

Figure 23 depicts the temporal variations of these parameters during the magnesium
precipitation step (Figure 23a)) and the calcium precipitation step (Figure 23b)). As
observed in both Figures 23a) and 23b), the outlet reaction pH and brine flow rate
remained stable throughout the experiments. It is noteworthy that stability could
potentially be compromised by pressure drops resulting from nozzle scaling or minor
fluctuations in the magnesium (or calcium) content of the inlet brine.

The slight increase in alkaline flow rate over time, as explained, could be attributed
to the variations in the magnesium content of the inlet brine. However, it is crucial
to highlight that the implemented control system was meticulously designed to
mitigate such disturbances effectively. Consequently, it successfully managed to
uphold stability in the system, ensuring the reliable and consistent accomplishment

of the task at hand.
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Figure 23: Variation of pH and both flow rates during the operational run of a) the first
precipitation step for Mg(OH) production and b) the second precipitation step for
Ca(OH); production.
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2.3.5.3 EDBM

To ensure both a continuous supply of a targeted 1M NaOH solution to the MF-PFR
and the consistent production of an HCI solution within a narrow concentration
range, it was important to assess the stability of the EDBM pilot plant. The key
parameters monitored over time included: (i) the concentrations of HCl and NaOH
(Figure 24a)), (ii) the applied voltage of the pilot system (Figure 24b)), (iii) the
calculated specific energy consumption (SEC) related to HCI and NaOH (Figure
24c)), and (iv) the current efficiency (CE) of the system concerning HCl and NaOH
(Figure 24d)).
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Figure 24: a) trend of HCI and NaOH concentration, b) trend of voltage, c) trend of
Specific Energy consumption referred to HCI and NaOH produced, d) trend of current
efficiency referred to HCI and NaOH during operation.
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As depicted in Figure 24a), the concentrations of NaOH and HCI were consistently
maintained at 1 mol/L. and 0.65 mol/L, respectively. The implementation of an
advanced control system, as detailed in reference [88], played a pivotal role in
ensuring this stability. Despite the lower HCI concentration, observed factors, such
as the diffusion and loss of proton ions into the salt and alkaline compartments and
a slight increase in the outlet acid solution flow rate due to osmotic and
electroosmotic water flux [86], were identified as contributing to this phenomenon.
Figure 24b) illustrates that the resulting voltage of the EDBM stack exhibited minor
fluctuations, remaining close to 55 V. This stability in voltage further reinforced the
reliability of the system. Lastly, due to the consistent behaviour of the system, the
calculated SEC and CE remained stable throughout the operational run, as evidenced
in Figures 24¢) and 24d). Overall, the EDBM pilot plant demonstrated reliability and

stability, affirming its capacity to sustain continuous operations.

2.3.54 MED

In order to evaluate the operational stability of the MED pilot plant and assess its
potential for freshwater production and NaCl recovery, crucial for downstream
collection in the evaporation ponds, an examination was conducted. The focus was
on monitoring the operating temperature and pressure trends of the 1% effect
throughout a 4-hour operational run.

As depicted in Figure 25a), after the initial hour of plant start-up, both pressure and
temperature exhibited remarkable stability, hovering around 50°C and 0.1 bar,
respectively. This outcome held significant importance, given that the MED pilot
utilized waste heat from the diesel engines of the local Lampedusa Power Plant,
characterized by slight and unpredictable temperature variations.

Turning attention to the quality of the outlet streams, Figure 25b) illustrates the
monitored conductivity of the brine and distillate during daily operational runs. Both
maintained constant values at approximately 195 mS/cm and 20 uS/cm, respectively.

This successful outcome achieved two primary objectives: (i) the production of high-
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quality water and (ii) maximized NaCl recovery. Overall, the MED pilot plant
demonstrated robust operational stability, ensuring reliable performance and
successful attainment of its key goals.
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Figure 25: a) trend of 1" effect operating temperature and pressure in time; b) trend of
distillate and brine conductivity in time.

2.3.6 Integration and circularity assessment

The integration and circularity assessment of the pilot plant provides invaluable
insights for guiding future decisions and strategies. In this assessment, a full
integration of the units was assumed. This meant that the capacity of the five
different technologies perfectly match each other, eliminating discharge issues
experienced in real pilot units due to practical constraints within the project. Figure
26 presents a detailed mass balance of the fully integrated system through a Sankey
diagram. This visual representation vividly showcases the efficient recovery of
valuable resources within the integrated system. Notably, the Sankey diagram
illustrates a closed-loop system wherein chemicals like NaOH and HCI can be
recirculated within the system (in MF-PFR) for the precipitation of Mg(OH), and
Ca(OH).. Additionally, the saline effluent from the EDBM can be looped back into
the system (to the MED), potentially reducing the net freshwater requirement of the

process to zero. Figure 26 serves as compelling evidence of substantial waste
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reduction compared to linear desalination systems. In the fully integrated system,
waste streams are minimized, and various materials are efficiently recycled and
repurposed, as depicted by the loops and connections in the diagram. This
comprehensive integration approach not only enhances resource recovery but also
aligns with principles of sustainability and circularity in the context of desalination

processes.

Water
1024.1
NF permeate
1724 8
Seawater Naci
zua 1 I- 227
2526.0

Demi water

492 3

NF concentrate 1282.2
799.1

MF-PFR MF-PFR nutlet

1282 0

NaOH (1 M solution)
2936

8.0
HCl (1 M solution)
14

Figure 26: Mass balance [kg/h] of a fully integrated system. The recovered chemicals,
NaOH and HCI, are recirculated in the system (MF-PFR). Saline effluent from the EDBM
can be recycled back to the system (MED).

Table 14 provides a concise summary of the integration and circularity assessment
results. The analysis highlighted an impressive 92.7% reduction in total brine,
marking a substantial improvement compared to conventional linear desalination
methods. This achievement signified an important step towards environmental
enhancement, showcasing the effective recovery of resources from seawater brine.

In terms of resource efficiency (RE), the results demonstrated a remarkably high
recovery of all valuable materials that would typically be discharged in linear
systems. A particular remark for the recovery of water, which indicates the system’s

advantage in terms of water availability when compared to linear systems. This
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emphasized the potential for more sustainable resource management, as the pilot
plant system excelled in efficiently recovering valuable materials and minimizing
waste compared to traditional linear processes.

The circularity assessment revealed a Circular Economy Indicator (CCI) of 100%,
indicating that all chemicals, such as HCl and NaOH, essential for the process, were
internally produced from seawater brine. This not only supported internal production
needs but also allowed for surplus production that can be marketed. This result is a
noteworthy advancement in (i) reducing dependence on external sources and (ii)
securing the supply chain for critical materials like magnesium.

Despite the system high energy requirements posing a challenge, potential
opportunities exist for risk mitigation. Integrating the power station with the
desalination plant could enhance the water-energy nexus, potentially reducing
energy consumption and costs. Moreover, harnessing the energy gain from utilizing
waste heat to meet thermal energy requirements could significantly enhance the
system overall energy self-sufficiency. These considerations underscore the potential

for further optimization and sustainable development in the pilot plant system.

Table 14: Circularity assessment results.
Indicator Percentage
Total brine reduction (TBR) 92.7% 1
Resource Efficiency (RE)
Water 79.7% 1
Mg(OH). 90-100% 1
Ca(OH): 50-80% 1
NaCl >95% 1
HCI 90-95% 1
NaOH 90-95% 1
Circular Chemical Inflow (CCl) 100% 1
Energy Self-Sufficiency (ESS) 85.4% 1

Overall, the impact of the results is evident in the practical advancements achieved,
from substantial waste reduction to the establishment of a ZLD system and the
potential for marketable salt and chemical production from integrated desalination

and brine treatment plants. These findings not only contribute to the scientific
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understanding of integrated desalination systems but also pave the way for

transformative changes in environmental sustainability.

Regarding the environmental aspect, the proposed system significantly reduces the
environmental impact on the marine ecosystem compared to conventional
desalination due to the brine discharge elimination. Additionally, the achieved high
energy self-sufficiency holds promise as a potential solution for energy-scarce
regions, such as Lampedusa.

Therefore, this work stands as a catalyst for progressive change, providing a

foundation for future discussions and actions in resource management.

2.4 Conclusions

In the framework of sustainable minerals production, recent attention within the
scientific community has been directed towards the proposition of MLD/ZLD
schemes for treating seawater/brine. These schemes aim to address both the
depletion of land mining resources and the adverse environmental impacts associated
with seawater desalination processes. However, many of the proposed schemes
remain at the conceptual or laboratory scale. This work breaks new ground by
presenting the results of a large-scale demonstrative plant for seawater valorisation,
boasting a feed capacity of 2.46 m*/h. The plant was designed to recover various
valuable resources while harnessing waste heat from the cooling circuits of a small
island Power Plant in Lampedusa.

The seawater treatment chain encompassed five distinct technologies: (i)
Nanofiltration, (ii) Multiple Feed — Plug Flow Reactor, (iii) ElectroDialysis with
Bipolar Membranes, (iv) Multi-Effect Distillation, and (v) Evaporation Ponds.
Results demonstrated that this treatment chain can successfully recover: (i) Three
valuable resources: Mg(OH), (purity: 90-98%), Ca(OH),, and NaCl (purity > 99%);
(i1) High-quality freshwater (with recovery rates reaching up to 85% and freshwater

conductivity below 30 pS/cm); (iii) Two chemicals utilized as reactants and for
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cleaning/neutralizing purposes within the treatment chain (IM NaOH and 0.65M
HCI solutions).

Moreover, the stability of each unit during daily operational runs was assessed and
successfully achieved, confirming not only the technical feasibility of the proposed
demo plant but also the viability of MLD as a sustainable alternative for minerals
recovery.

In a concluding circularity assessment, the system demonstrated the potential to
operate in a fully circular mode, requiring zero external chemical inputs and
achieving extremely high recovery rates for water and chemicals generated in the

process. This marks a significant stride towards circular minerals recovery practices.
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SECTION 2: Magnesium recovery from
seawater/brines via a novel Multiple Feed —Plug
Flow Reactor (MF-PFR)

Drawing conclusions from the findings presented in Section 1, encompassing both
Chapter 1 and Chapter 2, the importance of Magnesium recovery for the technical
and economic viability of the proposed MLD treatment chains becomes evident. In
Chapter 1, it became apparent that the only viable pathway to offset the total
investment and operational costs of the first proposed MLD chain lay in the sale of
Mg(OH),. Meanwhile, Chapter 2 underscored the substantial quantity of chemicals
required for the Magnesium reactor (MF-PFR) in the second proposed MLD chain.

To enhance the techno-economic feasibility of the proposed MLD chains, a pivotal
focus on improving the operational performance of the core technology, namely the
MF-PFR, was deemed essential. This focal point constituted the primary emphasis

of Section 2 and is robustly supported by the contents of Publication 3 [100].

Literature review

Over the past few decades, the gradual depletion of minerals through land mining
and the concurrent rise in demand have compelled the European Union to identify
thirty "critical" raw materials (CRMs) [101,102]. Addressing the recovery of these
materials has become a central objective of the EU Green Deal [103], an action plan
focused on developing sustainable technological processes to mitigate
environmental pollution and reduce economic dependence on other nations.

Magnesium, among the CRMs, has recently emerged as a focal point in the European
economy. Notably, one of its primary compounds, Mg(OH),, finds widespread use
across various industrial sectors owing to its distinctive chemical-physical properties

[104]. Applications span the pharmaceutical field, refractories, wastewater treatment
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industry, and gas desulphurization [105—107]. Furthermore, Mg(OH), is employed
in the calcination process for magnesium oxide production [108] and has garnered
increased attention for its vital role in safety protection too [109]. Specifically, under
fire conditions, it undergoes degradation at high temperatures (around 350°C),
generating water vapor that forms a protective envelope around the flame, excluding
air and diluting flammable gases. This characteristic renders Mg(OH), an optimal,
non-toxic flame retardant in polymeric materials [110,111].

To meet the increasing global demand for Mg(OH),, recent years have witnessed a
transition from land mines to seawater as the primary source. This shift is primarily
driven by the diminishing availability of easily accessible, high-grade mineral
deposits, leaving lower-grade ore found deeper in the earth. As ore quality declines,
production costs, including water and energy expenditures, tend to rise [112].
Compounded by issues such as water scarcity and the environmental impact of
mining, the attractiveness of traditional mining methods diminishes even further
[21,113]. Consequently, seawater has emerged as an increasingly viable alternative
mineral source.

While it is not a groundbreaking revelation that seawater contains various elements
from the periodic table, with magnesium (Mg?*) being the second most abundant
cation after sodium (Na*), comprising approximately 15% of the total salt [114], its
potential as an abundant source for magnesium recovery is noteworthy [20,109,115].
Seawater exploitation for magnesium recovery is not a new concept and has been
practiced for decades [116—118]. Presently, several facilities worldwide, including
those in Ireland, Japan, Norway, and the USA, produce magnesium-based
compounds from seawater [114]. However, the relatively low concentrations and
associated high extraction costs have limited mineral production from seawater.

A potential solution to overcome these challenges and promote more sustainable
extraction techniques is the utilization of desalination brine, which contains higher
Mg?** concentrations [59,119-123]. This concept, known as "Brine Valorisation," not
only ensures the production of valuable minerals but also reduces the cost of water

produced by desalination plants and minimizes the environmental impact of brine
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discharge [4,9,124,125]. This approach, grounded in the principles of circular
economy, advocates for a more sustainable management of brine.

Moreover, extracting Mg(OH), from brines presents a win-win scenario. Beyond its
aforementioned valuable applications, this process simultaneously removes a scaling
compound that could compromise membrane-based evaporative desalination
technologies and brine concentrators within MLD/ZLD systems [126—128].
Despite the diverse sources for magnesium recovery, various methods for producing
Mg(OH), have been explored in scientific literature. These methods include the
hydration of magnesium oxide (MgO), precipitation of salt with an alkaline solution,
electrolysis of an aqueous magnesium salt solution [129], and the sol-gel technique
[130]. However, a predominant focus in the literature lies on reactive chemical
precipitation due to its simplicity, cost-effectiveness, and ease of commercialization
[10].

Numerous alkaline reagents have been utilized to promote Mg(OH), precipitation,
with ammonia being a common choice [119,131]. Mohammad et al. [119], for
instance, successfully recovered magnesium from desalination reject brine using
ammonium hydroxide, achieving >95% pure Mg(OH), products. However,
challenges remain in achieving total magnesium conversion, with 97% being the
highest recovery reported in these processes.

An alternative, safe, and cost-effective reactant is Ca(OH); or slaked lime. The Dow
Chemical Company patented a process in 1943 for magnesium recovery from
seawater through precipitation with lime due to the low cost of this reactant. Several
studies [59,122,123,132] have explored the use of Ca(OH); or slaked lime, achieving
high magnesium recoveries but often resulting in lower purities of the final product
(typically below 80%, and up to 91% with lime screening operations). These
impurities are attributed to contaminants present in the lime, such as carbonates or
calcium ions in the magnesium source, leading to co-precipitation of calcium
sulphates, calcium hydroxide, and calcium carbonate during Mg(OH) production.
In industrial settings, achieving the high purity of Mg(OH); necessary for producing

MgO pure up to 97% [133] via calcination requires the use of low-impurity raw
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stones and appropriate calcination conditions for highly pure lime solutions.
Additionally, various pre-treatments are necessary for decarbonation or the removal
of suspended particles in the magnesium source.

An innovative alternative was proposed by La Corte et al. [134] and Vassallo et al.
[135], who introduced a novel membrane crystallizer called "CrIEM." In this system,
brine came into contact with a low-cost reactant (Ca(OH),) via an anionic exchange
membrane, promoting the precipitation of high-purity Mg(OH), particles. However,
whilst promising, this technology still remains at the laboratory scale and may face
challenges in future industrial applications due to the use of expensive membranes,
leading to higher capital costs.

The potential hazards associated with ammonia and the challenges posed by low
purities using Ca(OH), have spurred extensive research into the precipitation
performance of Mg(OH), through the use of NaOH. Casas et al. [120] demonstrated
that using NaOH resulted in higher purities of Mg(OH), compared to when using
sodium carbonate (NaxCOs). Song et al. [116,117] also achieved high-purity
Mg(OH), particles from concentrated saline solutions. Utilizing a Mixed Suspension
Mixed Product Removal crystallizer, they produced spherical particles with purities
exceeding 99%, characterized by an average particle size distribution ranging from
6 to 30 um. However, a drawback was the high tendency of particle agglomeration,
forming gelatinous suspensions and making filtration challenging [136].

Turek and Gnot [137] recovered Mg(OH), as a by-product using NaOH from hard
coal mine brine. The authors noted that maintaining an excess of hydroxide ions
during crystallization resulted in slower sedimentation speed and more challenging
filtration compared to an excess of Mg*" ions. Sung-Woo and Jun-Heok [138]
proposed a multi-step reactive process for recycling magnesium chloride from
industrial brines. After adding sulfuric acid to precipitate calcium ions, NaOH was
introduced to produce Mg(OH), with a purity of 98% and a hexagonal flat platelet
structure. Additives such as carboxyl methyl cellulose and sodium stearate were
incorporated, halving sedimentation times and achieving a crystal size of 0.5 pum,

with a purity of 99.5%.
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Henrist et al. [129] explored how the use of NaOH or ammonium hydroxide
(NH4OH) influenced the size, shape, and level of agglomeration of Mg(OH); crystals
produced from artificial brines. NaOH led to cauliflower-shaped globular
agglomerates at 60°C, while ammonia resulted in more resistant platelet-shaped
particles, as also noted by Li et al. [139]. The latter study also examined the impact
of operating temperature on the characteristics of the final product, revealing that
higher temperatures led to smaller crystals that agglomerated more.

Recent work by Jarosinski et al. [ 140] introduced a novel method where the reaction
with NaOH was followed by washing with a 25% ammonia solution and acetone.
This procedure enabled the production of a product with a high specific surface area
of 100 m?%/g, exceeding the requirements for flame retardant purposes (< 10 m%/g).
Cipollina et al. [141] conducted an experimental campaign with semi-batch and
continuous reactors, demonstrating that higher concentrations of alkaline reactant
and magnesium ions led to the formation of larger particles, with purity ranging
between 98% and 100% in most experimental runs.

Summarizing the advantages and disadvantages of potential reactants for Mg(OH).
precipitation from the previous studies, it is possible to discern the following
insights: (i) ammonium hydroxide yields highly pure hexagonal Mg(OH), particles
but suffers from low Mg ion conversion and the generation of by-products, such as
ammonia, which poses safety concerns in subsequent electrolytic processes [137];
(i1) lime usage results in the production of low-purity Mg(OH), despite its cost-
effectiveness; (iii) NaOH facilitates the production of highly pure Mg(OH), with
100% conversion of Mg?* [46]. However, NaOH is expensive and leads to the
precipitation of gelatinous suspensions that are challenging to sediment and filter
[141].

In light of these challenges associated with NaOH, Chapter 3 of the present PhD
thesis seeked to explore the impact of different operating conditions and process
strategies on the Mg(OH), precipitation process using the novel MF-PFR. Developed
by ResourSEAs srl and previously introduced by Vassallo et al. [61,142] at the Brine

Excellence Centre of the University of Palermo, this is the first unstirred reactive
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crystallizer at a pilot scale (in literature) designed to produce Mg(OH), from waste
industrial brines. The MF-PFR, being a modular reactor, offers scalability
advantages over classical batch stirred reactors, addressing issues related to large-
scale reactor design as volume increases [ 143].

Initial testing of the MF-PFR by Vassallo et al. [61] focused on selectively recovering
Mg(OH), and Ca(OH), at controlled pH values from spent brines in the water
softening industry. Specifically, the MF-PFR treated the retentate of the
nanofiltration unit processing the spent brine from the industrial water production
plant of Evides Industriewater B.V. (Rotterdam). The authors conducted an extensive
experimental campaign to demonstrate the stability and robustness of the prototype
at different inlet flow rates and initial brine compositions. While the performances
were evaluated based on Mg(OH), and Ca(OH), purity, the influence of these
operating parameters on the properties of the produced slurries, such as
sedimentation rate, filtration rate, and particle size distributions, was not assessed.
Nevertheless, the results highlighted the potential for achieving high mineral
recovery rates: 100% and 97% for magnesium and calcium hydroxides, respectively,
with high product purity (> 98%) being another noteworthy achievement [60].
Overall, Chapter 3 (entirely supported by Publication 3 [100]) tends to fill in the
missing gap in literature, specifically providing valuable insights on the influence of
different operational strategies of the MF-PFR on the sedimentation rate, filtration

rate and particle size distribution of Mg(OH); crystals.
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3 “Influence of Operational Strategies for the Recovery of Magnesium
Hydroxide from Brines at a Pilot Scale”

This chapter is mainly focused on evaluating the impact of various operating
conditions on the sedimentation rate, [filtration rate, and granulometry
characteristics of the final Mg(OH), products. Experiments were conducted using
the same MF-PFR presented by Vassallo et al. [61], examining the effects of (i) initial
Mg”" brine concentration, (ii) brine/NaOH flow rate at a constant initial Mg**
concentration, and (iii) the potential for recycling a portion of the product to induce
a seeded precipitation process.

Two distinct Mg”*-containing brine scenarios were considered: (i) a brine simulating
the Mg*" concentration of a real brine exiting an NF unit treating seawater [144],
and (ii) a brine mimicking the Mg** concentration of a real brine exiting a typical
Mediterranean saltwork [145]. The two scenarios were able to cover a wide range
of feed concentrations. Additionally, different reactor configurations were
investigated. This comprehensive study aimed to provide crucial insights for the
design of industrial Mg(OH); reactors in circular economy schemes, addressing
inherent challenges and offering innovative solutions. Collected results are
particularly valuable in overcoming common issues related to sedimentation and
filterability encountered in the precipitation of Mg(OH); via NaOH solutions.

3.1  Concept of Magnesium Hydroxide recovery via a novel reactive

crystallizer

The innovative reactive crystallizer examined was the MF-PFR, as introduced by
Vassallo et al. [60,61]. Figure 27 shows: (a) an image of the developed MF-PFR pilot
plant and (b) a simplified Piping and Instrumentation Diagram (P&ID) illustrating
all the key features of the plant.

The experimental setup, as shown in Figures 27a) and 27b), comprised the MF-PFR
pilot unit housed on an aluminium structural skid, incorporating the reactor along
with its auxiliary components. Pumps P1 and P2 were used to feed the brine and
NaOH solution, respectively, to the reactor from two 200 L upstream cylindrical
tanks made of High-Density Polyethylene (HDPE), denoted as T1 and T2. Pressure,
temperature, and flow rate along the two feed lines were measured for both solutions
using pressure transducers P/S3-8 (OPTIBAR 1010C, KROHNE, and
VEGABARI14, VEGA), temperature sensors T/S2-7 (TRA-C20, KROHNE), and
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magnetic induction flow meters F/S1-6 (OPTIFLUX 4300 C, KROHNE). The
conductivity of the alkaline solution was monitored by the conductivity meter C/S5
(IND1000, MAC100, KROHNE). The brine flow rate was regulated by adjusting the
percentage of the opening section of the RV1 valve. To monitor the outlet slurry pH,
a pH-Meter (PH 8320, KROHNE) was employed, and the pH was adjusted by
varying the alkaline flow rate through a cascade control. The resulting Mg(OH)
slurry was stored in a 500 L cylindrical HDPE tank labelled T3. Another tank (T4)
was used for storing (i) the discharged cleaning solutions and (ii) the slurry produced
during the startup of the pilot plant. Overall, a LabVIEW software-based control
panel was developed to monitor and control the specified parameters of the

prototype.
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Figure 27: a) The MF-PFR prototype developed at the Brine Excellence Centre satellite
laboratory of the University of Palermo and b) simplified P&ID of the MF-PFR prototype.
Figure 27a) was adapted from Vassallo et al. [61].

As far as the MF-PFR reactor is concerned, it comprised two interconnected
volumes: one compartment received the feed (a synthetic solution mimicking the
Mg?** concentration in waste brine), while the other compartment was supplied with
an aqueous solution of NaOH. As depicted in Figure 28, the two feed streams came
into contact through a multiple inlet arrangement, designed to enhance
supersaturation homogenization across the reactor volume. Each inlet was equipped
with nozzles specifically designed to facilitate rapid mixing of the two streams
[61,142]. Both the distribution and number of nozzles are of fundamental importance

due to the fact that they can influence the main parameters that govern the fast
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reaction of Mg(OH), such as mixing and supersaturation. More specifically, the
limits of this fast reaction concern the particle size of the product. Fast reactions
generally lead to very high nucleation rates and low growth rates, thus producing
many small crystals. The growth of crystals is limited since all of the supersaturation
has been employed for nucleation. It is therefore important, via the distribution of
nozzles, to control the mixing and supersaturation to desirably achieve low
nucleation rates and high growth rates. However, it is to be noted that specific
technical details concerning the reactor equipment (e.g., reactor length, size, number
and distribution of the nozzles) are not provided in the thesis since they are currently
protected by a patent issued by ResourSEAs srl [85].

Nevertheless, it can be stated that when the reactants met in the MF-PFR,
Magnesium (Mg?") ions in the feed solution (brine) reacted with Hydroxyl (OH)
ions from the alkaline solution, leading to the precipitation of Mg(OH), as indicated
by the chemical reaction Equation 20:

This reaction results in a dense white suspension or slurry due to the colour of the
precipitated particles.

In this study, the performance of the MF-PFR was evaluated using three different
operating strategies, schematically illustrated in Figure 28. The objective was to
investigate whether distributing the brine into the alkaline solution or vice versa
could impact the final product—for example, producing nanoparticle-sized or
microparticle-sized products, generating more or less easily filterable products, and
so on. Figure 28a) represents the standard MF-PFR configuration, denoted as
configuration A, where brine is injected into the alkaline solution. Configuration B
(Figure 28b)) involves feeding NaOH into the brine solution. Finally, a third
operating configuration (configuration C) was examined, illustrated in Figure 28c).
In this case, the Mg(OH); slurry exiting the reactor was partially mixed with fresh

alkaline solution and recycled back to the reactor to induce seeded precipitation,
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promoting total conversion of Mg ions in the reactor. It is important to note that no

reaction takes place downstream of the reactor since the reaction is instantaneous.

ber PG e S ettt

| Mg(OH), +NaCl MgCl, _ | Mg(OH), +NaCl

NaOH ‘

Figure 28: Conceptual schemes of Mg(OH); precipitation within the MF-PFR made of two
adjacent compartments: A) The brine solution is injected in the NaOH solution,; B) The
NaOH solution is injected into the brine; C) the same strategy as A but the Mg(OH) slurry
is recycled and partially mixed with fresh alkaline solution.

The MF-PFR prototype was meticulously designed to precisely control the reaction
pH at which Mg(OH), precipitation takes place. Specifically, the complete
precipitation of Magnesium content in a Mg-containing brine is expected to occur
quantitatively at the theoretical reaction equilibrium pH value of approximately 10.4
[135]. When pH values fall below 10.4, magnesium ions persist in the outlet stream
due to incomplete conversion. Conversely, reaching pH values around 12.5-13.0 can
lead to co-precipitation of additional ions, depending on the composition of the feed
stream. For instance, in the presence of calcium ions, Ca(OH), particles may
precipitate. This co-precipitation poses a risk to the purity of the produced Mg(OH)s.
Therefore, the choice of the ratio between the flow rates of the feed and alkaline
reactant is critical to avoid low purities. The actual feasibility of conducting pH-

controlled Mg(OH), precipitation tests using the MF-PFR was documented in [61].
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3.2 Materials and methods

3.2.1 Overview of the experimental campaign

To investigate the impact of operating conditions on the production of Mg(OH), in

terms of particle size distribution, filterability, and sedimentation rate, an extensive

experimental campaign was carried out. Six tests were performed, and their details

are listed in Table 15. Synthetic brines containing only magnesium chloride were

utilized for all tests. Additionally, the concentration of NaOH was consistently set to

1M across all cases for comparative purposes. However, the flow rate of the NaOH

solution varied within a specified range (reported in Table 15) for each test, aiming

to achieve a final Mg(OH); slurry pH values of 10.1, 10.4, and 12.

Table 15: Main nominal operating conditions of experimental tests.

Brine Concentration NaOH Comparison
Mg?* (e NaOH Brine solution Test and
Test conc. Flow rate Flow rate Conf* purpose
mol/L mol/L [mol/L] [L/min] range
[L/min]
0.12+0.08 —
1 0.240+0.005 0.480+0.005 1.00+0.03  0.66+0.04 -
0.38+0.05
0.59+0.04 — Test 1. Initial
2 1.00+0.02 2.00+0.02 1.00+£0.03  0.66+0.04
1.10+0.03 Mg?* conc.
0.38+0.06 — Test 1. Brine
3 0.240+0.005 0.480+0.005 1.00+0.03  2.00+0.08
0.80+0.03 flow rate.
0.29+0.08 — Test 3. Reactor
4 0.240+0.005 0.480+0.005 1.00+0.03  2.00+0.08
0.78+0.03 conf.
0.24+0.08 — Test 1. Reactor
5 0.240+0.005 0.480+0.005 1.00+0.03  0.66+0.04
0.90+0.03 conf.
0.8+0.03 - Test 5. Brine
6 0.240+0.005 0.480+0.005 1.00+0.03  2.00+0.08
1.20+0.03 flow rate.

*Configuration adopted. Letters A, B and C refer to Figure 28

The last column in Table 15 denotes the reference test case considered for

comparison, with the only differing parameter between the two compared tests.

Specifically, as mentioned in Paragraph 3.2.1, one primary objective of the
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experiments was to assess the impact of the initial Mg?* concentration on the
characteristics of the final produced particles. In Test 1 and Test 2, two different
concentrations of Mg?" were tested, utilizing the same operating parameters for
comparison purposes (e.g., brine flow rate of 0.66 L/min). The two investigated Mg**
concentrations, 1 M and 0.24 M, were representative of a typical Mg?* concentration
in (i) saltwork brines (1 M), assessed with the European Horizon 2020 Project
SEArcularMINE [145], and (ii) seawater NF retentate (0.24 M), produced within the
second proposed MLD treatment chain of the present PhD thesis (WATER MINING
Project [144]). The latter concentration was essential to analyse due to the growing
interest in recent years towards Nanofiltration as a pre-treatment step for desalination
technologies and/or MLD/ZLD systems [54,146]. Flow rate values were selected in
accordance with the target prototype flow rates to be adopted in the WATER
MINING and SEArcularMINE projects.

Test 3 aimed to explore the influence of the brine flow rates, specifically 0.66 L/min
(Test 1) and 2.00 L/min (Test 3), on the resulting Mg(OH); final product at a fixed
magnesium brine concentration of 0.24 M. Test 4 provided data for comparison with
Test 3 to assess the impact of the A and B reactor configurations (see Figure 28) at a
fixed Mg?" concentration of 0.24 M and a brine flow rate of 2.00 L/min. Finally,
Tests 5 and 6 were conducted by adopting the reactor configuration C. Data from
Test 5 were compared with those of Test 1 to investigate the influence of the
recycling strategy on the Mg(OH), product characteristics, treating a 0.24 M Mg?*
solution and adopting a brine flow rate of 0.66 L/min. Furthermore, the comparison
between the results of Tests 5 and 6 aimed to determine the influence of the brine
flow rates, namely 0.66 L/min (Test 5) and 2.00 L/min (Test 6), when a recycling
strategy was adopted and 0.24 M Mg*" solutions were treated.
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3.3 Experimental procedure

3.3.1 Preparation of feed and reactant solution

The brine and alkaline solutions used in the experiments were prepared using
deionized water with a conductivity below 15 uS/cm. The alkaline solution was
prepared using technical-grade NaOH pellets (purity > 97%, Inovyn). For the brine
solution, technical-grade magnesium chloride hexahydrate (MgCl,x6H,0) pellets
(purity > 97%, Chem-Lab, Belgium) were employed. Table 15 provides details of
the brine and alkaline solutions prepared for each experimental test. The final
composition of all brine solutions was verified using ion chromatography (Metrohm
882 compact IC plus), and the final compositions of the alkaline solutions were

confirmed via titration.

3.3.2 Sampling procedure

For each experimental run, the reactor underwent a stability analysis during the
initial stage, commonly referred to as the 'start-up stage.' Throughout this phase,
known as the "start-up stage," the flow rates of the brine and NaOH solutions were
set and monitored using the interfacial panel developed in LabVIEW software.
Sampling commenced once these parameters stabilized or showed minimal variation
(within approximately 2% of the target flow rate value). As outlined in Paragraph
3.2.1, the flow rate of the alkaline solution was increased during the experimental
test to achieve the desired pH values of 10.1, 10.4, and 12.0 in the outlet Mg(OH)>
slurry.

For each alkaline solution flow rate, two 1-liter samples of the outlet stream
(Mg(OH); slurry) were collected. One sample was dedicated to sedimentation and
filtration analyses, including subsequent ion chromatographic analysis of the filtrate.
The second sample was exclusively used for granulometric analyses. It is important

to note that for Test 1 and 2, no sample at pH 10.4 was taken. This was primarily due
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to difficulties encountered in fixing the operating conditions of the reactor, caused

by the combination of low brine flow rates and the absence of a recycling strategy.
3.3.3 Analytical procedure

Figure 29 provides the conceptual scheme of the whole analytical procedure
employed for each produced Mg(OH), suspension.
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Figure 29: A conceptual scheme of the entire analytical procedure: (1.1) Analysis of
sedimentation trends in time; (1.2) Granulometric analysis via the use of a Malvern
Mastersizer 2000, (2) Analysis of filtration trends and (3) Analysis of Mg recovery via lonic
chromatography.
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After the completion of each experimental run, sedimentation analyses were
conducted for each Mg(OH); slurry with different pH values of 10.1, 10.4, and 12.0,
corresponding to the various NaOH flow rates applied in the reactor. It is important
to note that the final pH of the Mg(OH); slurry did not vary after collecting it from
the reactor outlet. This analysis aimed to evaluate the sedimentation rate of solid
Mg(OH),. Each sample was vigorously agitated to ensure complete suspension of all
solids in the sample holder. Subsequently, 100 ml of the sample was poured into a
calibrated volumetric glass cylinder (Figure 29, point 1.1). The volume of sediment
was recorded at regular time intervals, with measurements taken every 30 minutes
initially and, as sedimentation rates decreased, every 1 or 2 hours. The duration of
each analysis depended on the time required to reach a plateau in the sediment
volume over time.

Following sedimentation analyses, samples were filtered after re-suspension (Figure
29, point 2). The filtration set-up included a vacuum pump (Buchi V-100), a 125 ml
vacuum flask, an analogue glycerine-filled vacuum pressure gauge to monitor
filtration pressure, a needle valve to adjust the pressure, a Biichner funnel, and glass
microfiber filters with a diameter of 70 mm and a pore dimension of 1.6 microns
(WhatmanTM GF/A grade, GE Healthcare Life Sciences), along with rubber rings
to ensure a mechanical seal between the funnel and the flask. Filtration of 50 ml of
the sample was carried out at a fixed pressure of 0.5 bar using the needle valve, and
the time required for complete filtration was recorded. The solution flux of each
sample was then calculated (see Section 3.2.4) to assess filterability.

The filtrate was analysed via Ionic Chromatography (882 Compact IC plus,
Metrohm) to measure the Mg?" content and assess magnesium recovery for each test
(Figure 29, point 3).

The second remaining sample was dedicated to granulometric analyses to evaluate
the size distribution of produced Mg(OH), agglomerates/aggregates (Figure 29,
point 1.2). The static light scattering Malvern Mastersizer 2000 equipped with the
Malvern Hydro 2000 MU for sample dispersion was employed for these analyses.
For each experiment, poly(acrylic acid, sodium salt) droplets (PAA, MW 1200,
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Sigma-Aldrich, Inc.) were added as a dispersant, and the stirring velocity was set to
2000 rpm. Granulometric analyses included the addition of Mg(OH), sample to the
water-filled beaker, sonication for up to 5 minutes, and the measurement of at least
5 particle size distributions (PSDs) to assess the assemblage state and fracture
strength of Mg(OH), particles. The use of a dispersant and sonication was necessary
due to the high flocculation tendency of Mg(OH), suspensions. Indeed, if they were
not broken down, only agglomerates made of the actual Mg(OH), particles would be

measured [147].
3.3.4 Definition of performance parameters

To assess the behaviour and properties of the final produced Mg(OH); slurry in each

experiment, the following parameters were taken into account:

o Sedimentation trend: the profile of the normalized volume fraction of
sedimented Mg(OH). slurry over time with respect to the total initial volume;
e  Cake permeability coefficient: The permeability of the solution across a specific

filter cake area normalized with respect to the filter area itself, defined as:

Vsol *
trite *Afitcer*Priit.

Hperm - 6cake (21)

where 6,4, is the permeability coefficient [W]’ Vso1 1S the volume of solution

permeated across the filter cake [L], tf;;. is the time of complete filtration [min],
Agiieer is the area of the filter [m?], Py, is the operating pressure during filtration

[bar] and 8.4 is the thickness of cake formed during filtration [m] calculated as:

Vsot*MmgoH
Scake = 2 T (22)
Pcake*Afiiter
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where my g om, is the magma density of Mg(OH). slurry [g/L] and p.q. (assumed

to be equal to the water density) is the density of the cake formed during filtration

[o/m®];

e Magnesium recovery (Y) that accounts for the amount of Mg?* ions recovered
from the brine due to the precipitation. It is computed as the ratio between the
difference of Mg?* moles in the feed and those in the filtrate with respect to
the magnesium moles in the feed [%];

e  Magma density of Mg(OH)- slurry calculated as the ratio of the mass of
Mg(OH): solid present in the slurry over the volume of produced slurry [g/L];

e Particle Size Distributions (PSDs) without and with a treatment of the samples

by sonication.

Additionally, to understand the impact of fluid dynamics on Mg(OH), particles, the
Reynolds number within (i) the nozzle and (ii) a section of the bulk mixing zone
immediately after a nozzle were calculated for all investigated cases using the

following equations:

_ Pwater*(QNozzle)*(Dnozzle)
Renozzle - o .n2 (23)
P—water*z*(Dnozzle)

_ Pwater* (Qj + QNozzle) *(Dpix)

Repyi = (24)

n
Uwater*Z*SMIx

where Repzz1e and Repy, are the Reynolds number within the nozzle and the
section of the bulk mixing zone, Q; is the flow rate of the host solution receiving the
injected one [M%s], Qnozze 1S the flow rate within the nozzle [m3/s], Dy, is the
characteristic diameter of the mixing zone [m], Sy;x IS the cross section of the
mixing zone [m?] and D,,,,,. is the diameter of the nozzle [m]. For the sake of
simplicity, the density pyqter [kg/m®] and dynamic viscosity u,qter [Pa*s] of water
(997 kg/m3and 0.0082 Pas, respectively, at 20 °C) were considered rather than those
of the suspensions. Reynolds number within the nozzle and within the bulk mixing

zone of the MF-PFR for all experimental tests are listed in Table 16.
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Table 16: Nominal flow rates and values of Reynolds number in nozzle and in the bulk for
experimental tests.

Test  Slurry pH  Qorine [L/Min]  Qnaow [L/Min] Re,ozzte Repuk
10.1 0.12 210
1 0.66 880
12 0.38 330
10.1 0.59 420
2 0.66 880
12 1.10 660
10.1 0.38 640
3 104 2.00 0.60 2650 740
12 0.80 830
10.1 0.29 390 990
4 104 2.00 0.50 660 1040
12 0.78 1040 1100
10.1 0.24
5 104 0.66 0.44 880 18610
12 0.90
10.1 0.80
6 104 2.00 0.90 2650 18920
12 1.20

3.4 Results and discussion

3.4.1 Effect of Mg?* brine concentration (Configuration A)

In the initial phase, Mg(OH), suspensions generated in operating configuration A
(refer to Figure 28) with varying initial concentrations of Mg?* were examined. This
comparison involved analysing the results of Test 1 and Test 2 (refer to Table 15). In
Configuration A, brine was directed through distributed nozzles towards NaOH
solutions flowing in the adjacent compartment. The solutions mixed as the brine was
injected into the NaOH solution. As detailed in Paragraph 3.3.2, no samples were
taken at pH 10.4 during Test 1 and Test 2 due to challenges encountered in stabilizing
the reactor operating conditions, more specifically the reaction pH. It is important to
anticipate that such challenges always occurred when the recycling strategy

(configuration C) was not adopted. This was mainly due to the fact that recycling
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part of the outlet stream allowed to improve the mixing of the solutions and
homogenize the pH within the reactor.

Reynolds numbers were calculated for both tests within the bulk of the mixing zone
Repqy i and inside the nozzle Re,, 510 (S€€ Table 16). The tests shared the same brine
flow rate, resulting in identical Re,,,,,;. values. However, Rey,,;; varied due to the
higher NaOH flow rate (refer to Table 17) employed in the case of a 1M
concentration. The higher NaOH flow rate was required to ensure a stoichiometric
mole flow of Mg? and OH" ions.

Figure 30a) provides the sedimentation trend of normalized volume of Mg(OH).
slurry over time (V(t)/Viniia) for Test 1 and Test 2 at two different pH values: 10.1
and 12.
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Figure 30: Mg(OH) results at pH values 10.1 and 12 for initial Mg concentrations of
0.24M (Test 1) and IM (Test 2): a) sedimentation trend over time; b) Cake permeability
coefficients, c) V-PSDs (effect of pH), d) V-PSDs (comparison between Tests 1 and 2 at pH
=12).
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It is clear from the observations that Mg(OH), suspensions generated from a lower
Mg** feed concentration (Test 1, depicted by red lines and symbols in Figure 30a))
exhibited quicker sedimentation compared to those at higher concentrations (Test 2,
represented by black lines and symbols in Figure 30a)). This outcome was due to the
lower slurry magma density in Test 1 than in Test 2 (refer to Table 17). An additional
contributing factor was the higher supersaturation achieved with a greater Mg*"
concentration. Specifically, heightened supersaturation leads to the formation of
smaller particles that aggregate, entrapping more mother liquor and resulting in the
production of more iso-dense particles. Consequently, this leads to slower
sedimentation rates at 1M [137].

To assess the filterability of the product, the cake permeability coefficient (Equation
21) was calculated and compared between Test 1 and Test 2, as shown in Figure 30b).
Notably, the initial difference in Mg** concentration did not significantly impact the
cake permeability of the product. Lower Mg?* concentrations showed slightly lower
permeabilities due to the lower magma density of the filtered suspension.
Additionally, a decrease in permeability was observed with an increase in slurry pH
from 10.1 to 12. As expected, at pH 10.1, Mg?* ions were only partially converted to
Mg(OH),. However, the extent of conversion was found to be dependent on the
initial Mg?* concentration, with magnesium recovery in Test 1 at 46.9% and 93.3%,
and in Test 2 at 88.1% and 98.7% (at pH 10.1 and 12, respectively).

Figure 30c) presents the volume particle size distributions (V-PSDs) of Mg(OH),
particles for Test 1 at different pH values (10.1 and 12) before and after sonication.
Interestingly, slurry pH had no discernible influence on the V-PSDs, leading to the
decision to compare V-PSDs of different tests at the same slurry pH (12) throughout
the study. Figure 30d) shows the V-PSDs of Mg(OH), particles for Test 1 and Test 2
at pH 12 before and after sonication. Similar V-PSDs were obtained without
sonication, with particle sizes ranging between 1-100 pm and 1-500 pm for Test 1
and 2, respectively. Significantly divergent V-PSDs emerged after sonication,
revealing larger agglomerates (1-20 pm) for the high concentration (Test 2)

compared to smaller aggregates/agglomerates observed for Test 1, predominantly in
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the range of 0.08-1 um. This disparity arose due to the lower concentration of the
feed brine in Test 1, resulting in a more uniform distribution of local supersaturation.
Indeed, the Mg(OH), precipitation process proceeded at a slower rate in Test 1,
fostering the formation of weaker agglomerates of nanosized aggregates that can be
easily disintegrated. In contrast, stronger agglomerates of nanosized aggregates
formed in Test 2, requiring higher energy for breakdown, as discussed by Battaglia

etal. [147].

Table 17: Re,,,,1., Magma density and Magnesium recovery for Tests 1 and 2.

Qbri Onaor Magma Mg?*

Slurry pH e a Re,,z1e density recovery
[L/min]  [L/min] [g/L] (%]
10.1 0.12 5.56 46.9
! 12 0.66 0.38 880 9.65 93.3
10.1 0.59 27.1 88.1
2 12 0.66 1.10 880 21.6 98.7

3.4.2 Effect of brine flow rate (Configuration A)

Utilizing the same operating configuration A outlined in Section 3.4.1 (Figure 28a)),
the impact of the brine flow rate in the distribution section on the final product was
explored. With a constant Mg** concentration of 0.24M, two distinct brine flow rates
were investigated: 0.66 L/min and 2 L/min (Test 1 and Test 3, detailed in Table 15).
These values resulted in different Re,,,,,;. values within the nozzle, as outlined in
Table 18. As detailed in Paragraph 3.3.2, no sample was taken at pH 10.4 during Test
1 due to challenges encountered in stabilizing the reactor operating conditions.
Figure 31a) depicts the sedimentation trends for Test 1 and Test 3 at two different pH
values: 10.1 and 12.
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Figure 31: Mg(OH); results at pH values 10.1 and 12.0 for brine flow rates equal to 0.66
L/min (Test 1) and 2 L/min (Test 3).: a) sedimentation trend over time; b) Cake permeability
coefficients); c) V-PSDs.

As observed, the brine flow rate had minimal influence on the sedimentation of the
suspensions, with very similar trends noted. This similarity could be attributed to the
Mg(OH), suspensions being nearly identical, characterized by similar magma
densities and nearly equal particle size distributions. Once again, suspensions at
higher pH values exhibited slower sedimentation compared to those at lower pH.

Regarding the filterability of the final product, comparable cake permeability
coefficients were obtained at different operating brine flow rates. Similar to
Paragraph 3.4.1, a decrease in permeability coefficient was observed with an increase
in slurry pH. Notably, when comparing Test 1 with Test 3, the increased mixing in
Test 3 had a noticeable effect only at the lowest pH of 10.1, resulting in slower
settling but higher permeability (highlighting the opposite trend of these two

parameters). Additionally, a higher magnesium recovery of 58.6% was achieved in
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Test 3 compared to 46.9% in Test 1 at pH 10.1. However, negligible differences in
all analysed parameters were observed during Test 1 and Test 3 at pH 12 (refer to
Table 18).

Figure 31c) presents the Volume Particle Size Distribution (V-PSD), both before and
after sonication, of the Mg(OH), particles obtained for Tests 2 and 3 at a slurry pH
of 12, as no significant differences in PSDs were observed at different pH values.
Before sonication, varying brine flow rates did not lead to different initial V-PSDs,
as they referred to Mg(OH), agglomerates. Post-sonication, V-PSDs were centred
around the order of magnitude of nanometres. Notably, lower brine flow rates in Test
1, resulting in lower Repur values and a lower mixing degree in the reactor, led to a
mixture of aggregates and agglomerates of particles characterized by diameters
spanning from nanometres to micrometres. Conversely, in the higher mixing
condition of Test 3, almost no micrometre-sized agglomerates were observed.
Consequently, it can be concluded that operating at higher flow rates allows
achieving a tighter, unimodal final Volume Particle Size Distribution of the product,

centred more towards the order of magnitude of nanometres.

Table 18: Re,y 010, Magma density and Magnesium recovery for Tests I and 3.

SlurrypH  Qbrine Qnaor Re 't\j/lea;gsrirt];1 re'g/cl)?/jry
[L/min]  [L/min] nozzle [o/L] %]

T w0 w
R S R S N v

3.4.3 Effect of the hydrodynamic asset (Configurations A vs. B)

The MF-PFR was originally designed with the brine entering a distribution section
and being injected into the alkaline solution in the adjacent section (configuration A
as shown in Figure 28). To comprehensively explore the capabilities of the MF-PFR,
tests were conducted to observe the effects on the final products when switching the

positions of the brine and NaOH feeds (configuration B, as reported in Figure 28b)).
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This arrangement involved injecting the alkaline reactant into the brine solution. A
comparison of the produced Mg(OH), suspensions was then performed, contrasting
Test 3 and Test 4 (refer to Table 15). As depicted in Figures 32a) and 32b), switching
the feed streams resulted in a corresponding change in sedimentation and filtration

trends.
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Figure 32: Mg(OH); results at pH values 10.1, 10.4 and 12, brine flow rate equal to 2
L/min and initial Mg>* concentration of 0.24 M for Configuration A (Test 3) and
Configuration B (Test 4): a) sedimentation trend over time; b) cake permeability

coefficients, c) V-PSDs.

This distinction was evident, particularly at the lowest pH value of 10.1, where the
slower settling of Test 4 corresponded to a smaller cake permeability compared to
Test 3. While at pH 10.4, the behaviour was relatively similar to that observed at pH
10.1, Test 4 outperformed Test 3 at pH 12 in both settling rate and cake permeability.

This observation could be elucidated by examining the Reynolds numbers for both
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bulk (refer to Table 16) and nozzle (refer to Table 19). The Repy for Test 4
consistently exceeded that of Test 3, but it was only at pH 12 that the Re,, 5 for
Test 4 became of the same order of magnitude as that of Test 3. The lower
Re, 02210 for Test 4, attributed to less powerful jets injected into the host solution via
the nozzles, resulted in poorer control of the final Volume Particle Size Distribution
(V-PSD) for Configuration B (Test 4), as depicted in Figure 32¢). This outcome could
be attributed to an inhomogeneous supersaturation in the bulk, leading to the
production of a more varied mixture of particle sizes. In fact, a narrower peak was

achieved when applying ultrasound to the sample produced in Test 3.

Table 19: Re,,,,1., Magma density and Magnesium recovery for Tests 3 and 4.

Magma Mg?*
Slurry Qorine QnaoH .
) ] Re, 07716 density recovery
pH [L/min]  [L/min]
[o/L] [%0]
10.1 0.38 6.89 58.6
3 10.4 2.00 0.60 2650 8.31 77.2
12 0.80 9.55 95.5
10.1 0.29 390 6.30 51.6
4 10.4 2.00 0.50 660 7.91 70.7
12 0.78 1040 9.42 93.6

3.4.4 Effect of Mg(OH); suspension recirculation (Configuration C)

Configuration C (depicted in Figure 28c)) was also subjected to testing. This
configuration involved partially mixing the Mg(OH); slurry exiting the reactor with
fresh alkaline solution and then redirecting it back to the inlet of the MF-PFR. As
previously mentioned in Paragraph 3.3.2, no sample was taken during Test 1 at pH
10.4 due to challenges in stabilizing the reactor operating conditions. The recycling
strategy significantly increased Repu (refer to Table 16). Substantial differences

were observed with this new configuration, as it can be seen in Figure 33.
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Figure 33: Mg(OH); results at pH values 10.1 and 12.0, brine flow rate equal to 0.66 L/min
and initial Mg>* concentration of 0.24 M for Configuration A (Test 1) and Configuration C
(Test 5): a) sedimentation trend over time, b) Cake permeability coefficients, c¢) V-PSDs.

Mg(OH), suspensions, produced using the recycling strategy (Test 5), exhibited
significantly faster sedimentation compared to cases where no recycling was
employed (Test 1). Notably, for Test 5, there was no apparent pH influence on the
sedimentation process of Mg(OH). suspensions, in contrast to the trends observed in
Paragraphs 3.4.1, 3.4.2, and 3.4.3. However, the impact of pH on cake permeability
was evident, with the permeability at pH 12 being less than half that at pH 10.5 in
Test 5, whereas this difference was barely appreciable for Test 1. Comparing the
permeability of Test 5 with that of Test 1 revealed an increase of almost one order of
magnitude when adopting the recirculation strategy, a noteworthy improvement for
both sedimentation and filtration behaviours in industrial applications.

Moreover, as depicted in Figure 33c), the Volume Particle Size Distributions (V-

PSDs) of Test 5 showed slight changes after ultrasound treatment, consistently
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exhibiting a peak between 1-10 micrometres. This peak could be correlated with
stronger agglomerates induced by the recycling strategy, confirming the faster
sedimentation and filtration illustrated in Figures 33a) and 33b). Another notable
advantage of the recycling strategy over Configuration A was evident: the ability to
achieve 100% recovery at pH 12 (Test 5), surpassing the 93.3% recovery obtained
with Test 1 (refer to Table 20).

Table 20: Re,,,,1., magma density and magnesium recovery for Tests 1 and 5.

Magma Mg?*
Qbrine QNaOH .
Slurry pH . ) Re,pizie density recovery
[L/min]  [L/min]
[9/L] (%]
101 0.12 5.56 46.9
! 12 066 0.38 880 9.79 93.3
101 0.24 6.75 65.8
S 12 066 0.90 880 5.54 100

3.4.5 Effect of brine flow rate (Configuration C)

Utilizing the same recycling strategy outlined in Section 3.4.4, where the Mg(OH):
slurry produced is partially mixed with fresh alkaline solution and returned to the
reactor, the impact of brine flow rate on the final product was assessed. Increasing
the brine flow rate reaffirmed the previous observation, where the slower settling
recorded in Test 6 corresponded to a larger permeability (refer to Figure 34). Once
again, higher pH values were associated with lower permeability for both Test 5 and
Test 6.

As mentioned earlier, the recycling strategy allowed for the control of the size
distribution of the final product, yielding a Volume Particle Size Distribution (V-
PSD) centred at 4-5 micrometres. Additionally, as reported in Table 21, the adoption
of the recycling strategy had a significant influence on magnesium recovery at pH
values of 10.4. Notably, a 100% recovery was achieved compared to the highest

value of 77% obtained in Test 3 at the same pH value. This improvement was
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attributed to the use of the recycle of the outlet stream and its mixing with fresh

NaOH solution in the recycle stream.
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Figure 34: Mg(OH); results at pH values 10.1, 10.4 and 12.0 for brine flow rates equal to
0.66 L/min (Test 5) and 2 L/min (Test 6): a) sedimentation trend over time; b) Cake
filtration permeability coefficients; c) V-PSDs.

Table 21: Re,,,,1., Magma density and Magnesium recovery for Tests 5 and 6.

Qbri Onaor Magma Mg?*

Slurry pH roe - : R— density recovery
[L/min]  [L/min] [9/L] [%)]
10.1 0.24 6.75 65.7
5 104 0.66 0.44 880 7.60 100
12 0.90 5.54 100
10.1 0.80 8.52 85.2
6 104 2.00 0.90 2650 9.65 100
12 1.20 8.75 100
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3.5 Conclusions

The precipitation process of Mg(OH),, from synthetic solutions was investigated
using a novel MF-PFR crystallizer designed for pilot-scale Mg(OH), production.
Various reactor parameters were explored to understand the impact of (i) initial Mg?*
concentrations, simulating those found in waste Mg-rich solutions from saltworks
bitterns (Mg?>" 1.0 M) and desalination waste brines (Mg*" 0.24 M); (ii) different
reactant flow rates; and (iii) the implementation of a product recycling strategy

(seeded crystallization). The main corresponding outcomes were:

(i) Higher initial Mg** concentration (1.0 M) in the feed brine resulted in the
production of larger and more robust agglomerates of Mg(OH), particles compared
to lower initial concentrations (0.24 M). Specifically, after applying ultrasounds and
introducing a dispersant agent, micro-sized Mg(OH), agglomerates/aggregates were
observed in the case of 1.0 M Mg*" solutions, while nano-sized and micro-sized

particles were detected for the 0.24 M case;

(i1) No significant influences were observed on sedimentation trends, filtration times,
and granulometry of the final product when employing different reactant flow rates,
irrespective of the reactor configurations. However, Mg(OH) suspensions produced
with over-stoichiometric NaOH amounts, resulting in a final suspension pH of 12,
exhibited lower sedimentation rates and cake permeability coefficient values in most

cases;

(ii1) A pivotal aspect was the adoption of a product recycling strategy favouring a
seeded crystallization process. Specifically: (a) Mg(OH), suspensions sedimented up
to 4 times faster than those produced without product recycling; (b) the cake
permeability coefficient increased, reaching values up to one order of magnitude

higher than those of suspensions produced without product recycling.

In summary, the recycling strategy (iii) emerges as a critical parameter with

considerable importance in addressing filterability and sedimentation challenges in
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large-scale Mg(OH), suspensions production, especially those precipitated using

NaOH solutions.
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SECTION 3: Nanofiltration, a pre-treatment
step to enhance magnesium purity and recovery

Building on the insights gained in the previous section, an operational strategy for
the MF-PFR was identified, in order to enhance the properties of Mg(OH), recovered
from Mg-containing brines in terms of sedimentation rates, filterability, and particle
size. However, to further improve the revenue of Mg(OH), produced within MLD
schemes for seawater/brine treatment, two additional aspects had to be taken into full
account: purity and recovery. These properties are significantly influenced by the
characteristics of the MF-PFR feed solution. Therefore, Section 3 was devoted to
investigating the potential of NF as a pre-treatment step to enhance both the purity
and recovery of Mg(OH), obtained through the MF-PFR. This investigation involved
the synthesis of novel NF membranes, experimental exploration of alternative
commercial NF membranes, and a detailed techno-economic analysis, entirely
supported by Publication 4 [148], Publication 5 [149] and Publication 6 [150],

respectively.

Literature review

In recent years, the pursuit for a sustainable and seemingly endless supply of raw
minerals and metals has become a critical challenge [151]. With the global
population expected to increase [152], the demand for raw materials is expected to
double by 2060, resulting in a 70% surge in waste production by 2050 [86]. Relying
solely on land-based mining is no longer a viable option. Land mining encounters
significant obstacles: (i) the gradual depletion of high-grade mineral reserves [100],
(ii) escalating water and energy requirements for extracting minerals from low-grade
ores and (iii) the diminished purity of the final products recovered from
hydrometallurgical facilities [153]. These issues contribute to amplified costs and
environmental concerns [10]. In addition, certain raw materials have been classified
as “critical” (CRMSs) and/or “strategic” by the European Union (EU) [101], playing

a crucial role in the socio-economic structure of Europe [91]. To tackle these
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challenges, strategic initiatives (i.e., Green Deal action plan [103]) have been
introduced. These initiatives aim to embrace a circular economy approach,
recovering CRMs from sustainable unconventional sources, primarily from wastes.
Moreover, to foster collaboration among various stakeholders in this context, key
European networks have been established, such as the European Innovation
Partnership (EIP) on Raw Materials and the EIT Raw Materials Platform of the
European Institute of Innovation and Technology (EIT). Furthermore, there are over
26 different EU projects focused on data analysis and the management of raw
materials flow [154]. Among the several initiatives, aimed at recovering CRMs from
secondary sources, seawater mining has emerged as an appealing option [20]. This
is due to the comprehensive presence of elements in the ocean [151], spanning a
majority of the periodic table [21]. The abundance of certain elements (Na* > Mg?*
> Ca?*, K* (for cations) and CI- > SO4> > HCO; > Br~ (for anions) [155]), makes
their extraction economically possible. For instance, the extraction of NaCl from
seawater has been practiced since ancient times due to its abundance [156].
However, certain elements, named as “trace elements”, hold higher economic value
but are present in such low concentrations in seawater (below 1 mg/L) that their
retrieval is currently not economically feasible. Figure 35 illustrates the range of
elements recoverable from seawater, providing their average concentrations (in
mg/L) alongside their corresponding market values (in €/kg). It is worth mentioning
that the economic feasibility threshold for seawater mining has exhibited slight
discrepancies in various studies documented in the literature. For example, whilst
Loganathan et al. [20] supported the feasibility of Indium recovery, Shahmansouri
et al. [114] excluded such element from the viable extraction region. Alongside the
major components, certain ‘trace elements' such as Strontium (Sr), Boron (B),
Lithium (Li), and Rubidium (Rb) present potential for extraction from seawater. In
summary, to render mineral extraction from seawater viable, a first an important
issue that has to be necessarily addressed is the concentration of such minerals,

accompanied also by the issue of selective separation in order to potentially recover
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high purity products in downstream technologies (i.e., downstream crystallization

steps).
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Figure 35: Economic feasibility of mineral recovery via seawater mining based on specific
price [€/Kg] vs. concentration [mg/L] of elements present in seawater. Adapted from

Sharkh et al. [151].

For this reason, numerous studies have redirected their focus towards valorising
brine derived from seawater desalination (i.e. Seawater Reverse Osmosis brine
(SWRO brine)). This is attributed to its concentration being nearly twice as high as
that of seawater [4] and the advantage of pumping costs being covered by the water
production stage. Bearing in mind just the EU, more than 7.3 million m*® of SWRO
brine are produced every day, considering that 65% of the EU’s desalination plants
deal with seawater and assuming that all these plants are based on RO technology
[157]. In other words, this means that around 2665 million m® of SWRO brine are
potentially available each year in the EU, demonstrating to be an appealing abundant
source for resource recovery. Moreover, the valorisation of brine is considered more

attracting due to the concurrent mitigation of (i) the high costs associated with brine
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management [9] and (ii) the environmental impact resulting from brine discharge
[125].

These appealing advantages have positioned brine valorisation as a promising
alternative source for minerals recovery, aligning with the principles of circular
economy [124]. In recent years, within this context, the scientific community has
introduced several resource recovery schemes focusing on valorising seawater and
brines. These schemes adopt either an MLD or ZLD approach, with the aim of
maximizing mineral recovery whilst minimizing the volume of waste discharged into
the environment [9]. ZLD and MLD approaches incorporate various processes,
including membrane-based technologies, thermal-based methods, and crystallization
processes, in a carefully orchestrated manner. However, a significant challenge
arises when the employed technologies yield a relatively low quantity of recovered
minerals, accompanied by low purity. These limitations can result in insufficient
revenues, failing to offset the substantial capital and operating costs associated with
MLD/ZLD schemes, rendering them economically unfeasible [148].

To address this issue, a selective pre-treatment step is deemed essential [57]. In
recent literature, numerous resource recovery schemes in literature have integrated a
pre-treatment step employing NF [158]. NF has gained prominence as a pivotal
technology for brine valorisation within the scientific community [148]. This
pressure-driven membrane process exhibits higher selectivity compared to RO [159].
NF membranes present a pore-size ranging from 0.5 nm to 2 nm [160], and through
the combined effects of steric exclusion, Donnan exclusion and dielectric exclusion,
they demonstrate high selectively towards multivalent ions [49]. The process
efficiently provides two separate streams from a single solution: (i) a permeate
stream rich in monovalent ions (i.e., Na*, K*, CI) and (ii) a retentate stream rich in
multivalent ions (i.e., Mg?*, Ca?*, SO4%) [160]. Attractive features of NF including
low operating pressure, low energy consumption and high separation selectivity
[161], have positioned it as a preferred pre-treatment step in most MLD/ZLD
schemes. Numerous recent projects, focused on the development of innovative

MLD/ZLD schemes for seawater/SWRO brine valorisation, have indeed integrated
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NF as a crucial pre-treatment step. For example, the EU-funded project, Sea4Value
[162], included NF as a pre-treatment step in a treatment chain. This process
generated: (i) a multivalent ions-rich stream which underwent advanced membrane
crystallization to recover magnesium hydroxide and water, and (ii) a stream rich in
monovalent ions, from which water was extracted via an advanced MED unit.
Downstream technologies employing selective membranes and adsorption modules
facilitated the recovery of specific trace elements. Another EU-funded project, Water
Mining [144], proposed to employ NF to pre-treat directly seawater in Lampedusa,
Italy. Here, the NF retentate underwent (i) reactive crystallization for the recovery
of magnesium and calcium hydroxides and (ii) EDBM for chemical production.
Freshwater and NaCl were recovered from the NF permeate through MED and solar
ponds, respectively. Besides EU funded projects, major corporation companies in
the Middle East have invested recently in the development of a large pilot plant to
valorise seawater using NF as a pre-treatment step. For example, Al-Amoudi et al.
[163] report the development of a large-scale valorisation plant in Ummlujj, Saudi
Arabia. This plant featured an NF unit (feed capacity of 16 m3/h) for the separation
of monovalent and multivalent ions, producing two concentration steps: (i) the first
comprising RO, HPRO and 2 stage OARO meanwhile the other step consisted of
OARO fed by the NF retentate. Ultimately, freshwater was recovered alongside two
concentrated streams: (i) a monovalent-rich stream with a salinity of 130 g/L and (ii)
a multivalent-rich stream with a salinity of 83 g/L. Overall, such large projects
demonstrate the importance of using NF in current resource recovery schemes.
However, it is important the membrane performances of the NF plants treating
seawater and SWRO brine.

Table 22 provides a comprehensive compilation of all the existing experimental
studies on the performance of NF membranes in concentrating seawater or
desalination brine within an MLD/ZLD context. However, a notable pattern in Table
22 is the focus on a limited set of NF membranes (i.e., NF90, NF270, and DL) in

previous studies.
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In summary, it is evident from the literature that all works based on NF in ZLD/MLD

schemes have directly considered commercial polymeric membranes.
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Table 22: List of experimental works in literature concerning nanofiltration application for seawater/SWRQO brine treatment.
Feed solution Rejection Performances [%]

. “Feasible” Trace i
Author  Ref.  NF membranes SWRO Major Elements Elements Ezgﬁglirpigz';al

Seawater bri
rme I'Na* K' Mg* Ca? ClI Br HCOs so42'| B Li* Rb' Sr2+|

Hilal et o NF90 v - 315 327 629 621 375 = = 66.5 = = =

al. (1641, Np270 v - 97 128 527 353 127 - - 865 - - - P =9 bar
Liu et P =14 bar
ol [165] o DL - v 40 80 930 600 120 - 350 1000 - - - - (was varied
) up to 32 bar)
P =7 bar
Ali  [166] e NF-2012-250 - v 457 - 984 907 541 - 452 514 - - - - (maximum
pressure)
Bindels 1,y o NF270 - v 160 - 840 600 180 - ; 980 - - - - (Sv;zv%ﬁifj
- v - - - - - - -
etal. o NE4040 15.0 960 850 18.0 100.0 ub 1o 35 bar)
S"glg e [168]  ESNA3 v - - - 133 444 - - - 998 - - - - P = 15 bar
Al- P =19.3 bar
Amoudi  [43] e PRO-XS2 v - 180 - 935 714 274 - - 994 - - - - fg’fg\%ﬁ;te:
etal. 85.00%)
Turek e NF270 4 - - - 65.7 500 130 - - 84.0 - - - -
otal 1691 o NF200 v - - - 589 502 243 - - 660 - - - - P =14 bar
: e SR2 KOCH v - . - 810 657 237 - . 950 - - - -
e NF90 4 - 5 - 99.6 995 - - - 99.6 - - - - _
suetal [i7g * NF2TO y - - - 85 120 - - - 990 - - - - (':V;sl\:; f’lzg
: o NF200 - - - 880 560 - . ; 990 - ; - " | L1035 ban)
e DL v - - - 690 530 - - - 97.0 - - - - P
Reig et P =12 bar
alg [171] e NF270 - v 9.0 40 620 440 90 - - 79.0 - - - 47.0 (was varied
) up to 20 bar)
Fiqueira o NF270 - v 960 485 754 534 154 - 444 986 384 546 106 - P =14 bar
egtal [172] e Fortlife X-CN - v 140 197 912 802 243 - 390 974 890 6.02 227 - (was varied
: o PRO-XS2 - v 124 670 891 654 177 - 453 984 000 106 664 -  upto30ban)
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Furthermore, these experimental studies predominantly focused on reporting the
rejection capacity of a limited number of major components found in seawater or
SWRO brine, creating a substantial gap in understanding the recovery of valuable
trace elements. Moreover, the majority of these studies have relied on the commonly
used NF270 commercial membrane. Only a few investigations have explored
alternative commercial membranes, focusing on ion rejections for various

components found in seawater and brine under distinct operational conditions.

Commercial polymeric NF membranes, owing to their fabrication material, typically
possess a neutral or negative surface charge when employed in seawater treatment
or similar applications [173-175]. It is only in highly acidic environments,
specifically at a pH below 4, that they exhibit a positive surface charge. It has been
reported in literature that a negative surface charge is not ideal for certain
applications requiring high multivalent cationic selectivity, such as salt recovery
from textile effluents and heavy metal recovery from industrial wastewater [173].
This is also pertinent to the recovery of high-value minerals from seawater and

brines.

As mentioned earlier, NF is frequently utilized as a pre-treatment step in ZLD/MLD
systems, providing concentrated feed streams for its downstream technologies [44].
However, employing positively charged NF membranes could potentially yield an
NF retentate stream rich in magnesium and calcium, offering several advantages.
These include (i) achieving higher purity products when the retentate undergoes a
downstream crystallization process and (ii) reducing the need for purification

technologies, thus reducing the capital and operating costs of ZLD/MLD systems.

Over the past decade, various attempts have been made and proposed in literature to
synthesize positively charged NF membranes. Table 23 provides an overview of

selectivity and permeation performances of these novel membranes.
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Table 23: Selectivities and water permeabilities of novel positively charged thin film NF
membranes in literature.

Ref. Substrate/ Permeability Feed Operating Rejection [%]
Active layer [L m2ht Concentration  Pressure
bar?] [bar]

MgCIz CaCIz NaCl NBQSO4

[176]  PES/PEI + )
A 306  500mgL? 8 %5 - 80 75
[l PAWPEI* 167 2000mgL? 5 3 - 60 -
[178]  PSF/PDA 1390  00LlmolL? 6 65 70 25 30
[179] PAN/
catechol + 292 2000mgL? 5 85 - 48 55
PEI
[180] PSF/ .
ool e 1200 1000mgL! 5 90 92 50 15
(8l PESIPEI* 520  2000mgL?t 4 97 98 49 69
ezl PVOFP* 870 1000mgL® 35 99 98 - 9
[183]  PES/PEI + .
> rE 1700  1000mgL® 5 95 - 40 55
[184] PSF/DMC 750  1000mgL? 5 92 - 62 22
[185] PAN/HACC 106  1000mgL® 5 95 95 28 60
[186] PEKC/
PAMAM + 10.00 1000 mg L 5 96 - 73 58
T™MC
[187] PSF/ .
orodga 100 1000mgLt 6 %8 - 78 66
[188] PSF/
Chitossn+ 350  1000mgL’ 5 93 8 30 25
MOF

Acronyms of the materials employed for the novel NF membranes are reported in the
Nomenclature section

It is important to highlight that none of the newly synthesized positively charged NF
membranes found in the literature (listed in Table 23) have been (i) specifically

designed and applied for mineral recovery from seawater/brine and (ii) characterized
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by sufficiently high multi-cationic selectivity, often exhibiting significant membrane
rejection for sodium chloride or sulphate-based salts.

All in all, in the broader context of NF being employed for high-value resource
particularly magnesium recovery from seawater/desalination brines, several gaps
still exist in the current literature. Firstly, the “novel synthesized positively charged”
NF membranes proposed in literature, which could potentially enhance the overall
performance of MLD/ZLD schemes have never been tested for seawater/brine
valorisation. Additionally, these membranes lack sufficient high magnesium
selectivity compared to other ions present in seawater. Secondly, a gap exists
regarding commercial NF membranes. More specifically, in the context of
seawater/brine valorisation, most experimental works in literature are confined to the
study of a limited number of commercial NF membranes (i.e., NF270, NF90 and
DL), providing little information on the global rejection performance of such
membranes. Therefore, this gap is compounded by (i) the limited information on
various other new commercially available NF membranes (developed to enhance
multivalent/monovalent selectivity) and (ii) the absence of data on the rejection of
trace elements in seawater and SWRO brines. Finally, a third significant gap in
literature concerns the absence of studies devoted to thoroughly investigating NF
technology operation in order to maximize the potential revenue from extracting

magnesium from seawater and brines.

To address all these gaps, Section 3 of this PhD thesis aims to contribute to the
literature by introducing (i) novel synthesized NF membranes with high magnesium
selectivity, (ii) alternative highly selective commercial NF membranes for
seawater/brine valorisation and (iii) results of a detailed techno-economic analysis
devoted to increasing the revenue from magnesium recovery in seawater/brines.

Specifically:

Chapter 4 (supported entirely by Publication 4 [148]) introduces a novel positively-

charged NF membrane, purposely synthesized to selectively extract magnesium
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from seawater and waste brines in an MLD/ZLD context. The synthesized membrane
was fully characterized, optimized and tested with single salt solutions. The
performances of the optimized NF membrane were then compared with those of

commercial NF membranes in the context of seawater/brine valorisation.

Chapter 5 (supported entirely by Publication 5 [149]) examines the performance of
five distinct commercial NF membranes (NF90, NFS, NFX, VNF1 and DK) in the
recovery of both major and minor components, four of which have never been tested
before for seawater/desalination brine valorisation. The membranes were tested in a
closed-loop configuration to identify their optimal operating pressure, and their
performances were compared in terms of permeability and multi-cationic selectivity.
Experimental data were fitted with the Solution-Electro-Diffusion-Film (SEDF)

mathematical model to determine the membrane ion permeances.

Chapter 6 (supported entirely by Publication 6 [150]) focuses more precisely on the
performances of 2 of the 5 previous membranes (NFX and VNF1). Such membranes
were fully characterized and underwent experimental testing in an open loop
configuration. Experimental data was fitted with the SEDF model to predict further

membrane parameters, needed for a thorough techno-economic analysis.

Carmelo Morgante 124



Section 3

4 “Metal-Organic-Framework-based nanofiltration membranes for
selective multi-cationic recovery from seawater and brines”

In this chapter, a novel positively charged NF membrane was intentionally
synthesized for the selective recovery of magnesium from seawater and waste brines
within an MLD/ZLD context. The innovative membrane consisted of: (i) a highly
permeable polysulfone ultrafiltration substrate and (ii) an active layer incorporating
a positively charged metal-organic-framework (MOF) and a highly hydrophilic
metal-oxide nanofiller within a chitosan matrix. One specific MOF, namely NH,-
MIL-101(Al), a member of the MIL-101 family known for its high specific surface
area and microporosity was used in the current study [189]. NH.-MIL-101(Al) was
selected due to its high charged metal centre with cationic functional groups (amino
groups), ensuring a consistently high positive surface charge across a broad pH
range- an advantage not shared by other MOFs introduced in previous NF
membrane fabrication [188,190-192]. Chitosan played a crucial role as a binder
between the active layer and substrate. Its selection was motivated by its attributes
as a low-cost, biodegradable and anti-microbial material [193]. Additionally, a
nanofiller was incorporated to enhance the separation performance of the new
membrane. Dense (non-porous) nanofillers, such as TiO,, amorphous SiO, silver,
and carbon quantum dots (CQDs), have been recently proposed in literature to
improve the permeability-selectivity trade-off of polymeric NF and RO membranes
[194-196] and provide antifouling properties /197,198]. However, ZnO was chosen
for this study due to (i) its positive charge in aqueous solutions within a wide pH
range, and (ii) hydrophilic properties [199,200]. These characteristics provide the
potential to increase Mg’" rejection without compromising the membrane
permeability. Moreover, ZnO nanoparticles are cost-effective compared to other
nanofillers and exhibit low toxicity, making them suitable as active components in
food packaging [201,202] new NF membrane was optimized varying the loading of
ZnO/NH>-MIL-101(Al) within the active layer. Lab-scale filtration tests were
conducted using both single salt solutions and synthetic seawater and brine. Results
highlighted superior selectivity towards magnesium and calcium when compared to
the commercial and lab-made NF membranes documented in literature.

4.1 Experimental

4.1.1 Materials

2-Aminoterephthalic acid (Sigma-Aldrich, purity = 99%), AlICls-6H20 (Alfa Aesar,
98%), and dimethylformamide (DMF, VWR chemicals, HPLC grade, > 99.9%) were
utilized in synthesizing the MOF nanocrystals. Acetone and methanol (HPLC grade,
>99.9%), used for MOF washing, were provided by VWR Chemicals. NaOH pellets

were sourced from VWR Chemicals. Chitosan (Aldrich, medium molecular weight),
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ZnO nanopowder (Sigma Aldrich Merck, particle size < 100 nm), and acetic acid
(Fisher Chemical, > 99.7%) were employed in fabricating the selective active layer
of the NF membranes. NaCl (Chemsolute, 99%), Na.SO4 (Sigma Aldrich, > 99.0%),
MgCl2-6H20 (PanReac AppliChem, pharma grade), and CaCl:'2H.O (VWR
chemicals, pharma grade) were used to assess the salt rejection of the NF membranes
introduced in this study. Deionized water (resistivity > 18 MQ) was used consistently
throughout MOF syntheses, membrane fabrication, and the preparation of salt
solutions for all filtration tests. Additionally, two commercial NF membranes
(models: NF90 and NF270) were procured from Dupont for filtration tests and

comparative analysis.

4.1.2 MOF synthesis

NH>-MIL-101(Al) synthesis was conducted using the solvothermal method [203]. In
this procedure, 0.51 g of AICl;-6H20 and 0.56 g of 2-aminoterephthalic acid were
physically mixed in 30 mL of DMF and stirred for 30 minutes. The resulting solution
was transferred to a Teflon-lined autoclave and subjected to 72 hours of heating at
130°C in a static oven (Memmert UF 30). After cooling to room temperature, the
yellow powder obtained was vacuum-filtered and subjected to three washes with
acetone. To eliminate residual organic species trapped within the pores, the
remaining powder underwent an activation process, involving refluxing the MOF in
boiling methanol overnight. Subsequently, the MOF was dried in a static oven for 16

hours at 200°C.

4.1.3 Membrane fabrication

A polysulfone (PSF) ultrafiltration membrane, featuring a molecular weight cut-off
of 25,000 Da and obtained from Alfa Laval (model: DSS-GR60PP), served as the
substrate for the innovative NF membranes. Prior to coating, the substrate underwent
pre-treatment by immersing it in a 1M NaOH solution for 1 hour. This step aimed to
(i) activate the substrate surface, facilitating bonding between the substrate and the

active layer, and (ii) remove glycerine from the pores of the commercial UF
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membrane. Subsequently, the pre-treated substrate underwent three rinses with

deionized water.

Once the substrate pre-treatment concluded, the NF membranes were fabricated by
solvent-casting the coating solution onto the substrate using a spiral bar-coater
(procured from TQC) with a thickness of 50 um. The dispersions for the coating of
the membrane active layers were prepared as follows: chitosan was dissolved (20%
wt) in a 2%wt aqueous acetic acid solution. ZnO nanopowder and the MOF were
then gradually added to the chitosan solution under stirring conditions. Active layers
with different compositions, as detailed in Table 24, were prepared to subsequently
investigate the influence of ZnO and MOF loadings on the membranes' structure,

selectivity, and permeability.

The active layer dispersions were stirred magnetically for 24 hours to ensure a
homogeneous coating. Subsequently, they underwent a 30-minute treatment in an
ultrasonic bath to eliminate any gas that may affect the coating procedure. Finally,
the coated membranes were dried in a static oven at 80°C for 2 hours, completing

the solvent evaporation process and consolidating the active layer.

Table 24: Composition of the membranes fabricated and tested in this study.

Weight composition (w/w)

Name
ZnO[%]  NH.-MIL-101(Al) [%]  Chitosan [%]
CMZ-0 0 80 20
CMZ-20 20 60 20
CMZ-35 35 45 20
CMZ-60 60 20 20
CMZ-80 80 0 20
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4.1.4 Membrane Characterization

X-ray diffraction (XRD) analyses were conducted to verify the crystallographic
structure of both the MOF and ZnO using an Empyrean diffractometer (Malvern
Panalytical) equipped with monochromator Cu Ka radiation (1.5406 A). The X'Pert
HighScore Plus software (Malvern Panalytical) and associated references were
employed for analysing the diffractograms of crystal phases (ZnO hexagonal and
cubic, ZnS hexagonal, and MIL-53), with the exception of the MIL-101 phase peaks,

which were determined by referencing relevant literature [203].

The size distribution and {-potential of nanopowder and coating dispersions were
examined through dynamic light scattering (DLS) using a Zetasizer Nano ZS
(Malvern Instruments). Particle size measurements were performed on MOF and
ZnO dispersions at a concentration of 0.1 mg L. For (-potential measurements,
coating dispersions were diluted 1:250 in deionized water, and the pH was adjusted
using NaOH or HCI. Zeta-potential was measured within the pH range of 3-12, and
each sample at a specific pH value was analysed three times, with the final average

value considered.

Attenuated Total Reflectance - Fourier-transform infrared (ATR-FTIR) spectroscopy
analyses (Bruker Tensor II) were conducted to confirm the presence of characteristic
moieties of Chitosan, ZnO, and the MOF (NH,-MIL-101(Al)) in the active layer of
the NF membrane. Each ATR-FTIR spectrum comprised 30 scans at a resolution of

4 cm’!, covering a wavenumber range from 4000 to 350 cm™.

The morphologies of the MOF powder and coated membranes were analysed
through Field Emission Scanning Electron Microscopy (FE-SEM) (Zeiss 1540XB).
Gold was sprayed on the sample surface prior to the analysis, and images were taken
at a magnification of 180,000. EDX spectroscopy accompanied the FE-SEM to
identify the active layer by determining the concentration of relevant elements (C,
S, O, Zn, Al).
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To investigate the impact of ZnO on the surface hydrophilicity of the NF membrane,
contact angle measurements were performed using a contact angle meter (Biolin
Scientific - Attension Theta Lite). Membrane samples were air-dried before analysis,
and the measurements involved a sessile drop of deionized water with a diameter of
5 mm. The contact angle camera presented the following parameters: Exposure =
1400, Gain = 1110, Gamma = 2793. Three different readings were taken per sample,
and for each reading, 40 images were captured per second for 30 seconds. The

average value of the measurements was considered for each membrane sample.

4.1.5 Filtration tests

The separation performance of the NF membranes was assessed based on salt
rejection and permeability. Experimental tests were conducted at 5 bar and room
temperature, utilizing a crossflow experimental setup depicted schematically in

Figure 36.

Pressure transmitters Active layer

Cross-flow

Needle valve _pump
/ |\\

Programme to
monitor flux

: NF
Permeate Feed line
iz Retentate line
f pH/conductivity
Scales meter

Figure 36: Conceptual scheme and main components of the flat sheet nanofiltration
experimental set-up used in this study.
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A 3 L solution was sent by a dosing pump (Wanner Hydracell dosing pump, model
GO03) to a flat sheet stainless steel NF module (Sterlitech). The flow rate of the feed
solution entering the module was measured using a flow meter (Siemens, Sitrans F
M Magflo MAG5000). The permeation active area of the NF module was 33.4 cm?.
In the tests, the NF retentate circulated through a crossflow rotary lobe pump (Hilge,
Grundos, model Novalobe 10). A portion was recycled back to the NF module, while
the remaining retentate was returned to the feed solution. The transmembrane
pressure was monitored with two pressure transmitters (Danfoss, model MBS 4010)
positioned on the feed pipeline and the retentate pipeline. The operating pressure was
tuned using a needle valve on the retentate pipeline. The NF permeate, on the other
hand, was collected in a beaker on an analytical scale (Kern, PCB). A simple
algorithm was implemented in Matlab to record and compute the NF transmembrane
permeability (Equation 25) on the basis of the permeate mass collected over a

specific period, as monitored by the scale.

v o, DY,

= = = * 3600 * 107> (25)
Asxtx(AP—AIl)  (AP—AIT)  p, L*R*T

Where @ is the permeability of the NF membrane [L m2hbar?], V is the volume
of NF permeate [L], A is the membrane active area [m?], t is the operation time [h],
AP is the relative transmembrane pressure during the experiment [bar] and AT is the
difference of osmotic pressure between the feed solution and the permeate [bar]. J,
represents the transmembrane flux [L m=h]. It is worth mentioning that the same
permeability, as reported by Geise et al. [204], can also be expressed in terms of the
effective concentration-averaged water diffusion coefficient D,, [m? s], the mass
concentration of water sorbed in the membrane at the upstream face ¢, [kg m™],
the molar volume of water V,, [m® mol?], the density of water p,, [kg m3], the
membrane thickness L [m], the gas constant R [m® Pa K* mol?] and the absolute

temperature T [K].
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Before each filtration test, the membrane under investigation underwent
pressurization at 5 bar with deionized water for 1 hour. This ensured a stabilized
water flux during experimental tests and removed potential traces of glycerine in the

substrate that could compromise the conductivity of the NF permeate.

The selectivity of each NF membrane was examined by testing four different single
salt solutions at a concentration of 1000 mg L': NaCl, Na,SO4, MgCl,, and CaCl..
The conductivity and pH of both the feed and permeate solutions were monitored
using a pH/conductivity meter (Mettler Toledo, SevenCompactDuo). Salt rejection

was evaluated using the formula:
Cp
R(%)=(1- c * 100 (26)

where R(%) is single salt rejection, Cs and C, are the conductivity of the feed solution
and permeate solution [mS cm™], respectively. It is important noting that this
equation was exclusively employed for pure single salt solutions due to the linear
relationship between concentration and conductivity. For ion rejection calculations
with synthetic seawater and brine feed solutions, Equation 27 was expressed in terms

of ion concentration rather than conductivity.

Additionally, it is noteworthy that the volume of permeate solution collected was
fixed at 50 mL, which was negligible compared to the initial feed solution volume
of 3 L. This substantial volume difference ensured that the retentate solution
recycling strategy did not concentrate the feed solution during filtration tests. All
experiments were conducted at least twice, and average values of salt rejection and
permeability were reported in Paragraph 4.2.5. Following the filtration tests with
single salt solutions, the most effective NF membrane was chosen and tested with
synthetic solutions of seawater and RO desalination brine, with the major ion

compositions provided in Table 25.
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Table 25: Major ions concentration of synthetic seawater and RO desalination brine.

Concentration [mg L]

lon
Seawater RO Desalination Brine*
Na* 12500 22727
Mg?* 1450 2636
Ca? 450 818
CI 22100 40182
SO4* 3410 6200

*A desalination plant with a typical permeate recovery of 45% was taken into consideration
for the composition of the desalination brine.

Experimental tests were conducted at 30 bar (typical pressure of industrial scale NF
plants) with synthetic solutions. Samples of feed and permeate were collected and
analysed employing lonic Chromatography. lon selectivity of the novel NF
membrane was determined via Equation 27:

Sions = (1 — 2lenz) 27)

ionz Rion1

Where IS is the ion selectivity between the rejections R of two ions ions and ion,.
When the rejections of two ions present the same value, IS is equal to 0 (no
selectivity). Meanwhile, IS is equal to 1 when the two rejections assume values of
100% and 0% respectively. The IS of the newly synthesized NF membrane was
compared to that of two widely used commercial NF membranes (NF90, NF270)

tested at the same operating conditions (same feed solution and 30 bar).

4.2 Results and Discussion

4.2.1 Characterization of the membrane materials

4.2.1.1 MOF and ZnO nanoparticles

The structure and composition of the initial nanomaterials, specifically the MOF,

were examined through XRD analysis. The diffractogram depicted in Figure 37a)
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displays characteristic reflections of the MIL-101 phase, with prominent peaks at 20
values of 8.6°, 9.3°, 15.1°, and 18.2°, consistent with previous findings [205]. The
broad peaks align with approximately 15 nm large crystallites [206]. Additionally,
peaks at 12.3°, 17.5°, and 25.1° suggest the presence of the MIL-53 phase as an
impurity. Notably, no discernible peaks corresponding to the reagents used in the
MOF synthesis were detected, indicating their complete conversion into MOF
nanoparticles. In contrast, ZnO nanopowder, acquired rather than synthesized like
the MOF, exhibited well-defined peaks in its diffractogram, indicative of a highly
ordered crystalline structure (Figure 37b)). The analysis revealed that more than 97
wt% of this ZnO nanopowder consisted of the wurtzite (hexagonal phase), with
minor impurities identified as cubic ZnO and cubic ZnS phases. For the deposition
of thin film filtration layers necessary in thin film NF membranes, the dispersibility
of nanoparticles in a solvent, typically water, is a crucial aspect. As illustrated in
Figure 37c), the water dispersion of ZnO nanopowder exhibited a narrow size
distribution, with an average hydrodynamic diameter below 90 nm, aligning with
product specifications (i.e., particle size < 100 nm). Therefore, DLS analysis
indicates that ZnO nanoparticles could be readily dispersed in water without the need
for chemical additives, consistent with the high hydrophilicity and surface charge of
this material [207,208]. Similarly, the MOF powder also formed a stable dispersion
in water, but the particle size ranged between 300 and 450 nm (Figure 37c)),
indicating aggregation of the MOF into colloids with sizes much larger than

individual crystallites.
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Figure 37: a) XRD analysis of NH>-MIL-101(Al); b) XRD analysis of ZnO; c) Size
distributions of NH>-MIL-101(Al) and ZnO nanoparticles dispersed in demineralized water
as measured by DLS analysis.

The homogeneity of the MOF powder was affirmed by the SEM micrograph in
Figure 38a). The inset high magnification image revealed that the material comprised
small crystallites aggregated into secondary particles, reaching dimensions of a few
hundred nanometres. The morphology closely resembled that documented for NH»-
MIL-101(Al) in existing literature [209]. Furthermore, a specific surface area of 501
m? g' was derived from the nitrogen adsorption/desorption isotherms at low
temperature (77 K) in Figure 38b). This value aligned with previous literature reports
[188], providing additional evidence of the successful synthesis of the MOF.
Notably, the analysis indicated a highly microporous product, evident from the
substantial nitrogen uptake at low relative pressures. This significant microporosity
was a crucial attribute that influenced the selection of the MOF as the primary
component for the separation layer in this study. It was indeed necessary to achieve
a thin film NF membrane with a delicate balance between high ion selectivity and

water permeability.
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Figure 38: NH>-MIL-101(Al) powder: a) low-magnification and high-magnification (in the
insert) SEM micrographs, and b) nitrogen adsorption/desorption isotherms (77 K).

4.2.1.2 CMZ nanoparticles

Figure 39 enables to compare the ATR-FTIR spectra among the individual
membrane components (chitosan, MOF, and ZnO) and the CMZ-35 nanocomposite,
utilized as the active layer in the membrane. The primary objective of this
comparison was to assess whether the structural characteristics of the individual

components were retained upon their integration into the active layer of the

membrane.
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Figure 39: FTIR analysis of chitosan, NH>-MIL 101(Al), ZnO, and CMZ-35 nanocomposite.

The ATR-FTIR spectrum of commercial chitosan displayed characteristic peaks,
including stretching modes of -OH and -NH, groups within the polysaccharide
structure (3000-3500 cm ™), C—H stretching (2870 cm™), and distinct signals at 1724,
1447, and 1000 cm™, corresponding to O-C-OH, -CH,, and —-C—-O—C— groups,
respectively. The spectrum of NH»-MIL-101(Al) aligned well with previous reports
in the literature [205,210,211], thus confirming the successful synthesis of the MOF
in this study. Notable peaks included one at 3640 cm™ for AI-OH groups, and two
distinctive peaks in the 3385-3495 cm™ range associated with symmetrical and
asymmetrical -NH, stretching. Peaks at 1565 and 1340 cm™* indicated the presence
of N-H and C-N moieties, respectively. The ATR-FTIR spectrum of ZnO
nanopowder revealed two prominent peaks: one at a high frequency (3500 cm™)
attributed to the vibration bands of hydroxides and adsorbed water molecules, and
another at a low frequency (600 cm™) indicative of the Zn-O scaffold [212]. Lastly,
the ATR-FTIR spectrum of the CMZ-35 nanocomposite, employed in crafting the
most efficient NF membrane in this study (as detailed in Paragraph 4.2.3), exhibited
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four main signals: (i) a broad band within 3000-3600 cm™ corresponding to
hydroxyls and -NH, groups on chitosan and MOF, and physiosorbed water
molecules, (ii) an absorption band at 600 cm™ associated with the presence of ZnO,
(iii) a peak at 1639 cm™! distinctive for the vibration of N-H groups, and (iv) a final
peak at 1708 cm™ for O-C-O groups. Notably, the positions of the latter two peaks,
originating from chitosan and NH,-MIL-101(Al), respectively, exhibited slight shifts
in the composite compared to those in the pristine materials. This suggests a robust

interaction between the components of the membrane active layer.
4.2.2 Characterization of nanocomposite membranes

Figure 40 depicts SEM micrographs of the surfaces and cross-sections of the original

PSF substrate and the CMZ-35 membranes after coating.

-

. Active layer . -

»

Figure 40: SEM images of the surfaces (a,b) and the cross-sections (c,d) of the membrane
support and active layer (CMZ-35). The orange arrow indicates the support layer
thickness, the white arrow indicates the active layer thickness.
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The commercial PSF substrate exhibited a smooth surface in Figure 40a), with the
exception of a few valleys likely resulting from the fabrication process. Upon closer
inspection at the same level of magnification, the surface of the CMZ-35 membrane
in Figure 40b) showed a polycrystalline and rough texture, evenly distributed with
some exceptions attributed to the aggregation of nanoparticles during the active layer
deposition. This observation indicated the successful deposition of the selective
active layer onto the PSF substrate during the coating stage. The cross-section
morphology of both the support and CMZ-35 membrane was analysed and
compared. In Figure 40c), the PSF substrate displayed an asymmetrical structure
with a thin and relatively dense skin at the top and a macroporous finger-like
sublayer. The overall thickness of the substrate measured 38349 pm. Concerning the
cross-section of CMZ-35 (Figure 40d)), a thin, dense active layer was visible on top
of the PSF substrate, with an average thickness of 29+4 um. Such value was higher
than that of current commercial NF membranes that can present an active layer
thickness of up to 20 nm (i.e. for the NF270 membrane [213]). Nevertheless, this
was not a main issue since the main objective of the CMZ membranes was to enhance
the multi-valent ion selectivity in nanofiltration.

Aiming to verify that the identified top dense thin layer in Figure 40d) corresponds
to the CMZ-35 active layer, Energy-Dispersive X-ray (EDX) spectroscopy was
employed. EDX analyses were performed considering only the cross-section of the
NF membrane. The concentrations of key elements (C, S, O, Al, and Zn) constituting
both (i) the substrate polymer (PSF) and (ii) the selective active layer were
determined. Figure 41 indicates that the characteristic elements of CMZ materials,
namely Al and Zn, were detected at high concentrations in the top layer, thereby
confirming its identity as the selective active layer.

The higher concentration of oxygen (O) in the active layer was attributed to the
presence of ZnO, -OH groups, and C-O bonds of chitosan, as well as the O atoms in
the NH>-MIL101(Al) framework. Conversely, sulphur (S) and carbon (C) were
distinctly located in the region corresponding to the membrane support, consistent

with their characteristic presence in the PSF polymer forming the substrate.
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Additionally, the characteristic elements of MOF (Al) and ZnO (Zn) were uniformly
distributed in the active layer, indicating effective dispersion of nanoparticles within
the chitosan matrix. Notably, the concentration of these elements was negligible
outside the micrograph area corresponding to the active layer, signifying minimal
infiltration of the CMZ material into the membrane support.

As for the macroscopic homogeneity of the active layer, no EDX analyses were
performed on the surface of the NF membrane. The main reason for this was that
such analysis could not have provided sufficient information concerning the
homogeneous distribution of the active layer concerning the whole membrane area
employed for filtration tests.

Concerning the porosimetry of the active layer, this was assessed by N, absorption
porosimetry performed on the unsupported composite membrane materials. With the
addition of chitosan, the specific surface area decreased to 42 m? g' for CMZ-0 and
dropped to values below 5 m? g! for all other membrane materials (CMZ-20, CMZ-
35, CMZ-60, and CMZ-80). This reduction in accessible porosity is indicative of the

complete embedding of nanoparticles within the continuous chitosan matrix.

Support Active layer

Figure 41: EDX analysis of the CMZ-35 membrane.
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The hydrophilicity of NF membranes is a crucial property, as demonstrated in
literature where hydrophilic membranes have been shown to resist fouling
effectively [214]. Hydrophilic surfaces can establish strong hydrogen bonds or
electrostatic attractions with water molecules, creating a water boundary layer that
repels potential foulants. Given the primary objective of this study to synthesize a
highly selective NF membrane for recovering magnesium and calcium from
seawater and waste brines containing organic matter, the evaluation of membrane

hydrophilicity is particularly important.

To assess the impact of ZnO loading on membrane hydrophilicity, water contact
angle measurements were conducted for each membrane. In Figure 42a), the water
contact angles were measured at a fixed time interval of 30 seconds after the water
drop contacted the membrane surface. It is noteworthy that the water contact angle
measurements remained relatively stable during the analysis time. As it can be seen
in Figure 42a), the presence of an active layer (without ZnO) reduced the water
contact angle of the PSF substrate from 48.9°+3 (PSF) to 37.8°+2 (CMZ-0),
indicating increased hydrophilicity. This change can be attributed to the amino and
hydroxyl groups on the membrane active layer and the higher surface roughness.
Additionally, the gradual increase in ZnO within the active layer further reduced the
water contact angle from 37.8°+2 (CMZ-0) to 14.1°+1 (CMZ-60). This reduction
was primarily attributed to the high polarity and abundance of hydroxyl groups in
the ZnO nanocrystals [215]. Therefore, it was inferred that ZnO played a significant
role in enhancing surface hydrophilicity, potentially providing anti-fouling
properties to the membrane. However, at higher ZnO loading, two phenomena were
observed: (i) the effect of ZnO on increasing surface hydrophilicity became less
dominant, consistent with previous reports [207,216]; (ii) high ZnO loading without
the presence of MOF (CMZ-80) led to the formation of a very defective and unstable
active layer, resulting in a membrane behaviour similar to that of an ultrafiltration
membrane. This instability was also reflected in its selective performance (see

Paragraph 4.2.3).
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Figure 42: a) Water contact angle analysis of UF membrane (PSF) and NF membranes of
this work; b) { potential of the membrane materials CMZ-0, CMZ-20, CMZ-35, CMZ-60,
CMZ-80 as a function of the pH.

Additionally, ZnO is recognized not only for its hydrophilic properties but also for
its highly positive electric charge in aqueous solutions due to the acid-base
characteristics of the surface groups, resulting in an isoelectric point higher than pH
9.0 [215]. This property is crucial to tailor in the synthesized NF membrane to
achieve high selectivity towards Mg?* and Ca®" ions. However, CMZ membranes are
ternary systems comprising chitosan, NH-functionalized MOF, and ZnO
nanoparticles. Consequently, the surface charge of CMZ depends on the type and
density of functionalities available on the nanocomposite surface. To investigate the
effect of composition on the electric surface charge of CMZ membranes, {-potential

was measured across a wide pH range (from 3.0 to 12.0).

As shown in Figure 42b), the NF membrane without ZnO (CMZ-0) exhibited a very
high {-potential value of +43 mV at pH = 3.0 and only became negatively charged
at pH values exceeding 9. The high positive surface charge of CMZ-0 can be
attributed to the protonated amino groups in the MOF. However, with the increase in
ZnO loading from 0 (CMZ-0) to 35% (CMZ-35), there was a noticeable
augmentation in the electric surface charge of the membrane at any fixed pH value,
indicating a robust interaction between CMZ components. Yet, when ZnO surpassed

the MOF as the primary component, the rise in ZnO was accompanied by a decrease
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in {-potential at a fixed pH value. This is because the MOF provides a high density
of amino groups, contributing to a substantial surface charge and aiding in the
dispersion of nanocomposite nanoparticles. As ZnO nanoparticles became the
predominant component relative to the MOF, the CMZ nanocomposites exhibited an
isoelectric point close to that expected for ZnO nanoparticles embedded in chitosan
(pKa = 6.5) [216,217]. It is noteworthy that the {-potential of the newly synthesized
membranes consistently maintained a positive value within the pH range of 5 to 8§,
aligning with the relevant pH interval for the tests in this study and real-life
applications. Specifically, the {-potential of CMZ-35 ranged from +44 mV at pH =
5.0 to +11 mV at pH = 8.0. Moreover, CMZ-35 displayed a neutral surface charge
only in highly alkaline environments (pH = 10), unlike commercial NF membranes,

which are typically neutral or negatively charged even at pH =7 [173].

4.2.3 Filtration of single salt solutions

The filtration performance of four distinct NF membranes, each characterized by
varying ZnO loadings, was examined at 5 bar using four different single salt
solutions: NaCl (1000 mg L"), Na>SO4 (1000 mg L), MgCl, (1000 mg L"), and
CaCl; (1000 mg L™"). The outcomes, including salt rejection and permeability, are
presented in Figure 43, with a maximum standard deviation of 5% for salt rejection

and 4% for permeability.
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Figure 43: a) Salt rejections and b) permeabilities of the tested NF membranes for single
salt solution feed at 1000 mg L™ and at 5 bar:

In Figure 43a), the salt rejection pattern of the investigated membranes (CMZ-0, 20,
35) was the same, following the order: : Rygc1,> React,™ Rnact™ Rnayso,- This
trend can be attributed to the interplay of two factors: (i) steric exclusion and (ii)
Donnan exclusion.

(i) Regarding the steric effect, Mg?" and Ca’" have larger hydrated and
Stokes radii compared to Na*, hindering their transport across the membrane more
significantly.

(i1) As for the Donnan effect, the NF membranes of this study possess a
positive surface charge, and since Mg?" and Ca?* exhibit higher charge density than
Na“, multivalent cations experience greater rejection. Counterions, especially those
with high charge density like SO4*, permeate more due to stronger electrostatic
attraction, explaining therefore the lowest salt rejection for Na,SOs across all
membranes.

Additionally, Figure 43a) reveals that increasing ZnO loading enhances salt rejection
for all salts, peaking with CMZ-35 (Ryg¢1,= 90.1%, Reqc, = 86.49%, Ryacr =
32.29%, Ryq,s0, = 18.28%). This improvement is attributed to two effects resulting
from higher ZnO concentration: (i) an increase in membrane positive surface charge

(as depicted in Figure 42b)) and (ii) nanopowder aggregation, densifying the active
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layer and reducing membrane pore size (specific area decreased from 42 m?/g in
CMZ-0 to 4 m*/g in CMZ-35).

However, from CMZ-35 to CMZ-80, a decline in salt rejection performance is
observed, allegedly due to excessive ZnO concentrations. High concentrations lead
to nanoaggregate formation [216], causing a decrease in {-potential (as discussed in
Paragraph 4.2.2) and compromising the homogeneity and mechanical integrity of the
active layer film. This, confirmed by SEM analysis (Figure 44), results in fractures

in the thin film membrane active layer, ultimately reducing its rejection capabilities.

Fractures due to

Figure 44: Post-mortem SEM image of the active layer of CMZ-60. Microfractures (circled)
are present due to the aggregation of ZnO nanoparticles.

It is noteworthy that both the reduction in {-potential and the presence of fractures
are likely contributors to the altered salt rejection sequence observed in CMZ-60 (i.e.
React, > Rugcet, > Rnact > Rna,so,), Where the electric expulsion effect would have
less influence than in previous cases. Moreover, due to the high defect density in the
active layer, as discussed in Paragraph 4.2.2, CMZ-80 exhibited a behaviour similar
to an ultrafiltration membrane, demonstrating low rejection values for all salts.

In Figure 43b), the trend of membrane permeability for the four ZnO loadings is
presented. It is to be noted that the reported permeability in Figure 43b) is different

than the permeability with pure water. As a matter of fact, unlike the water
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permeability, it takes into account several factors as described in Equation 25.
Among these factors, some (i.e., ¢/ and D,,)) vary with the presence of the salt in a
solution. By increasing the salt content in water, ¢, and D,, decrease, thus leading
to an overall reduction of the permeability when compared to the water permeability.
Furthermore, for NF membranes that can be considered as charged membranes, the
interaction of ions in a solution can interact with the functional groups of the
membrane polymer, thus reducing the water intake and the permeability.

While the salt rejection trend reached a maximum with CMZ-35, the permeability
trend showed a minimum value corresponding to CMZ-35, averaging 1.5 L m? h™!
bar™' (within the typical range of permeability values for commercial NF membranes
[217]). This result is surprising, considering that the active layer of this membrane
has a thickness of 29+4 pm (much more than the active layer thickness of
commercial NF membranes that is in the order of nanometres [213]).

The best-performing membrane, CMZ-35, exhibited high selectivity towards
multivalent cations such as Mg?* and Ca®* and high permeation of SO4*.
Subsequently, this selectivity was compared to that of commercial NF membranes
and recently introduced positively charged NF membranes under operating
conditions similar to those in this study. As shown in Figures 45a)-d), CMZ-35 fell
within the region of interest (high selectivity towards MgCl, and CaCl,), unlike all
other considered membranes. This positions CMZ-35 as the current top-performing
NF membrane with the desired properties.

Conversely, some NF membranes, like the commercial NF90 [218] and others
[177,181,182,186], exhibit high rejection for all salts. NF270, being a looser NF
membrane than NF90 with a negative surface charge [219], shows high rejections
towards sulphates due to its negative charge, placing it in the opposite region of
interest for this study. Additionally, recently proposed NF membranes [178] and

[189] display relatively low rejections for all salts.
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Figure 45: Rejections for CMZ membranes manufactured in this work, commercial NF
membranes, and (novel) positively charged NF membranes in literature ([176—179,181—
183,186,218,220,221]) for the salt couples: (a) MgCl:/NaCl, (b) CaCl:/NaCl, (c)
MgCly/Na>xSOy, and (d) CaCly/Na>SOy at operating pressures reported in Table 23. Region
of interest: high rejection values towards MgCl, and CaCl; respect to NaCl and Na>SOs;
Region of RO: typical rejection values for RO membranes.

*Tested in this work

4.2.4 Filtration of real seawater and desalination brine

The ionic selectivities (IS) of CMZ-35 were examined in practical applications,
tested under conditions of 30 bar and a cross-flow velocity of 3.5 L/min using
synthetic seawater and desalination brine solutions.

In Figure 46, the IS results of CMZ-35 were compared with those of two commercial

NF membranes (NF90, NF270). Notably, in the case of seawater treatment, CMZ-
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35 generally exhibited higher multivalent/monovalent /S when compared to the two
commercial NF membranes. Exceptions, where CMZ-35 showed intermediate
selectivity between NF90 and NF270, were observed in Mg?"Na* and Ca?'/SO4*.
This behaviour is allegedly due to the novel NF membrane which keep a positive
surface charge in slightly alkaline environments (i.e., seawater or brine), unlike

NF90 and NF270.
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Figure 46: lon Selectivities (1S, calculated according to Equation 3) of CMZ-35 and the
commercial membranes NF90 and NF270 in the treatment of a) seawater and b) brine.

Concerning the desalination brine scenario, the elevated ionic concentration of the
feed solution resulted in a greater reduction of monovalent ion rejection compared
to multivalent rejections for all membranes. This led to an overall higher ionic
selectivity for each membrane in brine treatment compared to seawater. In the brine
scenario, CMZ-35 demonstrated higher ionic selectivity values than NF90 and
NF270 in most cases. However, with the exceptions of Mg?/Na* and Ca?"/SO4*,
CMZ-35 also showed lower selectivity values for Ca**/Na* than NF270.

Nevertheless, in brine treatment, CMZ-35 remained competitive with commonly

used commercial NF membranes at an industrial scale.
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4.3 Conclusions

A new positively charged NF membrane was developed in order to improve the
recovery of valuable multivalent cations in MLD/ZLD processes from seawater and
desalination brine. This membrane aimed to specifically reject magnesium (a CRM)
and calcium (a major component in seawater/brine with various industrial
applications), in alkaline environments (i.e., seawater/desalination brine). The novel
NF membrane comprised: (i) a microporous asymmetric UF-membrane-like
substrate for mechanical strength and (ii) a selective active layer consisting of the
MOF "NH,-MIL-101(Al)" and ZnO embedded within a chitosan matrix.
Characterization analyses, including SEM, FTIR, DLS, and BET, were performed
on the nanoparticles within the active layer. Additionally, morphology,
hydrophilicity, and electric surface charge of the nanocomposites were analysed.
Results from the characterization analyses and initial filtration tests (at 5 bar using

1000 mg/L single salt solutions (NaCl, Na;SO4, MgCl,, CaCl)) indicated:

(i) an increase in ZnO content within the active layer enhanced membrane

hydrophilicity and zeta potential, leading to higher rejections of multivalent cations.

(i1) excessive ZnO concentrations resulted in pore blockage and microfractures in

the active layer, reducing overall ionic rejections.

(iii) the NF membrane with the highest rejections of MgCl, (90.10%) and CaCl,
(86.49%) was CMZ-35 (20%wt Chitosan, 35%wt ZnO, and 45%wt MOF).

The selectivity properties of CMZ-35 were then compared with those of common
commercial NF membranes and novel positively charged NF membranes from
literature at the same operating conditions. Results of the comparison demonstrated
that CMZ-35 exhibited the highest selectivity towards MgCl, and CaCl..
Furthermore, the performance of CMZ-35 was evaluated in real application
scenarios, being tested with synthetic seawater and desalination brine at 30 bar. The

ion selectivity values achieved were compared with those of two commercial
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membranes (NF90, NF270) under the same operating conditions. CMZ-35
demonstrated higher Mg?* and Ca** selectivity than NF90 for seawater treatment and
generally higher values than NF270 in most cases. Similar successful results were

obtained for desalination brine treatment.

CMZ-35, thanks to its cost-effective fabrication materials (0.4 €/cm? for CMZ-35 vs.
1.2 €/cm? for NFOO/NF270 [222]) and a simple synthesis procedure that avoids
hazardous organic solvents, emerges as a competitive alternative to commercial NF
membranes. All in all, CMZ-35 could significantly enhance mineral recovery in

ZLD/MLD systems for the valorisation of seawater and brine.
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5 “New generation of commercial nanofiltration membranes for
seawater/brine mining: Experimental evaluation and modelling of
membrane selectivity for major and trace elements”

In the pursuit of selectively recovering minerals from seawater and Seawater
Reverse Osmosis (SWRO) brines, in Chapter 5 five distinct commercial NF
membranes (NF90, NFS, NFX, VNF1, and DK) were investigated. Notably, four of
these membranes had not been previously studied in this specific field. The research
concerned a comprehensive assessment of their efficacy in separating both major
ions (Na*, CI, Mg’*, Ca’*, K', HCO5s, Br) and trace elements (B, Li*, Rb*, Sr**).
The investigation was carried out by using a flat-sheet experimental setup in a
closed-loop configuration in order to gather extensive experimental data concerning
the impact of operating pressure on trans-membrane flux and rejections concerning
two distinct solutions (seawater and SWRO brine). This dataset was subsequently
employed to determine the membrane permeances to various species using the
Solution-Electro-Diffusion Film (SEDF) model. The SEDF model was capable of
describing ion transport in scenarios involving both seawater and brine treatment.
In essence, the findings of this investigation were intended to provide a
comprehensive understanding of the potential of NF technology in selectively
separating both major and trace elements from seawater and brine. This was
accomplished through the exploration of a diverse array of commercially available
NF membranes, offering insights into their performance in this specific application.

5.1 Experimental

5.1.1 NF membranes and Synthetic solutions

For the comprehensive comparative analysis of this study, five commercial flat sheet
NF membranes were used: (i) NF90 from Dow Filmtec (USA), (ii) NFS and (iii)
NFX from Synder Filtration (USA), (iv) VNF1 from Vontron (China), and (v) DK
from Veolia (France). Table 26 outlines the key properties of the NF membranes
sourced from the respective manufacturers, accompanied by supplementary details
previously documented in the literature (such as water contact angle, zeta potential,
and pure water permeability). It is important to note that the information reported in
Table 27 originates from diverse sources, obtained under varying operational
conditions, making a direct comparison unfeasible. Furthermore, as far as the pure

water permeability is taken into account, values found in literature were compared
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with those experimentally obtained in this work. A good agreement was achieved (as

observed in Table 26).

Table 26. Main properties of the 5 NF commercial membranes.
Molecular Pure water

NF Tyne of Weight MgSO4 NaCl Water Zeta permeability
membrane  Manufacturer o);pmer Cut-Off rejection  rejection contact potential LMH/bar
poly (MWCO) [%]* [%]* angle [] [mv] - This
Literature
[Da] work
-26.5"°
Dow PA . a (pH = r
NF90 Filmtec TEC 200-400 99.0 90.0 61.2+3 7 8.67 8.42
-23+1°
-33+1°
Synder PA . 50.0- d.e - .
NFS Filtration TFC 100-250 99.5 550 49.8 (gl—é)— 6.30 5.80
-25+2¢
Synder PA 17.6+2.8% - f
NFX Filtration TFC 150-300 99.0 40.0 § (;;I—é)— 4.21 451
-11.9°
- a .
VNF1 Vontron TPFAc 260 >96.0 3;_)%% 0942 = 475 473
. 7)
-40"
9 )
DK Veolia TPFAC 150-300  96.0 ; 50.2 (pH = 6.50 6.45
7

*Test conditions according to membrane supplier information: 2000mg/L inlet solution at 110 psi
(760 kPa) operating pressure, isothermal process conditions at 25 °C, tests at 15% permeate recovery
after 24 h of filtration. @ [223], P [224], ¢ [225], 9 [226], © [227], T [228], 9 [229], " [230], ' [231], [232].

The performance evaluations of the mentioned NF membranes were conducted in
two precise scenarios: (i) seawater and (ii) SWRO brine treatment. To achieve this,
synthetic solutions were utilized that replicated the composition of the
Mediterranean Sea, considered as an average between the relatively lower
concentrated seawater of the North/Baltic Sea and the comparatively higher
concentrated one from the Middle East region [233]. As for the desalination brine,
the investigation took into account the brine generated from SWRO desalination
plants, currently the most widely employed technology for desalination [234].
Specifically, a SWRO plant with a water recovery rate of 45% was considered,
reflecting the typical recovery rate of contemporary industrial-scale SWRO plants
worldwide [113]. The compositions and pH of the two synthetic solutions are given
in Table 27.

Synthetic solutions mimicking seawater and desalination brine were carefully
prepared using deionized water, NaCl, MgSO,-7H,0O, MgCl,-6H,0O, KCI, NaBr,
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H3BO3s, LiCl (PanReac), CaCl,-2H,O (Chem-lab), NaHCO3 (Scharlau), Rb2CO3
(Aldrich), Sr(NOs)2 (Acros Organics). All reagents utilized were of analytical grade.
Furthermore, HNO3; 69% (w/w) and HCI 37% (w/w) were procured from Panreac
for sample preparation for ICP (Inductively Coupled Plasma) and to regulate the pH
of the synthetic solutions, respectively.

Table 27: Composition and pH of synthetic seawater and SWRO desalination brine.

Concentration [mg/L] Concentration [mg/L]
Major Minor
. SWRO . SWRO
ions Seawater . ions Seawater .
Ref. brine Ref. brine
[235] Na* 12,500 22,727 [236] B 4.2 7.6
[235] CI 22,100 40,181 [237] Li* 0.5* 0.9
[235] K* 450 818 [237] Rb* 0.5* 0.9
[235] Ca* 450 818 [238] Sr** 8.3 15.0
[235] Mg* 1,450 2,636 * Due to the limit of quantification of the
X ICP instrumentation used in this study, the
2 1
[235] SO« 3,410 6,200 concentration of lithium and rubidium in
[235] HCOs 160 291 seawater were fixed to 0.5 mg/L (e.g.
[239] CO# 79 143 slightly higher than the actual values in
most oceans) to increase the accuracy in
[240] Br 65 118 the rejection value estimation of both
elements.
] To be noted that for the experimental tests
pH of solution 6.5 6.5 the pH of both solutions was fixed to 6.5
via HCI dosing.

5.1.2 NF Experimental set-up and procedure

Figure 47 illustrates the flat-sheet experimental set-up which was employed in this

study to assess the performance of the five commercial NF membranes.

Carmelo Morgante 152



Section 3

ol
L
" ~—QIT —
; Feed
Pump Car.lnd(e Filter tank

By-pass Valve
Cooling System

U Sl

Process Flow Diagram

ot J
l FEED  RECYCLE  RETENTATE PERMEAYEJ

Figure 47: Process flow diagram of NF experimental set-up including main components.

Before commencing the experimental tests, a coupon of the NF membrane was
extracted from a larger area supplied by the manufacturer and immersed in ultrapure
water for 24 hours to ensure the elimination of any impurities. Subsequently, the
membrane was inserted in a crossflow flat-sheet cell (GE SEPA™ CF II) with a
membrane active area of 140 cm?, placed between a spacer on the feed side (PP, 31
mil diamond (145 x 97 mm)) and a permeate carrier (PP, 145 x 97 mm).

The feed solution, whether seawater or SWRO brine, was contained in a 30 L tank
maintained at a constant temperature of 25 + 2 -C employing a DIGIT-COOL
refrigerator (J.P.Selecta). To avoid potential membrane surface scaling, primarily
associated with carbonates, the pH of the feed solution was corrected to 6.5 by
adding HCl (35%w/w). A high-pressure diaphragm pump (Hydra-Cell, USA)
conveyed the feed solution to the membrane cell, with a 10 um cartridge filter
installed before the pump to remove any potential corrosion solids that could
compromise the integrity of the pump.

Two operating parameters (Cross-flow rate and operating pressure) were controlled
by a bypass valve at the pump exit and a needle valve along the retentate line. The
transmembrane pressure was monitored by two manometers placed at the entrance
and exit of the cell, while a Biirkert FLOW flow meter on the retentate line tracked

the cross-flow velocity (cfv). A closed-loop configuration was employed, recycling
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both the retentate and permeate back to the feed solution to guarantee a constant
composition of the feed solution throughout the entire experimental tests. Initially,
the membrane underwent compaction for 2 hours at 32 bars and a crossflow velocity
of 1 m/s (5 L/min) using deionized water. Following membrane pressurization, the
same procedure was repeated with the actual solution to be tested. The impact of
transmembrane pressure on membrane performance (i.e., permeate flux and
rejections) was assessed. The pressure varied from 8 to 30 bar at a fixed crossflow
velocity of 0.7 m/s (3.46 L/min). At 2 bar intervals during the experiments, 50 mL
samples of permeate solutions were taken and analysed, in addition to taking feed
samples before and after the test. Finally, at the end of each test, the NF membrane
was cleaned twice with de-ionized water under the following conditions: (i) 10 bar

and cfv of 1 m/s for 30 min, and (ii) 32 bars and cfv of 1 m/s for 2 h.

5.1.3 Analytical procedure

Based on the specific ion and its concentration, to determine the complete
composition of each sample, it was necessary to use three distinct analytical
instruments. Once diluted the samples, the sodium and chloride content were
analysed using IC, employing (i) a Dionex lonPacTM ASI11-HC column and a
mobile phase consisting of a 25 mM KOH solution for anionic analyses and (ii) a
Dionex IonPac CS16 column with a mobile phase of 30 mM metasulfonic acid
(CH3SOsH) for cationic analyses. Carbonate concentration was assessed through
automatic titration using a Mettler Toledo T70—Rondolino system, employing a
standardized 1 mM HCI solution as the titrant. For all other elements, inductively
coupled plasma spectrometry (ICP) was employed, utilizing both 7800 inductively
coupled plasma mass spectrometry (ICP-MS) and 5100 inductively coupled plasma
optical emission spectrometry (ICP-OES) from Agilent Technologies to accurately
achieve their concentrations. It is to be noted that before every ICP analysis, all

samples were diluted in a 2% wt HNOj3 solution. Additionally, on-site measurements
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of pH and conductivity of the samples were conducted using a CRI-SON GLP-22
pH-meter and a CRISON GLP-31 conductivity meter, respectively.

5.1.4 Membrane performance indicators

In order to evaluate the performance differences among the NF membranes, 4
indicators were taken into account. The first one was the permeate flux J,, [LMH] at
a precise operating pressure was calculated via Equation 28:

£

J, =——=kwx* (4P — All) =

Aprt

C\‘CVHODWVW
pwL*R+T

* 3600 * 107> * (AP — AIl) (28)

Furthermore, the membrane permeability [LMH/bar], the ion rejection [%] and
selectivity factor [-] were also calculated for this study. However, since they were
previously defined in Paragraph 4.1.5, refer to Equations 25, 26 and 27, respectively
for their calculation. It is to be noted that for how the permeability was defined, it
can also be calculated from the slope when plotting the membrane flux as a function
of the operating pressure. Furthermore, as reported by Geise et al. [204], the flux can
also be expressed in terms of the effective concentration-averaged water diffusion
coefficient D,, [m? s], the mass concentration of water sorbed in the membrane at
the upstream face ¢l [kg m=], the molar volume of water ¥, [m® mol], the density
of water p,, [kg m®], the membrane thickness L [m], the gas constant R [m® Pa K*!

mol™] and the absolute temperature T [K].
5.1.5 lon transport descriptions by means of the SEDF model

Firstly, it is important to highlight that the mathematical model utilized in the techno-
economic analysis in Chapter 1, namely the Donnan Steric Pore Model with
Dielectric Exclusion (DSPM-DE), was not applied in the present study. This decision
stemmed from the absence of specific details in the literature regarding the NF
membranes under investigation, which are essential inputs for the DSPM-DE model.

These details include parameters like pore radius, active layer membrane thickness,
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dielectric constant within the pores, and charge density. As a matter of fact, whilst
such properties were available in literature for the NF270 membrane (employed in
Chapter 1), for the NF membranes analysed in this chapter, no data were to be found.
Consequently, the SEDF model was chosen for this study. The SEDF model, an
irreversible thermodynamics model, treats the membrane as a "black box" without
necessitating an exhaustive characterization of membrane properties, in contrast to
mechanistic models [241]. One of the main assumptions of the model is that no
coupling between solute and solvent flows within the membrane is considered [242].
Many recent studies, in fact, have shown that such convective coupling in NF
membranes is very weak, thus allowing to consider the NF membrane as a dense
membrane [243]. It delineates the transport of species through an NF membrane,
taking into account their movement towards the concentration polarization (CP) and
active layers [244-246]. This model employs the concept of a virtual solution,
defined as such when being in thermodynamic equilibrium with an infinitely small
fluid volume inside the membrane. Utilizing virtual concentration simplifies the
characterization of species transport, requiring determination of only the membrane
permeance to species (Pi) as the sole parameter [247]. The membrane permeances to
species are the products of local diffusion and partition coefficients, where the
partition coefficients are the ratios between the concentrations in the real solutions
and the virtual ones. Table 28 compiles the principal equations used to depict
membrane performance. The model assumes a species flux governed by a solution-
diffusion transport mechanism within the membrane, incorporating electromigration
resulting from varying transport velocities of species across the active layer (refer to
Equation 29). Such equation, as all the other equations, is solved for the element (or
compound) that makes up the species in solution. The description of transport
necessitates the use of the membrane permeances to species (Pi), influenced by
species properties (e.g., diffusion inside the membrane), membrane properties (e.g.,
membrane thickness, surface charge), and the interplay between both the species and
the membrane (e.g., partition coefficients). Nevertheless, it is worth mentioning that

such membrane permeances across the membrane are assumed to be constant [243].
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Furthermore, the CP phenomenon incorporates similar transport mechanisms while
also considering convective flux (see Equation 30). In this scenario, an average mean
thickness (9, a fitting parameter) is considered, despite literature indicating potential
inhomogeneity of CP within membrane modules and test cells, impacting membrane
performance [248]. For simplicity, 6, considered as one of the fitting parameters, is
assumed to have a constant average value [246]. It is to be noted that Equation 30 is
a fundamental equation solved numerically (valid within the studied domains) and
not a semi-empirical equation that would have depended on the geometry of the
module. CP permeances to species are derived from diffusion coefficients in the bulk
solution. Additionally, the transport of species across the system (CP-layer and
membrane) adheres to flux conservation at the membrane surface (Equation 31),
electro-neutrality (Equation 32), and zero-current flow (Equation 33). To accurately
fit experimental data for carbonates, the model accounts for their equilibrium in
aqueous solution (H,CO3s/HCO;3/CO5*). The transport of these species induces pH
variations within the membrane, potentially influencing membrane charge through
protonation/deprotonation of functional groups and, consequently, ion exclusion
mechanisms. Therefore, the model also incorporates the transport of alkalinity
(basicity) across the membrane, as previously discussed by Hall et al. [249] and Nir

et al. [250], who have elucidated the transport of H" and OH™ across RO membranes.

Table 28: Main equations to describe the transport of species across NF membranes *

[244-246]
Transport of species across the membrane
. dc; de
Ji=—Pi'(d—;+Zi'Ci'E> (29)
Transport of species across the CP layer
. F) dcl, 12 d(p, !
Ji=Jvcp =P - dx,+Zi'Ci'W + v (30)
S5
where PY = D?"
Flux conservation at the membrane boundary
dci do' , dc; do
-pf- <dxl’ +z; - ¢ W) +J, ¢ =—P;- (d—xl+zi-ci E) (31)

Electro-neutrality condition
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Zzi ;=0 (32)
ZZL- ji=0 (33)

Chemical equilibria for carbonate system

Zero-current condition

HCO; + HY* & H,C05; at 25°C logK = 6.35 (34.3)
CO3~ + HY & HCO; at 25°C logK = 10.33 (34.b)
Jeavy = Ju,co; + Jucoy tJcoz- (34.c)
Net alkalinity (basicity flux)
Jak = Jucoy +2Jcoz- +Jon— — Ju+ (39)

* j; is the flux of species i through the membrane, x is the dimensionless position in the membrane, P;
and P are the membrane and CP-layer permeance species to species i, c; is the concentration of
species i, z; is the valence charge of species i, and ¢ is the dimensionless virtual electrostatic potential
in the membrane. Subscript  refers to the CP layer.

For the description of the transport of species inside the CP-layer, the diffusion
coefficients in the bulk solution were provided by Vanysek [251] (see Table 29).

Table 29: Diffusion coefficients of the species in bulk solution (D - 1072 m? /s)[251].

Na* CI K* Ca? Mg? SO4* Br H3BO:3

1334 2032 1957 792 706 1065 2080 1281
Lit Rb* Sr?* H2COs HCOs COs* H* OH-

1029 2072 791 2046 1185 923 9311 5273

The set of equations outlined in Table 28 was implemented and numerically solved
using the Runge-Kutta method in Matlab, specifically with the ode23s function. As
aresult, and with the initial feed composition and permeate flux provided, the fitting
parameters, comprising membrane permeances and CP-layer thickness, were

adjusted to effectively align with the experimental data.

5.2 Results and Discussion

5.2.1 Effect of transmembrane pressure on permeate flux

An initial performance comparison of the NF membranes was carried out by
examining the relationship between permeate flux and transmembrane pressure.

Figures 48a) and 48b) illustrate the evaluation of permeate flux variation with
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transmembrane pressure for the NF membranes when dealing with seawater and

SWRO brine, respectively.
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Figure 48: Experimental variation of permeate flux with transmembrane pressure for the 5
NF membranes treating seawater a) and SWRO brine b). Error bars are related to both the
reproducibility and analytical procedure.

An increase in transmembrane pressure (8-30 bar) was found to result in a linear rise
in flux for all experiments. According to the definition of permeability (refer to
Equation 25), the slope of the flux variation allowed to compute the permeability of
each NF membrane for the tested solution. Such permeability is not to be confused
with the water permeability. As a matter of fact, the computed permeability considers
specific factors (i.e., ¢y and D,,) whose values decrease with the increase of salt
content in water, thus leading to a lower value of permeability than that of the water
permeability of the membrane. It is worth mentioning that the values of the
difference of osmotic pressure between the feed solution and permeate solution
concerning the 5 commercial NF membranes when treating seawater and SWRO
brine are given in Table 31 in Appendix C. Notably, DK exhibited the highest
permeability among all NF membranes, with values of 3.5 LMH bar! and 2.48 LMH

bar'!

for seawater and SWRO brine, respectively. Despite DK and the other
investigated membranes having active layers based on polyamide, it is likely that
DK possesses a thinner active layer and a lower cross-linking degree, thereby
enabling higher fluxes. In Figure 48a), a decreasing order of membrane permeability

was observed as follows: DK (3.5 + 0.05 LMH bar') > VNF1 (2.60 + 0.04 LMH
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bar') > NFS (2.19 + 0.04 LMH bar!) > NFX (1.81 = 0.04 LMH bar™) > NF90 (0.40
+0.02 LMH bar ™). Concerning SWRO brine treatment, the permeability values were
reduced. Hence, hydraulic permeability depended on intrinsic membrane properties,
such as tortuosity and membrane thickness, as well as physic-chemical interactions,
including solution viscosity, water diffusivity inside the polymer, the partial volume
of water in the membrane, and the sorption coefficient of water by the membrane.
The increase in concentration might have induced variations in these physic-
chemical interactions, resulting in lower hydraulic permeability [58]. Notably, the
order of permeability differed from that observed during seawater treatment. In
Figure 48b), a distinct descending order was noted: DK (2.48 + 0.05 LMH bar™') >
NFS (1.66 + 0.03 LMH bar') > VNF1 (1.58 + 0.04 LMH bar') > NFX (1.22 £+ 0.03
LMH bar") > NF90 (0.34 + 0.02 LMH bar"). Moreover, it was possible to observe
that the performance of VNF1 was more susceptible to changes in feed salinity
compared to NFS. Furthermore, NF90 consistently demonstrated significantly lower
permeability when compared to all the other NF membranes, given its tight active

layer structure, causing it to behave more like an RO membrane.
5.2.2 Effect of transmembrane pressure on rejections for seawater

In addition to hydraulic permeability, a crucial property to evaluate, characteristic of
NF membranes, is the ability to selectively separate multivalent elements from
monovalent ones. Figure 49 reported the experimentally achieved element rejections
for the NF membranes, plotted against permeate flux, when (i) treating seawater with
(i1) varied transmembrane pressure ranging from 8 to 30 bar. Specifically, Figures
49a) to 49¢) depict the rejection of major elements present in seawater, while Figures
49f) to 49j) show the membrane rejection of "feasible" trace elements. It is
noteworthy that the discrete points represent experimental data, complemented by

the fitting of the SEDF model (described in Paragraph 5.1.5).
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Figure 49: Experimental rejections as a function of permeate flux treating seawater for the 5 NF membranes: NF90 (a) major elements, f) trace
elements), NF'S (b) major elements, g) trace elements), NFX (c) major elements, h) trace elements), VNF1 (d) major elements, i) trace elements)
and DK (e) major elements, j) trace elements). Points: experimental data. Lines: model fitting by the SEDF model.

Carmelo Morgante

161



Section 3

Furthermore, due to the overlapping of magnesium and calcium rejections, a zoom
of their trends for all NF membranes is provided in Figure 72 (Appendix C) to
distinguish better the trends.

To begin, independently from the specific membrane or solute characteristics, it is
essential to note that increasing transmembrane pressure led to an augmentation in
the rejection of all solutes. This phenomenon was possible due to increasing
permeate flux resulting from the elevated operating pressure. Specifically in the
context of NF membranes, it is asserted that the flux of ions and solvent is not tightly
coupled, or the coupling is minimal. In other words, the ion flux is primarily
associated with diffusion and electro-migration [241,252,253]. This observation
implies that a higher water flux, induced by increased operating pressure, caused
solute dilution in the permeate, thereby enhancing membrane rejection for all solutes.
However, as transmembrane pressure increased to relatively high operating levels,
the impact on rejections gradually diminished, culminating in a rejection plateau for
all NF membranes above 20 bar due to concentration polarization. It is worth
mentioning that the concentration polarization factors of the investigated ions for all
the 5 commercial NF membranes are reported in Figures 73 and 74 in Appendix C.
Consequently, 20 bar was identified as the optimal operating pressure that maximizes
membrane rejection, beyond which no significant improvements could be observed.
Another noteworthy aspect applicable to all examined NF membranes was the
identification of two distinct regions, independent of charge polarity: (i) high
rejections for multivalent ions and (ii) low rejections for monovalent ions. The
threshold distinguishing these regions varied depending on the NF membrane; for
instance, NF90 exhibited this threshold at a rejection value of 70%, while the
remaining four NF membranes (NFS, NFX, VNF1, and DK) had a lower threshold
around 50%. This dual-region identification was attributed to the influence of both
Donnan and dielectric exclusions on the transport of ionic species across the NF
membrane.

Donnan exclusion, arising from the presence of fixed charges within the active layer,

leads to the repulsion of ions with the same charge [175]. Commercial composite NF
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membranes with an active layer made of polyamide typically present ionizable
carboxylic and amine functional groups. Depending on the pH of operation, these
groups may be ionized or not. In the present case, with the solution at neutral pH
(refer to Table 26), it was expected the non-cross linked carboxylic groups of the
amide structure would be ionized (R-COO’) meanwhile the non-cross linked amine
groups would be de-protonated (R-NHz) [254]. In such case, therefore, the
membrane would present a negative surface charge, allowing the transport of
counter-ions (cations) while repelling co-ions (anions). On the other hand, dielectric
exclusion derives from interactions between charged solutes and bound charges,
induced by electrical polarization. It is associated with the electrostatic component
of ion solvation energy, proportional to the square of the ion charge. In contrast to
Donnan exclusion, dielectric exclusion operates independently of the sign of the ion
charge, causing an extra rejection mechanism for each ion [241,255].

Discrepancies in the threshold between monovalent and multivalent solutes were
likely linked to the free volume of the membrane active layer, resulting to be a more
dominant factor for NF90 than for other membranes [254]. As the free volume of the
polyamide membrane active layer narrows, dielectric exclusion becomes stronger,
enhancing rejections [241,255]. It is possible to observe in Figure 49 that for NF90,
major multivalent solutes exhibited rejections higher than 98% due to dielectric
exclusion at operating pressures exceeding 20 bar (flux above 6.28 LMH) and a feed
pH of 6.5. On the other hand, due to Donnan exclusion, the average rejection of SO4*
(100%) was higher than that of Mg?* (98.4%) and Ca*" (98.3%) due to the negatively
charged membrane. Monovalent species showed average rejections within the range
of 54-70%. More precisely, the positive monovalent ions, Na* and K*, exhibited
rejections of 59.39% and 57.46%, respectively, whereas CI, a negative monovalent
ion, was rejected by 63.65%.

The distinction between monovalent and multivalent solute rejections confirmed the
dielectric exclusion effect, while differences between positive and negative charged
ions further confirmed the Donnan effect. In addition, despite its negative charge,

Br exhibited the lowest rejection value (54% at 20 bar), likely due to the presence
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of electric fields induced by the high SO4* rejection, which accelerates the transport
of anionic traces. Regarding HCO;™ rejections, consistent with the dielectric
exclusion effect, values lower than those of multivalent ions are reached (71% at 20
bar). However, unlike other ions, the presence of bicarbonates in seawater depended
on the equilibrium with atmospheric COx(g) to which the feed solution was exposed.
Concerning minor elements rejected by NF90 (see Figure 49f)), at a pressure of 20
bar, B, Li*, Rb*, and Sr*" were rejected by 49%, 70%, 54%, and 98%, respectively.
This exemplifies how dielectric exclusion promotes higher rejections for multivalent
ions. Taking into account the acid-base properties of B, the major B species at pH
6.5 was H3BOs(aq) (pKa (H3:BO3/H,BOs") = 9.24), a neutral species, that in theory
was not expected to be affected by the polyamide active layer electric fields. Despite
its small size, H3BOs3, with a Stokes diameter of 0.31 nm and a weak hydration shell,
experiences rejections higher than 30% due to the active layer free volume of NF90.
Overall, in the context of trace elements recovery from seawater, NFO0O emerged as
a viable option for selectively recovering Sr**. However, for major elements, NF90
proved effective for concentrating seawater but not for producing selective ion
streams that are essential for MLD/ZLD schemes.

In the pressure range of 8-30 bar, meanwhile NF90 exhibited fluxes up to 9 LMH,
the other NF membranes were considerably more permeable, with maximum fluxes
at 30 bar ranging from 48 LMH (NFX) to 90 LMH (DK). The rejection patterns for
NFS, NFX, VNF1, and DK can be explained in a manner similar to the NF90
membrane. Specifically, the four NF membranes exhibited higher selectivity
between divalent and monovalent ions, with all major monovalent ions having
rejections lower than 50%. All the four membranes showed SO4* rejection higher
than 97% at pressures higher than 20 bar: VNF1 (97.5%) < NFX (98%) < NFS
(98.5%) < DK (>99.8%), a result of a combination of Donnan and dielectric
exclusions. Similar observations could be made for Mg?* at 20 bar, with NFS (97%)
< VNF1 (97.5%) < DK (98.3%) < NFX (98.4%). Unlike magnesium, the latter
membranes exhibited larger differences in Ca®" rejection. While NFX and VNF1
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kept presenting rejections higher than 95%, Ca?" rejections dropped to 93% for NFS
and 94% for VNF1.
A noteworthy distinction emerged, on the other hand, between NF90 and the other
NF membranes under investigation regarding monovalent rejections, with all
monovalent rejections falling below 40% at 20 bar. Among the monovalent ions, CI°
and K" were particularly rejected, with the order of rejection being VNF1 (33%) <
DK (34%) < NFS (38%) < NFX (37%) for CI- and DK (34%) < NFS (36%) < VNF1
(37%) < (42%) for K. Slightly lower rejections were observed for Na™ and Br™ at the
same operating pressure, following the order VNF1 (28%) < DK (28.5%) < NFX
(33%) < NFS (33.5%) for Na* and NFX (28%) < NFS (29.5%) < VNF1 (30.7%) <
DK (32%) for Br.
Regarding the “feasible” trace elements, NFS, NFX, VNFI1, and DK exhibited
similar trends, displaying high selectivity towards Sr?* (higher than 95%) and high
permeability towards Rb* and Li*. As far as B is concerned, rejections were more or
less equal to O due to its neutral behaviour at pH 6.5.
As for the fitting of the SEDF model with the experimental data, excellent results
were achieved for most of the ions. Higher discrepancies were achieved for instance
in the case of HCOs". The main reasons for this are:
0] the equations of the SEDF model are subjected to electro-neutrality, so
the fitting for one of the components is not so accurate (major ions);
(i) the alkalinity defines the pH of the solution, so the model fitted properly
one of them (pH) and not the other (alkalinity). Most likely some of the
species controlling the buffering capacity of the solution were not
considered.
In summary, these four newly commercial NF membranes are well-suited for pre-
treatment steps in MLD and ZLD schemes due to their exceptional selectivity,
distinguishing them from NF90. However, it is essential to highlight that, due to the
fact of presenting positive lithium rejections when dealing with seawater, it will
avoid their total recovery, since part of them will be concentrated in the retentate

stream, but in a lesser extent in comparison to multivalent elements.
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5.2.3 Effect of transmembrane pressure on rejections for SWRO brine

The rejection performances of the NF membranes for various solutes were assessed
in the context of SWRO brine treatment. In this case, the experimental variations of
element rejections over permeate flux are illustrated in Figure 50. Specifically,
Figures 50a)-e) focus on membrane rejections of components present in substantial
amounts in the brine, while Figures 50f)-j) depict those of the "feasible" trace
elements. Similar to the previous case (seawater treatment), the experimental data

for this scenario were accompanied by the results achieved with the SEDF model.
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Figure 50: Experimental rejections as a function of permeate flux treating SWRO brine for the 5 NF membranes: NF90 (a) major elements, f)
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elements) and DK (e) major elements, j) trace elements). Points: experimental data. Lines: model fitting by the SEDF model.
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In this scenario, it was also possible to distinguish two primary groups: (i)
characterized by the prevalence of multivalent elements (present in the brine in
significant quantities) and (ii) associated the monovalent elements present in major
quantity. This categorization exemplified the dominance of the dielectric exclusion
effect over the Donnan exclusion effect, particularly evident when the five NF
membranes were previously evaluated for seawater valorisation. Upon comparing
the two scenarios, namely seawater and SWRO brine treatment, a noticeable
reduction in all ion rejections was observed at the same operating pressure (i.e., 20
bar). This decrease was attributed to the increased feed concentration, causing charge
screening and consequently diminishing the dielectric exclusion effect [241].
However, the decline in rejections was not uniform for all ions and varied among the
NF membranes too. For instance, considering the rejection of SO4*, NF90 and DK
exhibited reduced rejections (from >99.9% to 97% and >99.9% to 98% for NF90
and DK, respectively), whereas NFS, NFX, and VNF1 maintained rejections above
97% at 20 bar. Concerning positive multivalent ions, a different behaviour among
the membranes was also noted. NF90 experienced the most significant drop in Mg>*
rejection (from 98.5% to 95%), while NFS and VNF1 displayed similar patterns with
Mg?" rejections slightly above 94.6%. In contrast, NFX and DK demonstrated less
susceptibility to variations in Mg?* feed content, maintaining Mg?>" rejections higher
than 97% when treating SWRO brine. As for Ca*", meanwhile NF90 was the only
membrane to exhibit larger rejection drops for both SO4* and Mg?*, no important
differences were witnessed for Ca*" (i.e., 98% to 97%). Conversely, the other NF
membranes showed more substantial rejection drops for Ca®*, surpassing those for
SO4* and Mg*", with values reaching up to 87%. NFX and DK demonstrated to be
slightly more resistant to variations in feed concentration, achieving Ca?* rejections
above 91%. Despite a few exceptions, a general trend could be observed for the drop
in rejection of multivalent ions across the five NF membranes passing from seawater
to brine: SO4* < Mg?" < Ca?". This reaffirmed the influence of dielectric exclusion
on the rejection of multivalent elements, while emphasizing that the increase in

concentration led to charge screening, thereby weakening the dielectric exclusion
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effect. In contrast to the multivalent elements, the monovalent ones exhibited
significantly more pronounced drops in rejection when transitioning from seawater
to brine treatment. Notably, NF90 displayed substantial decreases in monovalent
rejections compared to the other investigated NF membranes. While monovalent
rejections decreased by over 50% for NF90, the remaining four NF membranes
experienced drops below 50%. Nevertheless, a consistent trend in the single values
of monovalent rejections was seen across all membranes for each monovalent
element: NFOO > NFS > NFX > VNF1 > DK, with NFO0 demonstrating the highest
rejections for major monovalent elements and DK exhibiting the lowest. The larger
rejection drops for major monovalent elements compared to major multivalent ones
proved the impact of charge screening resulting from increased feed concentration.
Notably, DK stood out as the only NF membrane with Na* rejection falling below
10% at 20 bar, suggesting potential higher selectivity than the other NF membranes,
particularly in treating SWRO brine. Examining HCO; rejections, NF90
experienced the most substantial drop (71% to 55%), while NFS and VNF1
maintained rejections above 75%. Considering the minor elements, also known as
the “feasible trace elements” (see Figures 50f)-j)), similar trends were noted as for
the major elements. NF90 exhibited rejection drops exceeding 50%, unlike the other
NF membranes which saw drops below 50%. While Sr** maintained high rejections
above 92%, monovalent elements experienced larger drops. In addition, NF90 and
NFS displayed substantial drops for B (38.5% to 4.5% and 24.3% to 6.0%,
respectively), whereas NFX, VNFI1, and DK demonstrated consistently low
rejections when comparing seawater and SWRO brine scenarios. As for the fitting
of the SEDF model, also in this case good results were achieved, and similar
considerations can be made as the ones of the previous paragraph (seawater

treatment).
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5.2.4 Membrane permeances to species through the SEDF model

As noted in Figures 49 and 50, the SEDF model effectively fitted the trends and
rejection values in relation to the permeate flux. Consequently, the SEDF model
facilitated the determination of membrane permeances to species for each case study.
The permeance values for both major and trace elements are presented in Figure 51.
It is important to highlight that the model specifically considered the predominant

species of the chemical element at the brine pH, as mentioned previously.
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Figure 51: Membrane permeances to species [um/s] for the 5 NF membranes tested with
seawater and SWRO brine. Filled and dashed pattern represent seawater and SWRO brine,
respectively.

The calculated membrane permeances to species demonstrated strong alignment
with both Donnan and dielectric exclusion phenomena. Notably, the membranes in
this study exhibited a negative surface charge at the operational pH, resulting in
higher permeances towards cations than anions. For instance, across all cases,
membrane permeances to single-charged cations (Na®, K, Li", Rb*, and H")
surpassed those to single-charged anions (Cl°, Br, HCOj5", and OH"), often differing
by an order of magnitude. In the case of treating seawater with the NFS membrane,

the permeances followed the order: Na® (69.1 pm/s) > K" (62.9 um/s) > Li* (51.6
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um/s) > Rb* (44.6 pm/s) > H" (41.1 um/s) >> OH (10.7 um/s) > Br (10.1 pm/s) >
CI" (8.2 um/s) > HCOj5 (0.6 pm/s).

Moreover, the influence of dielectric exclusion was evident, with membrane
permeances to double-charged ions exhibiting values up to two orders of magnitude
lower. Specifically, permeances to species like Ca** (0.94 um/s), Sr** (0.43 um/s),
Mg?* (0.28 um/s), and SO4* (0.05 um/s) reflected this effect. Membrane permeances
towards neutral species (H:BOs(aq) and H>COs(aq)) were not affected by membrane
charge, but primarily governed by steric hindrance, allowing their free permeation.
For instance, the NFS membrane permeance to H:BOs(aq) was 22.4 pum/s when
treating seawater, with similar trends observed for all membranes in both scenarios.
Comparing the different NF membranes, NF90 exhibited significantly lower
permeances to species than the others, attributed to its structural similarity to RO
membranes. Notably, a slight increase in permeances was observed when
transitioning from seawater to SWRO brine for all NF membranes. This increment
could be linked to the higher initial composition, enhancing ion transport across the
membranes. This relationship between membrane permeances and ionic composition

has been previously reported by Bason et al. [252] and Yaroshchuk et al. [256].

5.2.5 Selectivity of the NF membranes

The performance of NF membranes often grapples with a significant challenge: the
trade-off between permeability and selectivity. Typically, achieving high selectivity
entails a compromise with reduced permeability, and vice versa. To spot the most
efficient NF membrane among those examined in this study, the selectivity of each
membrane against the permeability was illustrated, focusing on the selectivity
between the dominant multivalent elements (Mg?* and Ca?") in relation to the
prevalent monovalent elements (Na* and CI"). Figure 52 depicts these relationships.
The reported permeability is not to be confused with the water permeability,
presenting lower values than the one of the latter due to ¢, and D,, that decrease

with the increase of salt content in water. The data is presented for a pressure of 20
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bar, chosen as the optimal value. This decision was based on the enhanced selectivity
observed for both monovalent and multivalent elements at this operational pressure.
Beyond 20 bar, concentration polarization occurs, leading to reduced rejection rates
for multivalent elements and thereby compromising selectivity. Notably, there is a
significant difference in permeate flux between seawater and brine solutions, with
the flux potentially doubling for seawater compared to brine.

In Figure 52a), NF90 deviates from the typical NF membrane behaviour and mirrors
that of a RO membrane, displaying relatively low selectivity (<0.2) and low
permeability (0.4 LMH bar-1) during seawater treatment. This deviation from the
typical NF membrane behaviour, which aims to generate two ion-selective streams
rather than desalinate seawater/brine, suggests that NF90 may not be optimal for its
intended role as a membrane used in a pre-treatment step in MLD/ZLD schemes
focused on mineral recovery from seawater/brine. NFS and NFX exhibited
comparable selectivity (around 0.5) but behaved differently in terms of permeability,
with NFS having slightly higher permeability. Similarly, VNF1 and DK showed
similar selectivities (>0.6), but DK boasted higher permeability, placing it in the
region of ideal NF membranes.

This trend among the five NF membranes was maintained when treating SWRO
brine, as depicted in Figure 52b). However, all selectivity values were higher than
those in the seawater scenario. This disparity was attributed to the decrease in
multivalent element rejections being less pronounced compared to the decrease in
monovalent element rejections, owing to the increase in feed concentration. It is
worth noting that for each NF membrane, the selected selectivity factors remained
relatively consistent when treating seawater. However, when employing SWRO
brine as the feed solution, the factors Mg?”Na" and Ca**/Na* for each membrane
exceeded the factors Mg?*/Cl- and Ca?'/Cl. This discrepancy likely arose from the
significant decrease in Na' rejection relative to CI™ rejection, influenced by the

Donnan exclusion effect.
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Figure 52: Selectivity vs. Permeability for the 5 NF membranes treating seawater a) and
SWRO brine b) at 20 bar.

The outcomes illustrated in Figure 52 underscored DK's superior performance
relative to the other evaluated NF membranes, showcasing an exceptional balance of
enhanced selectivity and permeability. This discovery holds significant implications
for the selection of the most suitable NF membrane in the context of MLD/ZLD
schemes for seawater and brine treatment, as depicted in Figure 53. It is noteworthy
mentioning that, in the new RO seawater desalination schemes, the integration of a
NF stage before the RO stage is being postulated since the benefit of removing
divalent scaling species at the RO stage promotes a decrease of the operation
expenses. This integration offers several advantages: firstly, downstream RO
operations can occur at lower pressures and experience reduced membrane scaling,
thus extending the lifespan of RO membranes. While the upfront capital expenses
increase due to the integration of the NF stage, the subsequent reduction in
operational costs justifies this investment. The permeate stream feeds the RO stage
and the rejected stream becomes a source for mineral recovery, specially Ca and Mg
salts [163]. Alternatively, Scenario 2 (RO-NF) offers additional benefits. Firstly,
compared to a standalone RO plant, incorporating a downstream NF stage reduces
the volume of brine discharged into the environment and enhances overall

desalination facility recovery rates. Typically, brine disposal costs constitute a
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significant portion (ranging from 5% to 30%) of total desalination plant expenses
[166]. By reducing brine discharge volume and capitalizing on revenue generated
from recovered minerals, significant cost savings in brine disposal can be achieved,
as demonstrated by Morgante et al. [44].

Secondly, compared to Scenario 1 (NF-RO), Scenario 2 enables higher
multivalent/monovalent selectivity. This translates into the recovery of higher purity
products, leading to increased revenue potential, and simplifies downstream
purification steps in potential MLD/ZLD schemes, consequently reducing both

capital and operational expenses associated with such schemes.
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Figure 53: Integration of NF technology within seawater desalination schemes.

All in all, while this study primarily explored the valorisation of seawater and SWRO
desalination brine through NF, its findings offer broader implications for evaluating
NF treatment across diverse saline sources. For instance, the results provide insights
into the potential application of the investigated NF membranes for recovering Li*

from geothermal brines, where Li* concentrations surpass those found in seawater
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[257]. Additionally, the research findings could guide the assessment of the
suitability of these membranes for selectively separating Mg/Li from salt-lake brines,
which often boast Li" concentrations exceeding 1 g/L [258]. Finally, this work
extends its utility to investigate the feasibility of NF treatment for Mg" recovery from
coal mining brines or, more broadly, resource recovery and desalination of brackish

water [259,260].

5.3 Conclusions

The study of Chapter 5 focused on assessing the feasibility of NF as a selective pre-
separation process for the potential downstream retrieval of minerals from seawater
and SWRO brine. The performance of five NF membranes (NF90, NFS, NFX, VNF1
and DK) was comprehensively examined, with a focus on their effectiveness in
rejecting both major and minor elements. The NF membranes exhibited notable
potential in separating multivalent cations, such as Mg?", Ca*’, and Sr**, from
monovalent ions like Na*, K*, CI-, and Br-.

The main results can be summarized as follows:

1. Validation of experimental data and model fitting: The study observed a strong
agreement between the experimental ion rejection rates and the predictions
produced by the SEDF model.

2. Optimal transmembrane pressure: The optimal operating pressure was 20 bar at
which stable rejection levels with limited increases were observed.

3. Surface membrane charge analysis: All NF membranes displayed a negative
surface membrane charge, as deducted from the computed membrane
permeances and experimental rejection trends.

4. Multivalent cation rejection: Consistent with the Donnan and dielectric
exclusion effects, the membranes exhibited high rejections for multivalent
cations. For instance, Mg?*, Ca*", and Sr** rejections exceeded 97.1%, 92.8%,
and 96.5% in seawater, and 94.5%, 87.1%, and 91.7% in SWRO brine,

respectively.
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5. Comparison between seawater and SWRO brine treatment: Rejections of
monovalent elements experienced more significant declines during the
transition from seawater to SWRO brine treatment compared to multivalent
ones, attributed to a screening effect.

6. Performance of the DK membrane: Among the membranes studied, the DK
membrane demonstrated the highest permeability (3.5 LMH bar') and
selectivity factor (>0.6) for multivalent elements relative to monovalent ones,
proving its superior efficacy for selective separation of minerals.

In conclusion, the research confirmed the suitability of the studied NF commercial

membranes for selective pre-concentration of valuable minerals from seawater and

SWRO brine. The DK membrane emerged as the most efficient candidate. This study

significantly contributes to understanding NF potential in the circular valorisation of

seawater and SWRO brine.

The next steps (reported in Chapter 6) involved characterizing and evaluating more

in depth the performances of two of these high-performing membranes (NFX and

VNF1) with a spiral-wound configuration and validating the SEDF mathematical

model. It is to be noted that the main reason of selecting these two membranes lied

in the fact that the DK membrane already presented a substantial amount of data

concerning its characterization, therefore the focus was brought to NFX and VNFI1.
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6 “Evaluation of enhanced nanofiltration membranes for improving
magnesium recovery schemes from seawater/brine: integrating
experimental data with a techno-economic assessment”

This study delves deeper into the performance analysis of two out of the five highly
selective commercial membranes tested in Chapter 5. More specifically, these were
Synder NFX and Vontron VNF1. While the Synder NFX has found occasional
applications in the food industry for phenolic compound recovery [226,261] and in
wastewater treatment for micro-pollutant removal [262,263], Vontron VNF1 usage
has been even scarcer, primarily in the shale gas industry [223] and radioactive
solutions treatment [264]. Due to their limited utilization, comprehensive
information about the materials and properties of these membranes in scientific
literature is currently poor. To address this gap, the initial approach of this study
involved a detailed physicochemical characterization of both membranes using
advanced analytical techniques such as Scanning Electron Microscopy (SEM),
Fourier Transform Infrared Spectroscopy (FTIR), Water Contact Angle (WCA) and
streaming potential analysis. Then, both NFX and VNF1 were experimentally tested
in an open-loop configuration (i.e. concentration mode), using synthetic seawater
and SWRO brine. The results of these tests were utilized to validate a multi-scale
mathematical model previously introduced in Chapter 5 [265]. Following this
validation, a holistic approach integrating the technical model and an in-depth
economic analysis was employed to conduct a thorough techno-economic
evaluation. The focus of this evaluation was specifically on maximizing the revenue
generated by magnesium recovery from seawater and desalination brine.

6.1 Materials and methods

6.1.1 Membranes and characterization procedure

The two NF membranes under investigation in this study were:

1. NFX 2540 (Synder Filtration, USA)

2. VNF1 2540 (Vontron, China)

The main properties provided by the manufactures of such membranes were already
reported in Table 26 (Paragraph 5.1.1). In this study, NFX and VNF1 were firstly
characterized to gain knowledge on their chemical structure, morphology,
hydrophilicity and surface charge.

In order to perform a thorough comparative assessment of membrane chemical

structures, Attenuated Total Reflection Fourier Transform Infrared Spectroscopy
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(ATR-FTIR) was employed, utilizing the Jasco 4700 instrument from Japan. This
advanced analytical technique enabled precise characterization of the membranes'
functional groups, providing valuable insights into their molecular structures for
comparative analysis. The FTIR Jasco 4700 has a spectrum range of 350-4400 cm™,
and the Attenuated Total Reflection (ATR) crystal used in this study is constructed
from diamond material.

Cross-sectional and surface imaging were carried out employing the Neon40
Crossbeam™ Field Emission Scanning Electron Microscopy (FESEM) system by
Carl Zeiss, operating at an acceleration voltage of 5 kV. Before FESEM analysis, the
membrane samples were precisely sectioned with a scalpel to maintain structural
integrity and then coated with a 5 nm-thick carbon layer using an ion spotter coater,
the LITH-SD900C (USA).

The assessment of surface hydrophilicity and wettability characteristics was
conducted by determining water contact angles (WCAs) using the sessile drop
method with a KRUSS DSA25S instrument (Germany). To guarantee precision, a
water drop volume of 5 pL was used, and measurements were carried out at a
controlled rate of 2.67 pl/s, maintaining a constant temperature of 20°C. Each WCA
measurement was repeated four times, and an average value was considered. All
samples were adequately dried in a vacuum at 25°C for 24 hours before the
measurement.

For streaming potential analysis, measurements were carried out using the
electrokinetic analyser SURPASS (Anton Paar). Two film specimens of the NF
membrane (20x10 mm?) were mounted face-to-face in the adjustable-gap cell (105
+ 5 um). Streaming potentials were measured at 25°C using 1 mmol/L KCI as the

background electrolyte, adjusting the pH from 3 to 6 with HCI or NaOH.

6.1.2 Preparation of synthetic solutions

To evaluate in depth the efficiency of NFX and VNF1 for both seawater and SWRO

brine valorisation, synthetic solutions were employed for this specific study. As in

Carmelo Morgante 178



Section 3

the previous study reported in Chapter 5, synthetic seawater with a typical
composition of the Mediterranean region was employed. Concerning the brine, a
synthetic SWRO brine was prepared, taking into account a 45% water recovery of a
SWRO desalination plant. The composition of the solutions was previously reported
in Table 27 (in Paragraph 5.1.1). Synthetic seawater and desalination brine solutions
were meticulously prepared using deionized water and high-grade analytical
reagents. These were: NaCl, MgSO,-7H,0, MgCl,-6H,0, KCI, NaBr, H;BOs, LiCl
(PanReac), CaCl,2H,O (Chem-lab), NaHCOs (Scharlau), Rb>COs (Aldrich), and
Sr(NO3)2 (Acros Organics). Their analytical grade was necessary to ensure precision
and accuracy in the experimental results. Additionally, HNO3 69% (w/w) and HCI
37% (w/w), obtained from Panreac, were used for preparing samples for ICP analysis

and adjusting the pH of the synthetic solutions, respectively.

6.1.3 Pilot set-up description

A spiral-wound pilot setup (see Figure 54) was employed to evaluate the

performance of two commercial NF membranes in the context of seawater and brine

valorisation.
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Figure 54: Process flow diagram and conceptual scheme of the experimental NF pilot unit.

As depicted in Figure 54, the pilot plant consisted of several essential components.

Initially, 30 L of the feed solution (seawater or SWRO brine) was stored in a feed
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tank, where it was rigorously maintained at a temperature of 25 = 2 °C through the
use of a refrigerator (DIGITCOOL, J.P.Selecta). A high-pressure diaphragm pump
(Hydracell Wanner G10X, USA) was employed to propel the feed solution, which
first passed through a cartridge filter (positioned before the pump inlet). This pre-
filtering step aimed to eliminate corrosion solids that could potentially compromise
the functionality of the pump.
Following this, a portion of the feed solution was redirected back to the feed tank,
while the remaining portion was directed to a pressure vessel (Phoenix 2540)
housing a spiral-wound NF membrane with an active area of 1.4 m?. The retentate
and permeate streams could then be circulated back to the feed tank based on the
adopted configuration and test type. Regulation of the transmembrane pressure
(TMP) and cross-flow rate was achieved through a bypass and needle valve
positioned on the feed and retentate streams, respectively. Additionally, pressure
gauges at the feed and retentate streams facilitated the continuous monitoring of the
TMP.
Furthermore, sensors, connected to a Programmable Logic Controller (PLC), played
a crucial role in monitoring:
1. The flow rates (measured by an SMC flow meter) of the permeate and retentate
streams.
2. The conductivity and temperature (measured by Greisinger electronic devices)

of both the feed and permeate streams.

6.1.4 Experimental testing

The experimental campaign conducted in this study consisted of four main tests,
each assessing the performance of the NF membranes with seawater and SWRO
brine. The primary objective was to conduct each test at various permeate recovery
values while maintaining a fixed optimal operating pressure. The results of these
tests were crucial for validating a technical model, providing essential insights into

the economic aspects of each NF membrane for seawater/brine valorisation.
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Before each test, the NF membrane underwent pressurization with distilled water at
22 bar to eliminate traces of glycerine, initially present in the membrane to maintain
the pore structure. Subsequently, two essential steps were performed:

1. Adjusting the pH of the feed solution to 6.5 through the addition of HCI and
inserting anti-scalants to prevent potential scaling within the NF module.

2. Fixing the feed solution temperature at 25°C using a refrigerator.
Following these preparations, the NF membrane was pressurized with 30 L of the
original feed solution for two hours at 22 bar, maintaining a cross-flow rate of 3.46
L/min. The pressurization step was conducted in a "Closed-Loop" configuration,
where both retentate and permeate solutions were recycled back to the feed tank,
ensuring the constant composition of the feed solution. After pressurization, the
pressure was adjusted to 20 bar, the optimal operating pressure identified in Chapter
5 and this pressure was maintained for all the subsequent experimental tests.

To evaluate the performances of NFX and VNF1 at different permeate recoveries,
tests were conducted in an "Open Loop" configuration. In this setup, the permeate
solution was collected in a separate tank meanwhile the retentate solution continued
to be recirculated back to the feed solution, simulating multiple NF modules in series.
Permeate recovery was assessed within a range from 0 to 80%. During the entire test,
50 mL samples of both the feed solution and permeate solution were taken at
permeate recovery steps of 10%, with continuous monitoring of conductivity, pH,
and temperature. At the conclusion of each test, the membrane was subjected to
cleaning with de-ionized water twice, following these conditions: (i) 10 bar and
cross-flow velocity of 1 m/s for 30 min, and (ii) 32 bar and cross-flow velocity of 1

m/s for 2 hours.
6.1.5 Analytical procedure and data analysis of samples
For the analysis of aqueous samples (feed, retentate, and permeate) taken during the

tests, the concentration of CI- and SO4* was determined using IC with a DIONEX
AQUION system. Specifically, a DIONEX-ADRS 600 column and 25 mM KOH as
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the mobile phase were employed for this analysis. The concentration of HCO3™ was
determined through automatic titration using a Mettler Toledo T70 - Rondolino
instrument, with a standardized 1 mM HCI solution as the titrant.

The concentration of other elements in solution was achieved using spectrometry,
specifically the 7800 inductively coupled plasma mass spectrometry (ICP-MS) and
5100 inductively coupled plasma optical emission spectrometry (ICP-OES)
instruments from Agilent Technologies. Conductivity and pH of the samples were
directly measured during the tests using a pH-meter (CRISON GLP-22) and a
conductivity meter (CRISON GLP-31).

To assess the performance of NFX and VNF1 in this specific study, four indicators
were determined. Two of them are the ion Rejection and the permeate flux which
were described previously: More precisely, they were calculated according to
Equation 26 (Paragraph 4.1.5) and Equation 28 (Paragraph 5.1.4), respectively.
Since tests were conducted employing an “Open Loop” configuration, the feed
solution concentration increased during the experiments, thus the concentration

factor CF [-] of element i was calculated (see Equation 36):

C .
CFL' = —nt
Crio

(36)

Where C,.; is the concentration of element i in the retentate solution at a certain fixed
permeate recovery [mg/L] and Cy; , is the feed concentration of that element at the

beginning of the experiment. Finally, the permeate recovery p.r [%] was determined

according to Equation 37:
V
p.r =-L%100 (37)
Ve

Where V}, and V; are the volume [L] of the permeate solution.
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6.2  Modelling

6.2.1 NF multi-scale technical model

To conduct a technical analysis of NF that treats seawater or SWRO brine the SEDF
model was employed. The model was previously described in Chapter 5 (more
precisely, refer to Paragraph 5.1.5). However, in this study, the membrane
permeances to species, that were achieved in the previous study (Paragraph 5.2.4),
were used to describe the flux of the species across the membrane, accounting for
ion diffusivity inside the membrane, partition coefficients, and membrane properties,
among others. Therefore, the SEDF model, based on the previously computed
permeances to species, was used to predict the membrane behaviour (but also
validate the SEDF model used for the flat-sheet configuration) and carry out the

techno-economic assessment.
6.2.2 MRC technical model

To recover Mg(OH)(s) from the NF treated seawater/SWRO brine, a downstream
reactive crystallizer was considered. Simple mass balance equations (see Equations
39a)-c)) of Table 30 were utilized to determine the final quantity of Mg(OH)(s)
produced. The MRC is a plug flow reactor in which magnesium is recovered from
the feed solution (i.e., NF retentate) in the form of solid Mg(OH).(s) through direct
mixing with an alkaline reactant: an aqueous solution of NaOH. For the precipitation
of Mg(OH)2(s) (which occurs at a reaction pH 10.4 [100]), one magnesium ion of
the brine must react with two hydroxyl ions from the alkaline solution. It is
noteworthy that at pH < 10.4 all bicarbonates precipitate as calcium carbonates,
potentially compromising the purity of recovered Mg(OH)2(s). The mass flow rate
Qnaon [ka/h] of the required alkaline solution was calculated according to Equation
38a). More precisely, the calculation of Q.0 took into account two contributions:

(i) the molar flow rate of magnesium Qyqq rg2+ [Mol/h] multiplied by the effective
conversion rate of magnesium %, 42+ and (ii) the quantity of NaOH employed in

precipitating the bicarbonates present in the brine. Here, Q4 is the volumetric feed
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flow rate [m*h] and Creeqnco,- is the molar concentration [mol/m®] of the
bicarbonates in the brine. The conversion factor was assumed to be equal to 100%
operating at pH > 10.4 (since at this precise pH, a maximum conversion of 98% was
previously observed in literature [60]). Additionally, the flow rate Qyq0n depends
on the operating molar concentration of NaOH Cy,oy (assumed to be 1 mol/L in this
study). Simple mass balances (Equations 38b and 38c)) were further used to compute
the total outlet volumetric flow rate Q,,; and the mass flow rate of Mg(OH)2(s)
produced My gon), Where MWy, 40n), is the molecular weight of Mg(OH)a(s)
[g/mol].

Table 30: Main mass balance equations of the MRC unit.

MRC Mass Balance Equations

2Qfeeqmg2t*Yopmg2+tQfeed*Creed,HCOs™

OQnaon = Croon (38.2)
Qout = Qnaon + Qfeed (38.b)
Mugom, = Qreeamg? * Yomgz+ * MWygon), (38.0)

6.2.3 NF Economic model description

It is worth noting that the primary focus of this study is to assess the economics of
NF (and not the MRC) utilizing the NFX or VNF1 membrane for seawater/SWRO
brine valorisation. For this purpose, the Verberne cost model was employed [266]:
the same model employed in the techno-economic analysis of Chapter 1. For the
sake of brevity, all equations are reported in Appendix B. Nevertheless, it is
noteworthy that the economic analysis of this specific study was conducted for a
potential industrial plant with a feed capacity of 100 m>/h, consisting of 8040 NF
modules (37.4 m? each), and operating for 8000 hours per year. Furthermore, the
values of all the parameters (i.e., discount factor, depreciation period) are the same
as those adopted for the analysis in Chapter 1. The only updated values concerned

the chemical engineering price index CEPCI (= 803.2 referred to year 2023 [267]).
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In addition, since the analysis concerned NFX and VNF1 membranes and not
NF270, it was also important to update the specific prices of the NF modules: 1047
€/NFX module and 646 €/VNF1 module (costs provided by membrane suppliers).

6.2.4 Technical and Economic performance indicators

As mentioned earlier, the primary objective of this study is to determine the operating
conditions of NF that maximize the revenue from selling magnesium. The literature
indicates that magnesium is commonly recovered from seawater/brine in the form of
Mg(OH)a(s). However, for any resource, the purity of Mg(OH). is a crucial factor
that influences its market value. In the case of Mg(OH)a(s), the main compound that
can potentially compromise its purity is calcium carbonate (CaCOs(s)). Therefore,
two key performance indicators were assessed: (i) the Mg/HCOs™ selectivity of the
NF membrane (see Equation 39) and (ii) the resulting purity of Mg(OH)a(s)

precipitated via a possible downstream crystallizer (see Equation 40):

RHcos~
5M92+/HC03_ = (1 - RMg23+> (39)
. — (__%mgoom,
PurltYMg(OH)z - (QMg(OH)2+QCQCO3) (40)

Where Ryco,- and Ry g2+are the membrane rejections of HCOs and Mg?,
respectively and Q is the mass flow rate [kg/h]. Moreover, to evaluate the economics
of the NF and the potential revenue related to Mg(OH)2(s) recovery, the sum of
normalized capEX and opEX along with the annual revenue of Mg(OH)x(s) were

calculated according to Equations 41 and 42, respectively:

Ncosts = NcapEXyr + NopEXyp (41)

Reng(OH)z = QMg(OH)Z[t;_:] . PT‘iceMg(OH)z (42)
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Where Revyg(om, IS the revenue [€/yr], QMg(OH)Z[t;_:] is the annual mass flow rate

[ton/yr] and Priceygom), is the specific price of Mg(OH).(s) (i.e., 1500 €/ton
[268]).

6.3 Results and Discussion

6.3.1 NFX and VNF1: membrane characterization

FTIR analysis was performed to examine the chemical composition of the two
commercial NF membranes, namely VNF1 and NFX. Both membranes displayed
identical spectral patterns in the substrate layer, as depicted in Figure 55a). The
achieved substrate spectra indicated a polyester-based material, specifically
polyethylene terephthalate (PET), supported by the presence of carbonyl stretching
(1711 cm™), carbon monoxide stretching (1341, 1410 c¢m™), deformation of
terephthalate residues (1242 cm™), a methylene group (1094 cm™), and an aromatic
ring (846, 871, 970 cm™) [269].

In Figure 55b), the spectra of the active layer, including the intermediate layer,
provided evidence that both membranes comprised two major components:
polysulfone and polyamide. It was possible to identify the polysulfone layer via
various characteristic vibrations, such as aromatic in-plane ring bend stretching
(1586, 1505, 1488 cm™"), C-H symmetric deformation of C(CH3), (1365-1385 cm™),
asymmetric SO, stretching vibration (1294-1323 cm™), C-O-C asymmetric
stretching vibration in the aryl-O-aryl group (1241 cm™), symmetric SO, stretching
vibration (1151-1170 ¢cm™), and in-phase out-of-plane hydrogen deformation of a
para-substituted phenyl group (833 cm™) [270]. Additionally, the presence of
polyamide derivatives in the active layer was identified due to characteristic spectral
features, precisely the amide I band at 1646 cm™ and the amide 1I band at 1542 cm’
!, associated with the in-plane bending of N-H and the stretching vibration of N-C
within the —CO-NH-group, providing compelling evidence of polyamide
components within the membrane [271]. Moreover, the FTIR spectra of VNF1 and

Carmelo Morgante 186



Section 3

NFX membranes revealed the presence of specific functional groups, including
hydroxyl (OH), amino (NH), and carbonyl (CO). Furthermore, both the support and
active layers exhibited the presence of aromatic and heteroaromatic structural
elements within their polymeric chains, as indicated by prominent bands in the
spectral regions of 3800-3000 cm™ and 1600-1300 cm™ [271]. It is worth noting,
however, that the peaks in the range of 3800-300 cm™! could also be associated with
the presence of water molecules inside the membrane.

Whereas VNF1 and NFX membranes shared similarities in terms of substrate and
active layer, a notable distinction aroused in the active surface spectra. VNFI
presented two further peaks at 1042 cm” and 921 cm™ compared to NFX,
corresponding to sulfonate and C-N bonds. The existence of these hydrophilic
functional groups likely contributed to a higher permeability for VNF1. Therefore,
the differences in the composition of the active layer, particularly the additional
modifications in VNF1, may provide an explanation for the wvariations in

permeability and selectivity observed between VNF1 and NFX.
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Figure 55: a) FTIR analysis of substrate of NF membranes (VNFI and NFX),; b) FTIR
analysis of active layer of NF membranes (VNF1 and NFX).

Additionally, SEM analyses were performed to assess the morphology of the two NF
membranes, and the results are presented in Figure 56. The front section images of

the substrate for both membranes (Figures 56a) and d)) visually confirmed the
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microfiber structure within the PET polymer matrix, consistent with earlier
observations from the FTIR spectra. Regarding the substrates, cross-sectional
imaging (see Figures 56c) and f)) further emphasized the dense and asymmetric
porous structure of the substrate. This structure is indicative of the free volume
phenomena inherent in polymer materials, coupled with the presence of an extremely
thin, non-porous active layer.

Frontal images of the active surfaces of VNF1 and NFX are illustrated in Figures
56b) and 56e), respectively. In Figure 56e), NFX displayed numerous round
structures randomly distributed on the surface, a feature not observed on the VNF1
surface. Such differences in surface morphology could influence the contact angle,
a key parameter in surface wettability. In general, contact angles below 90° indicate
favourable water interaction, signifying that the surface is highly wettable, and there
is strong liquid-solid surface adhesion. Lower contact angle measurements typically
suggest greater water affinity and improved hydrophilicity behaviour.

In the specific case of the contact angle analysis for the two NF membranes, both
displayed notably low values, demonstrating high hydrophilicity. VNF1 showed a
slightly higher statistical contact angle of 36° compared to NFX at 30°. This
difference could be associated with an increased filtration surface area, potentially
contributing to the higher permeability observed in VNF1 compared to NFX.

Substrate Active layer

Cross-section

VNF1

NFX

Figure 56: Front section of substrate (VNF'1 (a) and NFX (d)); Front section of active layer
and water contact angle (VNF1 (b) and NFX (e)),; Cross-section (VNF1 (c) and NFX (f)).
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Lastly, streaming potential results are depicted in Figure 57. Both NFX and VNF1
exhibited their isoelectric points (IEP) at similar pH values (3.48 and 3.52,
respectively). Considering the polyamide chemistry of both membranes, at pH
values below the IEP, the carboxylic and amine groups were protonated (R-COOH
and R-NH3"), imparting a positive charge to the membrane. In contrast, at pH values
above the IEP, both carboxylic and amine groups were de-protonated (R-COO™ and

R-NH>»), resulting in a negatively charged membrane surface.
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Figure 57: Zeta potential trends with pH of NFX and VNFI.

6.3.2 Mass transfer model validation

After the initial characterization of the two NF membranes, which yielded crucial
insights into their potential performance, both membranes were subjected to rigorous
experimental testing. Operating at an optimal pressure of 20 bar, the performance of
each membrane was assessed across various permeate recovery rates, ranging from
0% to 80%, in two specific scenarios: (i) seawater treatment and (ii)) SWRO brine
treatment. The findings of all examined scenarios (i.e., NFX with seawater, NFX
with SWRO brine, VNF1 with seawater, VNF1 with SWRO brine) are reported in

the subsequent sections.
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These findings were complemented by results obtained from the application of the
SEDF mass transfer model, which was employed to effectively assess and interpret
the data. Exploiting the results achieved via the SEDF model, a comprehensive
techno-economic evaluation of the two membranes was performed, with a precise
focus on their performance in seawater and brine treatment processes. The main
scope of this assessment was to identify the optimal operational parameters that
would maximize revenue generated from the recovery of Mg(OH),(s) via the NF

process.

6.3.2.1 NFX treating seawater

Figure 58 presents the experimental rejection values attained for both major and
minor components present in seawater (a and b, respectively) and their
corresponding concentration factors (c and d, respectively) as the permeate recovery
increases from 0% to 80%, treating seawater with the NFX membrane. Furthermore,
the experimental data points were presented along with the simulation predictions of
the SEDF model (represented by lines).

At a consistent operating pressure of 20 bar, the NFX membrane demonstrated
significantly higher rejections for multivalent ions (>91%) compared to monovalent
ions (<41%). Notably, SOs* exhibited greater rejection than Mg*" and Ca?'.
Specifically, at a permeate recovery of 10%, the rejections for multivalent ions were
as follows: SO4 (99.8%) > Mg?" (99.2%) > Ca*" (97.3%). In contrast, major
monovalent ions displayed much lower rejection values, following this decreasing
order at 10% permeate recovery: Cl" (38%) > Br (35%) > K" (32%) > Na" (28%).
These results can be attributed to electrostatic effects between the membrane and
solution. As outlined in Paragraph 6.3.1, the NFX membrane featured amine and
carboxylic functional groups, which could ionize based on the solution pH. At the
solution pH (of 6.5), carboxylic groups were ionized (R-COO") while amine groups
were de-protonated (R-NH>), resulting in a negatively charged surface that repelled

anions and facilitated the transport of cations in line with Donnan exclusion [175].
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However, the preferential rejection of multivalent ions cannot be solely explained by

Donnan exclusion.

The dielectric exclusion theory posits that the variance in dielectric constants

between seawater and the polymeric matrix of the membrane causes ions in the feed

solution to lose their hydration shell. This loss is proportional to the square of the

absolute charge of the ions [241,255]. Consequently, single-charged ions were less

repelled than their double-charged counterparts, offering an explanation for the

observed selective rejection of multivalent ions.
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With the increasing permeate recovery, a declining trend in ion rejections was
observed (refer to Figure 58a)). A moderate decrease was witnessed for multivalent
ions from 10% to 80% permeate recovery, with SO4* declining from 99.8% to
97.3%, Mg*" from 99.2% to 96.0%, and Ca*" from 97.3% to 91.0%. In contrast, a
more significant decline was observed for monovalent ions: Cl™ from 38% to 20%,
Br from 35% to 20%, K™ from 32% to 14%, and Na* from 28% to 7.0%. This
declining behaviour of ion rejections with increasing permeate recovery stemmed
from the increased concentration at the retentate stream as permeate recovery
increased. This concentration increase at the feed side could lead to (i) higher
concentrations at the membrane surface, resulting in a greater diffusive flux across
the membrane, and (ii) a lower permeate flux, leading to lower dilution of the
permeate side. The disparity in the slope between multivalent and monovalent ion
rejections was consistently explained by the impact of dielectric exclusion.
Regarding the minor elements in seawater, Figure 58b) reports the rejections of B,
Li*, Rb*, and Sr** for the case of permeate recoveries ranging 10%-80%. Notably,
Sr?* exhibited high rejections with a smooth, gradual decline from 98.6% (10% p.r)
to 94.6% (80% p.r), mirroring the trend observed for major elements. Declining
slopes were also observed for the remaining trace elements: B (2% to 0.1%), Li*
(21% to 6%), and Rb* (21% to 11%). It is important to highlight the presence of B
as a neutral species (H;BOs(aq)), unaffected by membrane electric fields, allowing
to permeate freely across the membrane, with rejections decreasing from 2% to
0.07%.

Figures 58c) and 58d) illustrate the corresponding concentration factors for major
and minor components, respectively. It is worth mentioning that multivalent ions
(SO4*, Mg?*, Ca*, and Sr?") exhibited concentration factors exceeding 4.9 times at
an 80% permeate recovery. Conversely, for monovalent ions, both in major and
minor quantities in seawater, a maximum concentration factor lower than 2 was
reached. This behaviour highlighted the potential of NFX to (i) concentrate specific

high-value minerals such as Mg?* and (ii) selectively remove monovalent species.
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Regarding model validation, the SEDF model reliably predicted the experimental
trends. However, notable differences were witnessed for bicarbonate ions, where the
model tended to predict rejections higher than those observed experimentally (up to
20%). Such higher discrepancies were related to the reasons discussed in Paragraph
5.2.2. However, another reason lied in the fact that the membrane permeances are a
function of concentration, therefore it was expected to have higher discrepancies as
the solution got concentrated. Additionally, slight variations were noted for Li* and
Rb", with the model predicting rejections up to 10% and 5% higher in both cases.
Minor differences were seen for B and major monovalent elements. It is important
to highlight that the set of membrane permeances was achieved employing a flat-
sheet configuration. Despite these small discrepancies, the model effectively
captured the experimental trend. These differences may be attributed to (i) the lower
cross-flow velocity in the spiral-wound modules and (ii) fluid distribution, which
could lead to an uneven distribution of concentration polarization and, consequently,
lower experimental rejections [248].

It is worth noting that the NFX membrane exhibited significantly higher rejections
for divalent elements compared to common commercial NF membranes when
treating seawater, such as NF270 and DL. For instance, at the same operating
conditions, average Mg?" rejections were reported to be <80% and 68% for NF270
and DL, respectively, as previously documented by Su et al. [170].

6.3.2.2 NFX treating desalination brine

In addition to seawater treatment, the rejection efficacy of the NFX membrane was
evaluated using SWRO brine as the feed solution. Figure 59 presents the
experimental rejection values attained for major and minor components (a and b,
respectively) and their corresponding concentration factors (c and d, respectively)
with increasing permeate recovery from 10% to 80% during the treatment of SWRO
brine using NFX. Similar to the previous scenario, the data generated from the SEDF

model are plotted as continuous lines.
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Comparing Figures 58a) and 59a), it is possible to observe that there were no
important differences in the NFX rejections for major multivalent ions when treating
seawater and SWRO brine across the range of permeate recoveries (0% to 80%). For
direct comparison of the two scenarios (NFX seawater and NFX SWRO brine)
consult Figure 75 in Appendix C. Specifically, from 10% to 80% permeate recovery,
the rejections for major multivalent ions when treating SWRO brine experienced
declines as follows: SOs* (99.3% to 97.9%), Mg?" (99.1% to 97.0%), and Ca*
(96.6% to 89.9%). This decline mirrored the pattern observed in the previous
scenario, indicating that the NFX membrane could effectively recover Mg*" even
when treating a more concentrated feed solution, showcasing successful outcomes.
For major monovalent elements, their rejections at a fixed permeate recovery were
lower than those observed in the seawater treatment scenario. This can be attributed
to the higher salt content of the feed solution, leading to increased diffusive ion
transport, resulting in more salt permeation and lower rejections. This effect did not
impact multivalent ions due to the strong electrostatic effects (Donnan and dielectric
exclusions). However, similar drops in major monovalent ion rejections were
observed when comparing Figures 58a) and 59a), with increases in permeate
recovery from 10% to 80%: C1" (27% to 12%), Na* (17% to 2%), K* (30% to 17%),
and Br (25% to 12%). The same considerations made for the previous scenario
regarding the main reasons behind the membrane behaviour with respect to
multivalent and monovalent ions can be applied for this scenario too.

Furthermore, Figure 59c¢) illustrates the corresponding concentration factor of the
major components. Compared to the previous scenario, comparable concentration
factors were achieved for multivalent ions (SO4>, Mg**, Ca®") and monovalent ions
(CI', Na*, K*, Br), achieving factors up to 4.9 and 1.6, respectively. As for the trace
elements (see Figure 59b)), high rejections with a smooth decrease with the increase
of permeate recovery were attained for Sr**: from 98.3% (10% p.r) to 95.0% (80%
p.r). However, the rest declined more significantly compared to Sr**: B (11% to 6%),

Li" (18% to 6%), and Rb" (37% to 19%). The same trend observed for the
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concentration factors of the major components was achieved for the trace elements
too (see Figure 59d)).

In summary, the results from the NFX membrane testing indicated that the treatment
of SWRO brine could be more advantageous than treating seawater. This conclusion
stems from two key observations: firstly, there was no reduction in Mg?* rejections
at a fixed permeate recovery rate, despite the higher Mg?* feed content; and secondly,
a decrease in the rejection of monovalent ions was noted. These factors suggest a

potential for higher selectivity and recovery of Mg?* when valorising SWRO brine.
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Recovery.
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Furthermore, the model tended to predict higher rejections of bicarbonate ions than
what was experimentally observed. While the model captured the trends for
multivalent elements with a good agreement, it predicted rejections for monovalent
elements being lower than those experimentally observed. Additionally, the model
anticipated a decline in rejections as the percentage of permeate recovery increased.
Moreover, when comparing the performance of the NFX membrane to other
common and modified commercial NF membranes under similar operating
conditions, the NFX membrane demonstrated enhanced bivalent/monovalent
selectivity. Specifically, in contrast to NF270, Fortilife, and PRO-XS2, which
exhibited lower Mg*" rejections (60%, 75%, and 83%, respectively), the NFX
membrane showcased superior performance. Similarly, the rejection values for Na+
were similar, if not higher, in the case of the NF270, Fortilife and PRO-XS2 (21%,
15% and 27%, respectively) [272].

6.3.2.3 VNF1 treating seawater

Similar to the evaluation conducted for NFX, the performance of VNF1 was assessed
in treating seawater. Figure 60 illustrates the experimental rejection values for both
major and minor components (a and b, respectively) and their corresponding
concentration factors (c and d, respectively). These values were observed during the
gradual increase in permeate recovery from 10% to 80% when utilizing VNF1 for
seawater treatment. The continuous lines in Figure 60 represent the data derived from
the SEDF model.

The principles governing transport phenomena across the NFX membrane, as
discussed in Paragraph 6.3.2.1, are applicable to the VNF1 membrane. Although
both membranes present ionogenic carboxylic and amine groups, conferring a
negative surface charge at the working pH, notable differences emerged when
comparing NFX and VNF1.

Firstly, a comparison between Figures 58a) and 60a) can be done. For direct

comparison of the two scenarios (NFX seawater and VNF1 seawater) consult Figure
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76 in Appendix C. The comparison reveals that, unlike the NFX membrane, the
VNF1 membrane displayed significantly lower rejection drops when increasing
permeate recovery from 10% to 80%. This characteristic indicated a more robust
performance during operation. Specifically, rejections remained consistently high for
SO+ (99.8% to 99.7%) and Mg*" (99.6% to 99.0%), with a gradual drop observed
for Ca*" (96.1% to 93.9%). Another distinction was the higher major monovalent
rejections of VNF1 at a fixed permeate recovery rate, suggesting a lower selectivity
than NFX between multivalent and monovalent ions abundant in seawater. The
rejection drops were slightly bigger for C1"(39% to 20%), Na* (30% to 6%), K* (36%
to 11%), and Br™ (39% to 24%).

The greater rejection drops between NFX and VNF1 during seawater treatment
translated into higher concentration factors (see Figure 60c)). At a permeate recovery
rate of 80%, the major multivalent ions could achieve an average concentration

factor of 5, while the major monovalent ions could be concentrated by a factor of 2.
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Figure 60: Performance of VNF1I treating seawater: a) Major lon rejections vs. Permeate
recovery, b) Minor Ion rejections vs. Permeate recovery, c) Concentration factor of Major
ions vs. Permeate Recovery, d) Concentration factor of Minor ions vs. Permeate Recovery.

Concerning the trace elements, VNF1 consistently demonstrated significant
rejections of Sr?* across the entire range of permeate recoveries, ranging from 99.2%
to 98.1%. Similar to major monovalent ions, the other trace elements exhibited
higher rejections and comparable rejection drops/concentration factors when
comparing VNF1 performance to that of NFX (refer to Figures 60b) and 60d)). The
experimental results from seawater treatment using VNF1 led to two key
conclusions: (i) VNF1 exhibited slightly higher concentration factors and lower
rejection drops for multivalent ions compared to NFX, and (ii) higher rejections and

rejection drops for monovalent ions were observed with VNF1 than with NFX. This
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suggests that VNF1 has a lower multi/monovalent selectivity than NFX, potentially
impacting the purity of Mg(OH)x(s) recoverable from a downstream crystallizer.

In terms of the SEDF model predictive capabilities, deviations between the model
and experimental data were notably lower than in previous cases. The model
predicted higher bicarbonate rejections, reaching up to 10%, and successfully
anticipated the observed decay of rejections. However, it is noteworthy that the
experimental data did not confirm the predicted decay for Ca*" and Sr?*, as indicated
by the model.

Furthermore, despite VNF1's higher permeability and lower selectivity compared to
NFX, VNF1 still demonstrated superior bivalent rejections when compared to

common NF membranes like NF270 and DL [170].

6.3.2.4 VNF1 treating desalination brine

The last scenario experimentally examined pertained to the performance of VNF1 in
treating SWRO brine. In Figure 61, the achieved experimental rejection values for
major and minor components (denoted as a and b, respectively) and their
corresponding concentration factors (represented by ¢ and d, respectively) are
illustrated. These values were observed during the increment of permeate recovery
from 10% to 80% while treating SWRO brine with VNF1. Similar to the previous
cases, discrete points on the graph represent the experimental data, while the lines

depict the model derivation.
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Figure 61: Performance of VNF1 treating SWRO brine: a) Major lon rejections vs.
Permeate recovery; b) Minor lon rejections vs. Permeate recovery; c) Concentration factor
of Major ions vs. Permeate Recovery, d) Concentration factor of Minor ions vs. Permeate
Recovery.

For SO4* and Mg*", two observations stand out: (i) rejections were lower compared
to seawater treatment, likely due to an increased screening effect on charge resulting
from elevated feed concentrations, and (ii) rejection drops were more moderate
compared to NFX when treating SWRO brine. A direct comparison between the
scenarios VNF1 seawater and VNF1 SWRO brine can be observed in Figure 77 in
Appendix C whilst a direct comparison between the scenarios NFX SWRO brine
and VNF1 SWRO brine can be observed in Figure 78 in Appendix C. Specifically,

passing from seawater to brine, VNF1 rejections decreased from 99.1% and 96.3%
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to 98.6% and 94.6% for SO4> and Mg*", respectively. This suggested that VNF1 is
more sensitive to variations in feed concentration than NFX.

In all four scenarios, the lowest Ca®" rejections were witnessed with VNF1 treating
SWRO brine. From a permeate recovery rate of 10% to 80%, Ca®" rejections
decreased from 88.9% to 81.0%. In contrast to major multivalent components, the
monovalent ions exhibited similar rejections and rejection drops compared to the
NFX SWRO treatment scenario: CI" (27% to 14%), Na* (15% to 6%), K* (25% to
14%), and Br (26% to 15%). Regarding the corresponding concentration factors
(refer to Figure 61c¢)), the lowest values were recorded: a maximum concentration
factor of 4.8 for SO4* and Mg*" at 80% permeate recovery, and an average value of
1.4 for the monovalent ions at the same permeate recovery rate.

The reduction in rejection rates for trace elements found in SWRO brine was as
follows: Sr** (97% to 93%), B (4% to 2%), Li" (20% to 8%), and Rb* (31% to 16%).
Additionally, Figure 61d) illustrates the corresponding concentration factors of these
trace elements, reaching up to 4.5 for Sr** and a maximum value of 1.6 for the
monovalent ions at 80% permeate recovery. In evaluating the last case scenario
(VNF1 with SWRO brine), it is noteworthy that the lowest rejections were observed
for multivalent ions compared to the three preceding scenarios. Despite the "low
recovery rate" of Mg, the higher Mg?* feed content, and increased selectivity in
seawater treatment via VNF1, this scenario could potentially be more economically
attractive than the previous one.

Regarding the SEDF model, it accurately predicted the experimental trends.
Significant disparities were observed for carbonates, with the model predicting
rejections 10% higher than those observed experimentally. For calcium, the model
anticipated rejections 5% higher than the experimental observations. In the case of
lithium, predicted rejections were 10% higher than the actual experimental results.
Moreover, the model appropriately captured the decrease in rejections as permeate

recovery increased.
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In addition, similar to the NFX SWRO brine scenario, the VNF1 membrane
outperformed other commercial and enhanced NF membranes in terms of

bivalent/monovalent selectivity (i.e., NF270, Fortilife, and PRO-XS2 [272]).

6.3.3 Techno-economic assessment

In the techno-economic assessment, four distinct scenarios were examined, each
featuring the utilization of a specific NF membrane and addressing a particular feed
solution:

1) NFX treating seawater;

ii) ii) NFX treating SWRO brine;

i) VNF1 treating seawater;

iv) VNF1 treating SWRO brine.

The techno-economic analysis involved evaluating the four indicators (as mentioned
in Paragraph 6.2.4) across an extensive operating pressure range (8 — 30 bar) and

permeate recovery levels ranging from 10% to 80%.

6.3.3.1 NFX treating seawater

The outcomes of the techno-economic assessment for a potential industrial plant
(with a feed capacity of 100 m?/h) utilizing NFX 8040 modules to treat seawater are
illustrated in Figures 62a)-d). Specifically, the figures depict the impact of key
operating variables (pressure and permeate recovery) on Mg?*/HCO;" selectivity, the
purity of recovered Mg(OH),(s), NF treatment cost, and revenue associated with the
recuperated Mg(OH),.

Figure 62a) depicts the variation in Mg*/HCOs™ selectivity of the NFX membrane
when exposed to seawater. Notably, the membrane selectivity gradually increases
with a simultaneous rise in permeate recovery and a reduction in operating pressure.
Specifically, increasing the operating pressure enhances membrane rejections for

both Mg?" and HCOs". However, the selectivity decreases due to an increase in
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HCO; rejection while Mg** rejections remain consistently high at elevated
pressures.

Concerning the impact of permeate recovery, an increase results in a decrease in
single-ion rejections due to heightened feed solution concentration. Consequently,
the combined effects of operating pressure and permeate recovery cause selectivity
to surge from 0.07 (30 bar at 10% recovery) to a more than tripled value, reaching
0.33 (8 bar at 80% recovery). Given that the purity of potentially recovered
Mg(OH)a(s) from a downstream crystallizer depends on membrane selectivity, a
similar trend was observed for purity (refer to Figure 62b)). However, unlike
selectivity, the increase in Mg(OH)x(s) purity was more limited, ranging from 94.6%
(30 bar at 10% recovery) to 95.9% (8 bar at 80% recovery).

This limitation was attributed to the higher concentration of Mg*" in seawater
compared to HCOs', resulting in minimal variations in the mass recovered for the
two ions due to rejection changes. Moreover, a purity range exceeding 95% was
identified, as this value represents the minimum purity required for commercial
applications [273] (e.g., low-grade flame retardants for subway seats or car materials
[268] with a specific price of 1500€/ton). It is important to note that the SEDF model
predicted higher carbonate rejections than those observed experimentally, potentially
expanding the range where the 95% purity threshold could be achieved.

In terms of economic considerations, Figure 62c) illustrates the total sum of
normalized capital expenditure (capEX) and operational expenditure (opEX) in
relation to both operating variables, taking into account the seawater feed capacity
of the plant. The lowest costs (0.77 €/m?) are attained when the NF plant operates at
the minimum operating pressures and permeate recoveries (8 bar and 10% recovery).
However, the overall trend of total normalized costs does not exhibit a linear
relationship with both operating conditions. The highest costs are incurred at both
low and high operating pressures with 80% permeate recovery (0.98€/m* and
1.02€/m>, respectively). This outcome results from a combination of factors.
Notably, NopEX increases with recovery and operating pressure due to larger

electricity and chemical requirements. Regarding NcapEX, civil, mechanical, and
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membrane investments rise with increasing recovery and decreasing operating
pressure, given their direct dependence on the number of NF modules constituting
the plant. In contrast, electro-technical investments increase exclusively with the rise
in operating pressure. In addition, since NcapEX surpass NopEX, the trend of total
costs is predominantly influenced by normalized capital costs (see Figure 79 in
Appendix C).

Finally, Figure 62d) underscores that the maximum revenue for Mg(OH)(s) (3.716
M¢€/yr) can be reached under intermediate operating conditions (16 bar and 50%
recovery). This can be explained by the combined effects of purity and recovery.
Larger Magnesium recoveries are attained at lower permeate recoveries (larger
retentate flow rates), while purity depends on higher pressures and greater permeate

recoveries, as mentioned earlier.
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Figure 62: a) Mg”*/HCOj5 selectivity [-], b) Mg(OH)> purity [%], ¢) NcapEX + NopEX
[€/m’] and d) Mg(OH), revenue [M€/yr] at pressure (8-30 bar) vs. permeate recovery (10-
80%) when treating seawater with NFX membrane.
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6.3.3.2 NFX treating SWRO brine

Figures 63a)-63d) present the techno-economic assessment results of the NFX
membrane when processing SWRO brine. Similar considerations to those discussed
in the seawater treatment scenario can be applied here. However, compared to the

previous scenario, notable differences in the resulting values emerge in this case.
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Figure 63: a) Mg>*/HCOj selectivity [-], b) Mg(OH) purity [%], ¢) NcapEX + NopEX
[€/m’] and d) Mg(OH), revenue [M€/yr] at pressure (8-30 bar) vs. permeate recovery (10-
80%) when treating SWRO brine with NFX membrane.

Firstly, dealing with a more concentrated feed solution than seawater resulted in
reduced ion rejections. While the decrease in Mg?* rejection was limited, HCO5’
rejection saw a more significant reduction, leading to higher selectivity values than

in the previous scenario. As illustrated in Figure 63a), selectivity could reach as high
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as 0.76 (at 8 bar and 80% permeate recovery), more than double the value achieved
when treating seawater. However, this elevated selectivity did not uniformly translate
into proportionally higher Mg(OH)x(s) purity across the wide range of operating
pressures and permeate recoveries.

For low permeate recoveries, a higher bicarbonate content resulted in lower purity
values compared to the seawater treatment scenario. As the pressure increased and
50% water recovery was attained, Mg rejection became sufficiently high, unlike that
of bicarbonates, leading to purities surpassing those achieved when treating
seawater. Purity values as high as 97% were realized at 8 bar and 80% permeate
recovery.

The overall trend of total normalized costs showed no significant difference between
seawater and brine treatment. Undoubtedly, both capital and operating costs
experienced an increase when transitioning from seawater to brine treatment.
However, the rise in NcapEX exceeded that of NopEX, primarily influenced by the
growing number of required NF modules due to the lower permeate flux (see Figure
80 in Appendix C). This behaviour resulted in the attainment of the highest
normalized costs (1.25 €/m* for SWRO brine > 1.02 €/m? for SW) only at 8 bar and
80% recovery (refer to Figure 63¢)), in contrast to the previous scenario where the
highest values could be achieved at both low and high operating pressures (see
Figure 63c¢)).

Furthermore, Figure 63d) highlighted increased revenues when treating brine,
primarily attributable to the higher mass recovery of magnesium. The peak revenue

(5.683 M€/yr) was observed at 23 bars and 70% permeate recovery.

6.3.3.3 VNF1 treating seawater

Similar to the NFX membrane, the performance of the VNF1 membrane was
evaluated and is specifically presented in Figures 64a)-d). As previously noted,
VNF1 exhibited higher permeability than NFX, resulting in a generally lower

selectivity between multivalent and monovalent ions, as depicted in Figure 64a).
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However, the selectivity of VNF1 was to such an extent lower that achieving a purity
of Mg(OH)x(s) of 95% was not possible across the entire range of operating
conditions considered in this study. Consequently, no revenue was generated. While
the recovered Mg(OH)x(s) might have found application in wastewater
neutralization, the specific market price for such an application would likely be too
low (< 500 €/ton) to warrant consideration in the analysis.

Moreover, the total normalized costs were lower when using VNF1 compared to
NFX (refer to Figure 64c)). This reduction was primarily attributed to: (i) the lower
number of NF modules required due to higher membrane permeability and (ii) the

lower cost of the VNF1 module in comparison to the NFX module.
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Figure 64: a) Mg>*/HCOj5 selectivity [-], b) Mg(OH) purity [%], ¢) NcapEX + NopEX
[€/m’] and d) Mg(OH), revenue [M€/yr] at pressure (8-30 bar) vs. permeate recovery (10-
80%) when treating seawater with VNF1 membrane.
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6.3.3.4 VNF1 treating desalination brine

The analysis of VNF1 treating SWRO brine, as illustrated in Figures 65a)-d),
revealed that VNF1 faced challenges in achieving high-purity Mg(OH)2(s) also
when treating desalination brine. Purity exceeding 95% was only attainable when
operating at 80% water recovery and a maximum operating pressure of 10 bar, as
depicted in Figure 65b). This condition implied that potential revenue (4.293 M€/yr)
could be realized solely under these specific operating conditions.

Additionally, the total normalized costs of VNF1 treating SWRO brine were slightly
lower compared to NFX with brine, for the same reasons outlined in Paragraph
6.3.3.3. Specifically, at 10 bar and 80% permeate recovery (the only operating
conditions where revenue was achieved), the costs were 1.03 €/m?® (VNF1) as

opposed to 1.25 €/m* (NFX).
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Figure 65: a) Mg>*/HCOjs selectivity [-], b) Mg(OH); purity [%], ¢) NcapEX + NopEX
[€/m’] and d) Mg(OH), revenue [M€/yr] at pressure (8-30 bar) vs. permeate recovery (10-
80%) when treating SWRO brine with VNF1 membrane.

6.3.4 Global techno-economic overview of the 4 scenarios

Following the analysis of the preceding four case scenarios, Figure 66 illustrates a
comparative examination of the techno-economic performances of NFX and VNF1
in the valorisation of seawater and brine, with revenue maximization as the focal
point in each scenario. Two primary conclusions can be drawn:

(1) In both seawater and brine valorisation, NFX consistently outperforms VNF1
in terms of Mg(OH)a(s) purity. The superior selectivity of the NFX membrane
enables the recovery of a final product with higher purity. Despite the higher
permeability and lower module cost of VNF1, an industrial-scale NF plant

incorporating NFX membranes can exhibit comparable capital and operating
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costs to one equipped with VNF1 membranes yet achieving revenues nearly
double in magnitude.

(il)) When considering a specific membrane, marginal differences in normalized
costs between seawater and brine valorisation are observed. However, the
potential for significantly increased revenues arises from the higher
concentration of Mg* in SWRO brine, rendering brine valorisation

economically more appealing than seawater valorisation.
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Figure 66: The four different scenarios. (i) NFX SW, (ii) NFX SWRO, (iii) VNF1 SW and
(iv) VNF1 SWRO are compared in terms of a) selectivity, b) Mg(OH); purity, ¢) normalized
annualized total costs and d) Mg(OH); revenue in the case of maximizing the Mg(OH)
revenue for each scenario.

All in all, it could be possible to determine the gross annual income (Annual
revenue - total annual costs) for all four scenarios in order to identify the most
profitable case scenario. The gross income follows the increasing order:
VNF1 SW (-0.84M¢€/yr) < NFX SW (2.82M€/yr) < VNF1 SWRO brine
(3.98M¢€/yr) < NFX SWRO brine (4.89M¢€/yr), thus confirming that SWRO

brine treatment via NFX membranes represents the best-case scenario.

6.4 Conclusions

Within the framework of seawater and SWRO brine valorisation, this research

explores the viability of two selective commercial NF membranes, NFX and VNF1,
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previously unused in seawater/brine treatment, to maximize Mg(OH), revenue in

potential MLD/ZLD schemes. Following the characterization of NF membranes,

providing valuable insights into their materials and potential performance properties,

NFX and VNF1 underwent experimental testing with seawater and SWRO brine at

20 bar under varying permeate recovery rates (10% to 80%). The key experimental

findings include:

(@)

(i)

(iii)

The NFX membrane displayed notable capacity for high Mg?* rejection and
relatively lower monovalent ion rejections when processing SWRO brine,
suggesting enhanced selectivity and recovery compared to seawater treatment.
Conversely, the VNF1 membrane achieved the highest Mg?" concentration
factor when treating seawater, accompanied by elevated concentration factors
and the highest rejections of monovalent ions, indicating reduced selectivity.

VNF1 exhibited greater susceptibility to feed concentration variation
compared to NFX, resulting in lower Mg?* rejections when treating SWRO

brine at higher permeate recovery rates.

The experimental data was meticulously cross validated with simulation results from

the SEDF mathematical model, showing remarkable consistency with errors below

10%. Subsequently, the simulation model facilitated a comprehensive techno-

economic assessment, yielding the following key findings:

@

(i)

(iii)

Unlike the case of NFX, a purity of Mg equal or higher than 95% was not
achievable when treating seawater with VNF1 membranes, thus leading to no
revenue.

Due to its superior selectivity, NFX demonstrated the capacity to produce
Mg(OH),(s) with the highest purities (97%) at an operational pressure of 10
bar and a permeate recovery rate of 80%.

The most economically favourable scenario involved applying NFX in
conjunction with SWRO brine, resulting in the highest potential revenues
from Mg(OH)u(s) production, estimated at 5.683 M€/yr. This was achieved at

an operating pressure of 23 bar and a permeate recovery rate of 70%.
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In summary, this study underscores the significant promise of NF membranes,
particularly NFX, in optimizing Mg(OH) production within the intricate landscape
of seawater and brine treatment, highlighting substantial potential for revenue

generation in this domain.
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SECTION 4: Economic perspectives of a final
MLD process for SWRO brine valorisation

Building upon the positive outcomes previously achieved within the PhD project, a
final MLD scheme to valorise SWRO brine was proposed and underwent a rigorous
economic analysis in order to evaluate its feasibility. This proposed scheme
comprised 5 distinct technologies: (i) NF, (ii) MRC, (iii) EDBM, (iv) MED and (v)
NTC. As depicted in Figure 67, the final MLD scheme (Figure 67b)) differed from
the initial scheme presented in Chapter 1 (Figure 67a)).

NF270
a) MLD1 NF270
60% recovery
SWRO brine NF permeate
MED > Remaining
NF retentate brine
| Effluent
NaCI H,0

Mg(OH), Ca(OH),

NFX

b) MLD2 23 bar
70% recovery
SWRO brine NF permeate
e —>Remaining
NF retentate v/ \l’.‘.‘:,’;‘,:l.m brine

H,0 NaCl H,0

Mg(OH), Ca(OH); NaOH HCI

Figure 67:a) Conceptual scheme of MLD scheme for SWRO brine valorisation proposed in
Chapter 1; b) Conceptual scheme of newly proposed MLD scheme in this Chapter (7).

The main objective of the novel proposed scheme was to (i) improve the bottleneck
technology (MRC) by reducing its high operating costs and (ii) increase the revenue
of Mg(OH): recovered from SWRO brine by increasing both purity and recovery.
For these reasons, firstly, the performances of the NF unit were improved. The NF

plant of the final proposed MLD scheme incorporated a commercial NF membrane,
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NFX, with high selectivity towards magnesium as assessed during the PhD thesis.
Additionally, the plant operated under specific conditions identified in the techno-
economic analysis of Chapter 6 to maximize Mg(OH), revenue—specifically, the
NF plant operated at 23 bar with a permeate recovery of 70%. It is to be noted that
despite the higher magnesium selectivity of the novel synthesized NF membrane
CMZ-35 when compared to current commercial NF membranes, CMZ-35 was not
taken into account for the final proposed MLD scheme. The main reason was that
specific economic data of the CMZ-35 membrane, essential for the analysis, are still
not available (e.g., the specific cost of a spiral wound module composed of CMZ-35
membranes). However, if CMZ-35 was to be considered in such analysis, higher
purity Mg(OH), would have been achieved (compared to NF270 and NFX), thus
leading to a higher overall revenue. Furthermore, (i) a reduction of the maintenance
of the NF plant with CMZ-35 membranes due to the fabrication materials of CMZ-
35 and (ii) simplified downstream crystallization steps would be achieved, leading
to overall lower operating costs of the treatment chain when compared to all the
previous MLD scenarios analysed within the present PhD thesis. Nevertheless, the
NFX membrane was considered for the present analysis due to its promising
performances and available economic data among the tested commercial NF
membranes.

The MRC, on the other hand, emulated the behaviour of the MF-PFR introduced by
Vassallo et al. [61] and further examined in Chapter 3 of this PhD thesis.

Another important difference between the two MLD schemes was the addition of an
EDBM unit, integrated between the MRC and MED. The rationale behind this
modification stemmed from the findings in Chapter 1, which underscored that a
major operating cost was attributed to the use of chemicals (NaOH and HCI) in the
MRC for reaction and cleaning purposes. Consequently, an EDBM unit was
introduced to potentially reduce or entirely eliminate the external demand for such
chemicals by producing them in-situ.

Regarding the techno-economic performance of the EDBM unit, both the technical

and economic models previously reported by Culcasi et al. [87] were employed.
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Notably, the EDBM plant operated in an open-loop configuration, featuring 20
EDBM stacks arranged in parallel to process the entire effluent from the Membrane
Reactor Crystallization (MRC). Each stack comprised 100 triplets, with an installed
membrane area of 169 m?. The salt line of the EDBM plant received the neutralized
MRC effluent, while the acid and base lines were supplied with deionized water. The
quantity of the required water for the EDBM plant was more or less half of the
quantity of freshwater produced by the RO plant (that produces the initial SWRO
brine). The design of the EDBM plant aimed to produce 1M of NaOH and 1M of
HCI, achieved through operation at an electric current of 394 A and an electric
potential of 306 V. It operated for 8000 hours per year, with a project lifetime of 10
years and a discount rate of 6%.

Regarding the Multi-Effect Distillation (MED) unit in the new MLD scheme, it

operated under the same conditions considered in the techno-economic analysis of

Chapter 1. The sole modification made pertained to the number of effects, with the

optimal number identified in Chapter 1 (8 effects) being adopted here.

Finally, the last technology concerned the NTC. For the production of NaCl, an NTC

was always employed. No alternative technologies for NaCl recovery such as

evaporation ponds (as in the case of the MLD chain of Chapter 2) were taken into
consideration for one main reason:

(i) Evaporation ponds are characterized by a large-footprint, which could be a
critical factor if the potential industrial-scale MLD chain was to be implemented
on a small remote island (i.e., Pantelleria, Lampedusa);

It is also to be noted that the NTC operated under the same conditions outlined in

Chapter 1.

The results of the economic analysis for the newly proposed MLD scheme, treating

95 m*h of SWRO brine, were compared with those of the initial MLD chain

presented in Chapter 1.

Firstly, however, it was interesting to provide insights on the electrical and thermal

energy consumption of both MLD processes (the scheme presented in Chapter 1 and

the newly proposed scheme), shown in Figure 68. It is to be noted that, throughout
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the subsequent figures, the MLD chain from Chapter 1 is denoted as MLD Chain
N°1 (MLD 1), while the recently proposed MLD process is referred to as MLD Chain
N°2 (MLD 2).

a) 20 Electrical energy b) o Thermal energy
253 102.8
25 -
”M
£20 |
>
<15 |}
s
<10 }
5
0

NF MRC EDBM MED NTC MED NTC

EMLD1 ®MLD2 EMLD1 BMLD2

Figure 68: a) Electrical energy consumption of MLD 1 and MLD 2 processes; b) Thermal
energy consumption of MLD 1 and MLD 2 processes.

For the thermal energy, as expected, the MED consumed more energy than the NTC.
However, the MED consumed more in MLD 2 than in MLD 1. This was associated
with the quantity of freshwater that was produced. Accordingly, the opposite trend
was observed for the NTC. As for the electrical energy, the most important
observation is how the total energy consumption for MLD 2 was much higher than
that of MLD 1. This was due to the presence of EDBM that consumed a much larger

quantity of electricity than all the other technologies present in the MLD processes.

In Figure 69, a comparative analysis of the total capital expenditures (capEX) and
total operating expenditures (opEX) for the two MLD processes per technology is
shown.

Notably, the NF technology in MLD 2 exhibited higher capital and operating costs
compared to MLD 1. This discrepancy was attributed to the use of NFX membranes
in MLD 2, which are more expensive than the NF270 membranes employed in MLD

1. Additionally, the NFX membrane presents higher rejections and lower fluxes than
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NF270 and the plant in MLD 2 operated at a higher permeate recovery (70% instead
of 60%) and a higher operating pressure (23 bar instead of 20 bar). For this reason,
presenting lower fluxes but needing to reach higher recoveries, the NF plant of NFX
membranes required more modules than the NF plant of NF270 membranes. These

factors collectively contributed to the higher capital and operating expenditures.
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Figure 69: capEX and opEX for both MLD processes (i.e., this chapter and chapter 1) per
technology.

As for the MRC, marginal differences in capital costs were observed. Although the
crystallizer itself was slightly smaller due to lower feed flow rates, the larger quantity
of magnesium required a larger drum filter, resulting in similar total capEX for the
MRC in both MLD processes. Conversely, a substantial difference emerged in terms
of opEX. In MLD 2, the MRC opEX witnessed a significant reduction since the
downstream EDBM unit supplied all required chemicals, including the alkaline
reactant (NaOH) and HCI for cleaning. The residual MRC opEX were predominantly

associated with the energy consumption of the crystallizer and drum filter, which
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were inherently lower than those of the NF since the MRC is not a pressure-driven
process.

As far as the EDBM was concerned, a direct comparison with MLD 1 was not
feasible due to its exclusive presence in MLD 2. However, noteworthy observations
included high EDBM capEX, attributed to the use of expensive ion exchange and
bipolar membranes and the large membrane area required for chemical production.
Furthermore, EDBM opEX were the highest among all technologies in the MLD
process due to substantial external electrical energy requirements for chemical
production from the MRC effluent.

The MED unit presented capEX and opEX in MLD 2 higher than in MLD 1. Reasons
for this were attributed to the higher inlet flow rate resulting from the additional
water input to the EDBM unit. However, due to the higher efficiency of the MED in
MLD 2 compared to MLD 1, the inlet of the final NTC was more or less the same in
both MLD processes, leading to similar capEX and opEX in both scenarios.

Figure 70 reports the revenue achieved for each recovered resource in both scenarios:

MLD 1 and MLD 2.

6
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Figure 70: Revenue associated to each resource recovered from the MLD schemes.
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As expected, the primary source of revenue across both MLD processes was the sale
of Mg(OH),, owing to both its significant quantity in the initial brine and a higher
selling price compared to other recovered resources. Notably, the Mg(OH), revenue
was higher in MLD 2 than in MLD 1, attributed to the superior rejection performance
of the NFX membrane in MLD 2, resulting in a higher recovery of Mg.

In terms of Ca(OH), recovery, MLD 2 exhibited a slightly lower yield compared to
MLD 1. This small difference arose from the higher rejection of multivalent ions in
MLD 2, which was accompanied by an increased rejection of bicarbonates.
Consequently, this led to a greater formation of CaCO; and a lesser quantity of
Ca(OH);.

Figure 70 provides insights into the revenue generated by NaOH and HCI
production. It is important to note that this revenue is associated solely with the
excess quantity of chemicals not utilized in the MRC. The surplus of HCI was
notably larger, as it is predominantly used for cleaning purposes. Water recovery
occurred in both the MED and NTC units. Generally, the MED produced a larger
quantity of water. Additionally, the revenue from the MED was higher in MLD 2
compared to MLD 1, reflecting its enhanced efficiency.

Conversely, the NTC in MLD 2 generated lower revenue than its counterpart in MLD
1. This discrepancy can be attributed to the lower sodium concentration in the feed
solution of both the MED and, consequently, the NTC in MLD 2.

In Figure 71, it is possible to observe the remaining total annual costs of each MLD

process and the levelized costs for each recovered resource.

Carmelo Morgante 219



Section 4

a) 0 ~ b)
o
MLD Chain N°2
0.4
T 0.6 z
> 0.8 L 5 | calon),
E 2
=4 &
1.2
1.4
16 B . . n .
TOTAL -1500.00-1000.00 -500.00 0.00  500.00 1000.00 1500 -30.00 -20.00 -10.00 0.00 10.00
cosTs Levelized Cost [€/ton] Levelized Cost [€/m?]

Figure 71: a) Total annual costs (capEX+opEX-revenue) of the MLD processes; b) Levelized
costs of recovered solid products, c) Levelized costs of recovered water and chemicals and

BTSC.

Firstly, it is possible to note how both of them present negative costs. This is
translated into remaining annual revenue. This surplus, driven by the substantial
revenue associated with Mg(OH), and the excess chemicals, significantly exceeded
the total annual capital expenditures (capEX) and operating expenditures (opEX).
Consequently, the levelized costs of all resources were lower than current market
prices, with some even displaying negative values. Also, the BTSC presented a
negative value. Therefore, taking into account that (i) MLD 1 is better than
conventional brine disposal methods (as demonstrated in Chapter 1) and (ii) MLD 2
presents lower levelized costs and BSTC than MLD 1, it is possible to state that the
newly proposed MLD process represents a better alternative for valuable resource
recovery to MLD 2 or an even better alternative brine treatment method to
conventional brine disposal methods. All in all, it is worth noting that these results
were possible only thanks to the presence of the EDBM technology that allowed to
significantly improve the global economic feasibility of MLD processes for SWRO

brine valorisation.
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SUMMARY & FINAL REMARKS

In light of critical issues such as water scarcity and land-mining depletion, the main
objective of the present PhD thesis is the exploration of seawater and desalination
brine as unconventional sources for recovering valuable minerals and freshwater. By
doing so, the aim was to (i) improve the techno-economic efficiency of their
production and (ii) mitigate the environmental impact of such recovery. To such end,
the thesis focused on the valorisation of seawater and desalination brines through the
development and/or integration of innovative and emerging technologies, adopting
a Minimum Liquid Discharge (MLD) approach. The thesis is structured into four

main sections:

Section 1 evaluated the potential of two proposed MLD schemes for seawater and
desalination brine valorisation. The first proposed MLD chain focused on valorising
directly desalination brine generated in Pantelleria island. It comprised four main
technologies: Nanofiltration (NF), Magnesium Reactive Crystallizer (MRC), Multi-
Effect Distillation (MED) and NaCl Thermal Crystallizer (NTC). The MLD chain
could recover Mg(OH),, Ca(OH),, freshwater and NaCl. Via the coupling of
technical and economic models, implemented in Python and integrated in an
advanced simulation platform, namely RCE, the first MLD scheme underwent a
thorough techno-economic assessment for a potential industrial scale
implementation (feed capacity = 95 m*/h, 50% of the brine generated by the SWRO
plant in Pantelleria, Italy). Technical analysis results indicated the production of
food-grade NaCl was feasible only if the NF membranes presented a specific set of
ion rejections, thus underscoring the significant influence of NF performances on the
overall performances of the MLD process. Economic analysis revealed opEXs five
times higher than capEXs, primarily due to the cost of chemicals in the MRC.
However, overall revenue surpassed the sum of capEXs and opEXs due to the sale
of Mg(OH),. The economic feasibility of the novel MLD system, as an alternative
salt production method, was evaluated using the Levelized Cost Index, with all

values lower or equal to current market prices. The Brine Treatment Specific Cost
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(BTSC = -0.02 €/m®) of the MLD process, as a brine treatment method, was also
lower than conventional disposal methods. Final outcomes highlighted that
significant fluctuations in NaOH and Mg(OH), costs could jeopardize the economic
feasibility, making the magnesium recovery step the bottleneck of the treatment
chain. Within Section 1, a second MLD chain was introduced as an evolution of the
first MLD scheme. Such scheme prioritized the utilization of seawater, featuring two
notable advancements: the incorporation of Electrodialysis with Bipolar Membranes
(EDBM) as an additional technology and the replacement of the NTC with
Evaporation Ponds. The presence of EDBM allowed to produce in-situ the chemicals
required for Mg precipitation (NaOH) and cleaning (HCI). Unlike the first MLD
chain, the second chain was implemented at the pilot scale within the framework of
the EU-funded project Water Mining. The chain, installed in Lampedusa island
(Italy), represented the first MLD demonstration plant of such large scale worldwide,
capable of recovering valuable salts in their final solid state. For such MLD process,
the main scope was to actually assess the technical feasibility of the process via an
extensive experimental campaign. Results demonstrated the chain capability to
recover three valuable resources (Mg(OH), with a purity of 90-98%, Ca(OH),, and
NaCl with a purity exceeding 99%), along with high-quality freshwater (achieving a
recovery rate of up to 85% and freshwater conductivity below 30 uS/cm). The two
chemicals employed as reactants and for cleaning/neutralizing purposes within the
treatment chain, namely 1M NaOH and 0.65M HCI solutions, were also successfully
reclaimed. Moreover, the stability of each unit during daily operations was
meticulously assessed and achieved, showcasing not only the technical feasibility of
the proposed demo plant but also affirming the viability of MLD as a sustainable
alternative for minerals recovery. Lastly, a circularity assessment underscored the
treatment chain capability to operate under a fully circular mode, with zero external
chemical input and remarkably high recovery rates for water and chemicals

generated within the process.
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In light of improving the “bottleneck technology” of both proposed MLD schemes,
Section 2 was focused on the operational strategy optimization of the Magnesium
Reactive Crystallizer at the pilot scale, also known as MF-PFR (Multiple Feed-Plug
Flow Reactor). Three different operational assets were considered, differing in the
approach of to whether inject the brine into the alkaline reactant (NaOH) or vice-
versa or to whether adopt a product recycling strategy within the MF-PFR. It was
important to evaluate which asset could better enhance the properties of the final
product Mg(OH), (such as sedimentation rate, filterability, particle size distribution),
improving therefore its potential resulting revenue. The different reactor operational
assets were investigated addressing the influence of (i) initial Mg?" concentrations
(Mg?* 0.24 M to 1.0 M) mimicking a wide range of different brines, (ii) different
reactants flow rates; and (iii) adopting a product recycling strategy (seeded
crystallization). Higher initial Mg** concentration of the feed brine produced larger
and stronger agglomerates of Mg(OH), particles than those produced by a lower
initial concentration (0.24 M). More specifically, after an ultrasound post-treatment
and use of a dispersant agent, micro-sized Mg(OH), agglomerates/aggregates were
measured in the case of 1.0 M Mg?* solutions, while nano-sized and micro-sized
particles were detected for the 0.24 M case. As for the reactants flow rates, regardless
the operational configuration, no influences were observed on the sedimentation
trends, filtration times and granulometry of the final product. However, when
operating at pH 12 (over-stoichiometric NaOH amounts) lower sedimentation rates
and cake permeability coefficient values were obtained. Finally, the adoption of a
product recycling strategy resulted to be significant, overcoming filterability and
sedimentation issues of large-scale Mg(OH), suspensions production. As a matter of
fact, compared to suspensions produced without product recycling, Mg(OH),
suspensions sedimented up to 4 times faster and cake permeability coefficients
increased reaching values up to one order of magnitude higher. However, two further
important factors that could highly influence the revenue of Mg(OH), recovered
from seawater/desalination brine are its purity and recovery that highly depend on

the performances of the MF-PFR pre-treatment step (in this specific case NF).
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Section 3 was dedicated to the comprehensive evaluation of NF as a discerning pre-
treatment and separation stage. In this context, the performance of both newly
developed NF membranes, engineered to enhance magnesium selectivity, and
existing commercial NF membranes were assessed. Firstly, a novel positively
charged NF membrane was purposely fabricated to increase magnesium membrane
selectivity. Carefully chosen components endowed the NF membrane with a highly
positive surface charge in alkaline environments, thereby selectively rejecting
magnesium. The membrane composition included a microporous asymmetric UF-
membrane-like substrate for mechanical strength and a selective active layer
incorporating MOF "NH,-MIL-101(Al)" and ZnO within a chitosan matrix.
Characterization of the active layer nanoparticles involved SEM, FTIR, DLS, and
BET analyses; nanocomposite morphology, hydrophilicity, and electric surface
charge were also examined. The impact of varying MOF and ZnO loadings within
the active layer on the NF membrane selective and permeation performance was
thoroughly investigated. Initial filtration tests, conducted at 5 bar with 1000 mg/L
single salt solutions (NaCl, Na,SO4, MgCl,, CaCl,), showed that an increase in ZnO
content within the active layer enhanced membrane hydrophilicity and zeta potential,
leading to elevated rejections of multivalent cations. However, excessive ZnO
concentrations resulted in pore blockage and microfractures in the active layer,
diminishing overall ionic rejections. The CMZ-35 variant of the novel NF
membrane, with a composition of 20%wt Chitosan, 35%wt ZnO, and 45%wt MOF,
exhibited the highest rejections for MgCl, (90.10%) and CaCl, (86.49%). Lastly, the
selectivity properties of the synthesized NF membrane were compared to those of
common commercial NF membranes (Nf90, NF270) and other positively charged
NF membranes documented in literature, all under the same operating conditions.
CMZ-35 exhibited the highest selectivity towards MgCl, and CaCl, among all the
membranes. Similar successful achievements were also reached in synthetic
seawater and desalination brine at 30 bar. Therefore, due to its low-cost fabrication
materials, simple fabrication procedure and appealing performances, the novel

synthesized membrane presents an intriguing competitive alternative to commercial
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NF membranes, that could considerably enhance mineral recovery in ZLD/MLD
systems for seawater and brine valorisation. As mentioned previously, Section 3 also
focused on evaluating the performances of existing commercial NF membranes for
seawater and SWRO brine valorisation in a wide range of operating pressures (8 —
30 bar), adopting a closed-loop configuration. In this comprehensive investigation,
the performance of five NF membranes (NF90, NFS, NFX, VNF1, DK) was
meticulously assessed, emphasizing their effectiveness in rejecting both major and
minor components. Notably, these membranes exhibited substantial potential in
separating multivalent cations such as Mg*", Ca*", and Sr** from Na*, K*, CI', and
Br. Experimental data on ion rejection rates were fittingly correlated with model
predictions, specifically using the SEDF model, resulting in good agreement.
Optimal operating pressure was identified at 20 bar, beyond which limited
improvements were observed. In accordance with Donnan and dielectric exclusion
effects, the commercial NF membranes demonstrated high rejections for multivalent
cations, surpassing 97.1%, 92.8%, and 96.5% for Mg*", Ca**, and Sr?* in seawater
and 94.5%, 87.1%, and 91.7% in SWRO brine, respectively. Among the membranes
investigated, the DK membrane exhibited the highest permeability (3.5 LMH bar™")
and selectivity factor (>0.6) for multivalent elements relative to monovalent ones,
establishing its superior efficacy for the selective pre-separation of minerals from
seawater and SWRO brine, followed by VNF1 and NFX. Given the existing
literature on DK for similar applications, attention was directed towards a more in-
depth exploration of the performances of VNF1 and NFX membranes. Specific focus
of such exploration was given to magnesium recovery from seawater/SWRO brines
(being magnesium the most economically important component in seawater).
Following membrane characterization, NFX and VNF1 were experimentally tested
at 20 bar under varying permeate recovery rates (10% to 80%). Key findings
revealed the NFX notable characteristic of high Mg?" rejection and relatively
reduced monovalent ion rejections in processing SWRO brine, outperforming
seawater treatment. VNF1 achieved the highest concentration factor of Mg** with

seawater but exhibited elevated concentration factors and the highest rejections of
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monovalent ions, indicating diminished selectivity. VNF1 also showed higher
susceptibility to feed concentration fluctuations compared to NFX, resulting in lower
Mg*" rejections at higher permeate recovery rates in SWRO brine. Moreover,
experimental data was cross-validated with simulation results from the SEDF
mathematical model, demonstrating remarkable consistency with errors maintained
below 10%. Subsequently, a techno-economic assessment focused on the potential
recovery and revenue of Mg(OH), by coupling NF with a downstream crystallizer.
Due to its superior selectivity, NFX facilitated the production of Mg(OH), with the
highest purities (97%) at an operational pressure of 10 bar and a permeate recovery
rate of 80%. The most economically favourable scenario involved the application of
NFX with SWRO brine, resulting in the highest potential revenues from Mg(OH)»
production, estimated at 5.68 M€/yr. Overall, the results from Section 3 underscore
the crucial role of NF as a pre-separation step in MLD schemes to enhance the quality
of recovered magnesium and, consequently, the revenue generated by MLD
processes when treating seawater or SWRO brine. Furthermore, the study
demonstrated how separation performances can be significantly enhanced through

the synthesis of novel positively charged NF membranes.

Section 4 finally incorporated all successful results achieved in the previous sections
in the proposal of a final novel MLD scheme for SWRO brine valorisation. The novel
scheme comprised: (i) NF unit with NFX membranes, (ii) MF-PFR, (iii) EDBM, (iv)
optimized MED and (v) NTC. The scheme underwent a techno-economic analysis,
and results were compared to those of Chapter 1. The final outcomes of such
comparison indicated (i) a much larger revenue and (ii) overall lower product
Levelized costs and BTSC with the novel MLD scheme, due to the in-situ production
of chemicals via EDBM. In conclusion, the attractive economic viability of the
ultimate scheme serves as a testament to the potential of seawater/SWRO brine
valorisation schemes employing an MLD approach for freshwater and mineral
recovery. This not only substitutes conventional methods but, more significantly,

addresses critical challenges such as water scarcity, depletion of land-mining
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resources, and the environmental impact associated with desalination brine

discharge.

Future perspectives

Drawing from the significant achievements outlined in this PhD thesis, it is evident
that mineral recovery through MLD schemes from unconventional sources such as
seawater and desalination brine holds substantial promise. The economic feasibility
of such schemes, however, hinges crucially on the judicious selection of technologies
and the targeted minerals for recovery. Magnesium, uniquely characterized by both
a high market price and relatively elevated concentration in seawater, emerges as a
particularly promising candidate. The pivotal role of NF as a pre-separation process
in MLD schemes, coupled with the superior performance of CMZ-35 over several
commercial NF membranes, underscores the importance of optimizing and further
exploring the potential of CMZ-35. To maximize the revenue from Mg(OH), in
MLD schemes, ongoing efforts should focus on refining and comprehensively
understanding the capabilities of CMZ-35. As CMZ-35 advances towards potential
commercialization, it becomes imperative to evaluate aspects such as its long-term
stability and anti-fouling properties. These considerations will be instrumental in
shaping the future viability and success of CMZ-35 in the framework of mineral
recovery. Additionally, it would also be of significant importance to conduct in the
future a Life Cycle Assessment of the final proposed MLD treatment chain, thus
evaluating not only the economic feasibility but also the sustainability of

seawater/brine mining via MLD schemes.
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NOMENCLATURE

Acronyms

AEM Anionic Exchange Membrane
ATR-FTIR  Attenuated Total Reflectance-Fourier Transform Infrared
BC Brine Concentrator

BCr Brine Crystallizer

BEC Brine Excellence Centre

BPM BiPolar Membrane

BTSC Brine Treatment Specific Cost [€/m?]
capEX Capital Expenditure [€/year]

Ca(OH); Calcium hydroxide

CClI Circular Chemical Inflow

CEM Cationic Exchange Membrane

CEPCI Chemical Engineering Plant Cost Index
cfv Cross Flow Velocity

CMz Chitosan Metal organic framework Zinc oxide
CP Concentration Polarization

Cr Crystallizer

CRM Critical Raw Material

DADMAC Diallyl Dimethyl Ammonium Chloride
DLR German Aerospace Center

DLS Dynamic Light Scattering

DPNF Double Pass NanoFiltration

EC Electric Conductivity

ECH Epichlorohydrin

ED ElectroDialysis

EDBM ElectroDialysis with Bipolar Membranes
EDR Electrodialysis Reversal

EDX Energy-dispersive X-ray

Carmelo Morgante 228



Nomenclature

EIP

EIT

EPs

ESS

EU

Ev
FE-SEM
FO

FTIR
HACC
HCI
HDH
HDPE
HPLC
HPRO
ICP-MS
ICP-OES
IEX
LCOCaony2
LCOMyory2
LCOSai
LCOWiater
MCr

MD

ME
MED
MF-PFR
Mg?
MgCl,
MgCOs
Mg(OH),

European Innovation Partnership

European Institute of Innovation and Technology
Evaporation Ponds

Energy Self-Sufficiency

European Union

Evaporator

Field Emission Scanning Electron Microscopy
Forward Osmosis

Fourier Transform Infrared Spectroscopy
2-hydroxypropyltrimethyl Ammonium Chloride Chitosan
Hydrochloric acid

Humidification DeHumidification

High-Density PolyEthylene

High Performance Liquid Chromatography

High Pressure Reverse Osmosis

Inductively Coupled Plasma-Mass Spectrometry
Inductively Coupled Plasma-Optical Emission Spectroscopy
lon Exchange

Levelized Cost of Calcium Hydroxide [€/ton]
Levelized Cost of Magnesium Hydroxide [€/ton]
Levelized Cost of Salt (NaCl) [€/ton]

Levelized Cost of Water [€/m?]

Membrane Crystallizer

Membrane Distillation

Membrane Electrolysis

Multi-Effect Distillation

Multiple Feed — Plug Flow Reactor

Magnesium ion

Magnesium chloride

Magnesium carbonate

Magnesium hydroxide
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MLD
MMF
MO
MOF
MRC
MSF
Na*
NaOH
NcapEX
NF
NH,OH
NopEX
NTC
OARO
opEX
PAI
PAMAM
PAN
PDA
PDMAEMA
PEI
PEKC
PES
PET
PIP

PIT
PLC

p.r

PSF
PVC

QIT

Minimum Liquid Discharge
Multi-Media Filter

Metal Oxide

Metal Organic Framework
Magnesium Reactive Crystallizer
Multi-Stage Flash

Sodium ion

Sodium Hydroxide

Normalized Capital Expenditure
Nanofiltration

Ammonium Hydroxide
Normalized Operating Expenditure
NaCl Thermal Crystallizer
Osmotic Assisted Reverse Osmosis
Operating Expenditure [€/year]
Polyamide-imide
Poly(amidoamine)
Polyacrylonitrile

Polydopamine

Poly (N,N-dimethylaminoethyl methacrylate)
Polyethylenimine

Poly(ether ether ketone)
Polyethersulfone

PolyEthylene Terephthalate
Piperazine

Pressure Indicator Transmitter
Programmable Logic Control
Permeate Recovery

Polysulfone

PolyVinil Chloride

Flow Rate Indicator Transmitter
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RCE
RE
REV
RED
RO
SCWD
SED
SEDF
SW
SWCC
SWRO
TBT
TDS
TIT
TMC
TMP
TVC
TWP
UF
V-PSD
WAIV
WCA
XRD
ZLD

Remote Component Environment
Resource Efficiency

Revenue [€/year]

Reverse Electrodialysis

Reverse Osmosis

Super Critical Water Desalination
Selective Electrodialysis

Solution Electro-Diffusion Film
Seawater

Saline Water Conversion Corporation
Seawater Reverse Osmosis

Top Brine Temperature [°C]

Total Dissolved Salts [g/L]
Temperature Indicator Transmitter
Trimesoyl Chloride
Transmembrane Pressure

Thermal Vapour Compression
Total Water Production
Ultrafiltration

Volume Particle Size Distribution
Wind Aided Intensified eVaporation
Water Contact Angle

X-Ray Diffraction

Zero Liquid Discharge
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APPENDIX A

Nanofiltration NF technical model

The NF technical model is a multi-scale model which comprises: (i) a low-scale
model that describes the transport mechanisms within the NF membrane, (ii) a
middle-scale model for a single NF unit and (iii) a high-scale model of a whole NF
plant.

e Small-scale model (NF membrane)

The Donnan Steric Pore Model with Dielectric Exclusion (DSPM-DE) is employed
to describe the transport mechanisms that occur within the NF membrane. Such
model exploits the extended Nernst-Plank equation across the membrane. Within
the equation, three different ionic transport mechanisms are considered: (i)
convection, (ii) diffusion and (iii) electro-migration (see Table Al). The width of the
membrane is discretized in a specific number of elements (50 based on sensitivity
analyses). The ‘j” index refers to the discretised element, while the ‘i’ index refers to
a specific ion.

The main equations of the technical model are listed in Table A1, where C™;;, C™;,
CP and CP; are the concentration of the i species in the j" element in the membrane,
at the bulk-membrane interface, in the bulk solution and in the permeate stream,
respectively. J; and Jy represent the total flux of the species i and the water convective
transmembrane flux, respectively. y is the electric potential across the membrane, &
the electric potential gradient at the bulk-membrane interface, outside the electric
double layer, and Awp sm and Ayp pm represent the Donnan potential difference at the
bulk-membrane interface and at the permeate-membrane interface, respectively. Ki
and ki 4 represent the hindered convective and diffusive mass transfer coefficients of
the ions within the pore, depending on Z;, i.e. the ratio between the solute radius (r;)
and the pore radius (rpore). Dip is the diffusivity of the species i within the pore,

corrected taking into account the diffusivity in the bulk via ki g.
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lon partitioning at the two membrane interfaces, the steric effect and the dielectric
exclusion are given by solving the system of equations listed in Table Al.
Furthermore, the electro-neutrality on the bulk, on the permeate side and inside the
membrane (which presents a fixed charge density Xq) are conditions that must be
contemporarily satisfied. Mass transfer resistance on the bulk side is considered to
compute the ions concentration on the bulk-membrane interface. It is then possible
to calculate the solute flux from the bulk to the membrane. As for the mass transfer
coefficients, the mass transfer coefficient in the bulk, k®;; depends on the flow
regime whereas & *"¥;; is obtained multiplying the mass transfer coefficient k™';; by
a factor depending on the permeation flux through the membrane. The Hagen-
Poiseuille relation is employed to calculate the solvent transmembrane flux Jy. Such
flux depends on the geometric parameters of the membrane and on the net driving
pressure, 4P (given by the pressure gradient between bulk and permeate channel
minus the osmotic pressure A77) where #mix is the mixing efficiency of the spacer, hs
is the height of the feed channel, Lnix is the mixing length of the spacer, Pe and Sc
are the Peclet and the Schmidt adimensional numbers respectively. The system of

equations is implemented in Python and solved in an iterative manner.

Table Al. Equations of the implemented DSPM-DE model.

.o —_n. CMije1 —C™y _1 1/’]+1 yj
(1)[274] Ji = ]vCi,p - Dl,p 15]/]_ ZL(C i,j+1 +Cc™ 1/) DlpRT 8y; +
Eki,c(c ij+1 + ™ 1,])]1;
1+ 9/8 A: In(4;) — 1.56034 A; + 0.528155 1,2 + 1.91521 1, — 2.81903 4;*
(2)[275] . +0.270788 4;° 4+ 1.10115 ,° — 0.435933 1,7
id —
’ ¢;

@251 _ 1438671, —1.9072,° —0.8341,°

b 1 + 1.867 A; — 0.741 1,2
(4)[275] —_ klleoo

y™ i 1
©)1276] o Cb,; = buds, exp( o)

y CmLN
©)1276] = domen(-g o Mo

)
277 logy; = —Az? —031
(NM277] 8V i (1 i
(8)[277] _ e03 NAI/Z
In(10) 47 V2 (g kzT)3/2
AW,

@1278] @, = exp(~17)

Carmelo Morgante 233



Appendix A

z%ep? [ 1 1
(10)[278] AW; = -
87T£0ri Epore Epulk
(11)[278] ¢ = (1=2)?
(12)[279] Z_ziC”’”i =0
(13)[279] Z_ziC”i =0
(14)[279] Z,Z,-C"h-,,- +X;=0
F
(15)[279] ji =~k (CP™ - CP) + J,00m - ZiCbmiDi,ooﬁf
J L VY
(16)[280] K = key = = kep [kbiim + (1 +026 (kblim) ) l
1 c,i v
(L71280] Kbule = 0,753 ( Mmix )1/2 (Dl_w> Sc1/6 (P eihf)
' 2 - Nmix hf mix
(18)[81] i AP Tryore?
v 8nby,
(19)(81] AT=RT )" (€™ = CP)

e Medium-scale model (NF element)

The medium-scale model refers to an NF element in which the low-scale model is
integrated. The NF element length is discretised in a series of units. For each discrete
unit, average values of the concentration, flow rates and pressure are firstly guessed
to calculate the osmatic pressure and the bulk mass transfer coefficient. Then, the
small-scale model allows to compute the ions rejection and the water flux. Finally,
the outlet concentrations and flow rates of each discrete unit are computed by means
of mass balances (Table A2) [70].

A
membr,elem
M, =M, + ), —————
* x1 Ngiscr,L

Amembr,elem

Mretx = be _]vx

Ndiscr,L
A
D, ;. membr,elem
¢ lx—lMPx_l +Jlx Ng;
cr, = iscr,L
Ix
Mpx
Cb M o Amembr,elem
ixMoy =iy T
cret. = discr,L
tx
Mretx
be = Mretx_l
b, _ rret
¢ ix — ¢ ix—1

- _ f1 2
Px = Px—l - APLosses = Px—l - ED_Qf Ur
H
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6.23
= Re03

Table A2: Equations to model a nanofiltration element.

M, and CP; are the mass flow rate and the concentrations in the permeate channel,
Mret and C™; are the flow rate and the concentrations in the retentate channel, which
are the same as those entering the next interval (My and C%), and Amembr elem and Naiscr,.
are the total membrane area of a NF element and the number of discretization
intervals along the main feed flow direction. As for the equation to calculate the
pressure losses, f is the friction factor, | is the length of the discretization interval and

Dn is the hydraulic diameter relevant to the feed channel.

e Large-scale model (NF plant)

The main aim of the large-scale model is to calculate the total number of vessels
necessary to reach a specific value of recovery. Firstly, an initial number of vessels
in parallel is given by dividing the required permeate flow rate and a guessed average
solvent transmembrane flux. Then, the feed flow rate for each vessel is calculated.
Subsequently, the average solvent flux in the vessel is recalculated in relation to the
net driving pressure along the elements, and the total recovery rate is computed.
Once this value has been calculated, the number of pressure vessels in parallel can
be updated considering a linear relationship between the number of vessels and the
recovery. From this point, another iteration begins. Once the value of the total

recovery is higher or equal to the required one, the loop is brought to an end.

Magnesium Reactive Crystallizer MRC technical model

The Magnesium Reactive Crystallizer MRC technical model is based on simple mass
balance equations which are listed in Table B1. The MRC consists of two
precipitation steps. In the first step, magnesium is recovered from the brine in the

form of magnesium hydroxide Mg(OH), by employing an alkaline reactant: a
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sodium hydroxide solution NaOH. In order to promote Mg(OH). precipitation, one
magnesium ion of the brine has to react with two hydroxyl ions of the alkaline

solution. The mass flow rate QNaoHesep of the required alkaline solution is
calculated taking into account (i) such proportion with the molar flow rate of
magnesium Qfeed,Mg“lestep multiplied by the effective conversion rate of
magnesium %Mg“los:ep and (ii) the quantity of NaOH which is used in precipitating
the bicarbonates present in the brine where Qfeedyostep is the volumetric feed flow

rate and Creeq nco,™ ) is the molar concentration of the bicarbonates in the brine.

1°ste,
The latter phenomenon unfortunately is inevitable and has to be considered. The

flow rate QNaoHesep depends on the operating molar concentration of NaOH
CNaOH, ostep- Simple mass balance are further employed to calculate the total outlet
volumetric flow rate of the 1° precipitation step Qout yeseep: the mass flow rate of
Mg(OH). produced MMg(OH)21°step where MWy gom), is the molecular weight of
Mg(OH), and the magma density of Mg(OH). MMH(OH)zlostep' Finally, the outlet

ionic molar concentrations are computed where the index i is the generic ion present
in the brine (K*, SO4*, CI") All bicarbonates are precipitated in the 1° step in the
form of calcium carbonates. Such precipitation influences the final concentration of
calcium in the outlet stream. The outlet of the 1° step becomes the inlet of the 2° step
and mass balance equations are employed to estimate the mass flow rate of calcium

hydroxide Ca(OH), produced MCa(OH)ZZOSwp where %Ca“zastep is the effective

conversion rate of calcium in the second step. As for the NaOH employed in the 2°

step, its volumetric flow rate Qyq0 Haestep takes into account three contributes: (i) the
stoichiometric quantity QNaoH stoicyestep 1O precipitate calcium, (ii) the quantity
employed to complete magnesium precipitation QNaoH Mgyestep and (iii) the quantity
needed to reach pH =13 and complete calcium precipitation ONaoH,addedyestep-
Within the equation to calculate QNaOH,addedzcstep it is worth mentioning that

Cea(on),,,, is the Ca(OH). solubility and C,\,GLOHW:13 is the molar concentration of
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NaOH at pH 13. Finally, the volumetric flow rate of acid HCI Q. is computed

(necessary to neutralize the final effluent exiting the MRC Q. fiyent-

Table B1. Mass balance equations of the Magnesium Reactive Crystallizer plant.

1° precipitation step 2° precipitation step

Qa0 egtep
. . - -
_ ZQ[EEd'M92+1"step A’Mgz+1”step + Qf""l*mp Crecd,ncos 1°step Qfeed,Ca“zestep QOutl"step * Caut,Cuz*ln“ep
CNaoHyostep
[}
ZQfeed,Cu“zg ten A]Cu“zgstep
Q =Q +Q Q ) _ step
outyestep NaOHqestep feediosiep NaOH stoicaeseey —

CNuOHZamp

2 Qoutlusm, ° Cuut,Mgz*' 1estep

— 0
Mg step = Qe g ey * Robig? ey * MWhigiom, QNaOHMgyesrey = 4
NaOHzostep
MMg(OH) QNuoH,uddedzusu,P
. 2105t — )
Magma densityygony,,.,,, = 07”" _ (Ceatomy,,,, = CNa0H u_13) * (Qoutyogiey T CNaOH stoicsegeey)
outyegiep =

(CNuoH,,H:13 - CNaOHZQS,,_,p)

— 0
c Qfeedsoste ® C/eed,Mg“ﬁmp(l A]M!“vm,,)

UMY 1oy = leaauzns,e,, = QNﬂlIH,stoicznste,, + QNaoH,Mgrmp + QNaoH,uddmz,mP

leazm,w,,e,, + Q/emzlw,,e,,

C +
out,Na™ jo510p

Qfeedlus,e,, M Cfeeﬁl,Nu+

1ostep + QN“””l“step ¢ CN“””l“step Qoutznslep = QNaOHZu_m,p + Quutl.,mp

Qoutlamp
Qf3911":tep * Cfeed ith
_ U 1ostep — ) .
Cout,i”‘luste = MC“(OH)zzusu,,, Qfeed,faz*‘z,mp /"Caz*‘zuﬂep MWCa(OH)Z
P Qnutlusu,p

C

_ Q/eed‘l‘:tey M Cfeed,[a2+lus[e’, - Qfeedlus,e,, . Cfeed,nmg’ps,ep Mca(ﬂﬂ)zzoste,,

= Magma densit =
[ g Y caOH)2y051ep

2+
out,Ca?* 1ogyep

Qoutznmp
Couthcoy™ ., =

Quummp M C.m:,Na*ﬁm, + QNaaHpm,, M CNa(IHzeﬂep

Mcaco,,.,,,, = Qfeedyesiep ® Creedncos™ .y, * MWcacos | Counatyy,, =
p » P

Qoutyegiep

Cout,MyZ"‘zamp = Caut,HCﬂg_znmp -

oC jth
Quutl"step out i jogy,,,

C ith =
out,iyoge, Qoulzme,,
— 0
c Quutlanep ° Cout,Caz*'lamP(l /"Caz“‘zn“ep)
2 =
out,Ca®* g, Qout
2°step

Quclror = QNaoH,addedyessey ® CNaOH 51

_ QHclror
Qeffiuent = Qoutyege, Chel

Multi-Effect Distillation MED technical model

The technical model for the MED refers to a Forward Feed configuration in which
both feed water and vapour flow in the same direction. The MED unit comprises

three different classes of effects for which different mass and energy equations are
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applied ((i) the first effect, (ii) the intermediate effects and (iii) the last effect with
the end condenser). All equations are reported in Table C1. It is to be noted that some
variables within the equations are accompanied by “[1]”, “[i]” or “[N]”. This means
that they refer to the first effect, the generic intermediate effect or the last effect,
respectively. Furthermore, 1 is the latent heat of water, hysp is the enthalpy of the
steam, hiiq is the enthalpy of the liquid water, hg, is the enthalpy of the NaCl salt-
water solution and cpsw is the NaCl salt-water solution specific heat. The water
properties are function of temperature, while the NaCl-water solution properties are

functions of temperature and composition.

Table C1. Main mass and energy balance equations of the forward-feed MED model [67].

Mfeed = Mdist + Mbrine

Mfeed Xfeed = Mbrine Xbrine
Tysat =T — BPE(T, Xprine)
Tysat = Tvsat = Al aemister
T; = Tysat = ATiines
Tc = Tc’ - ATgrav - ATacc
MSA(TS) + Mfeed hsw(Tpreh[l]' Xfeed)
= M, [1] he, (T[1], X,[1D)
+ (1 - acand[l]) Mvap[l] hvap(T,vsat[l])
+a€0nd[1]Mvap[1] hliq (T’vsat[l])
Mpli — 1] = My [i] + Mpprimelil + Mp[i]
Mpeeq Xpeea = M, [i] X, (1]
Myaplil = My [i] + Myprineli]l + My i
Mc [l - 1] + Xcona [l] Mvap [l]
+(1 - acand[i — 1])Mvap[i _ 1] = be[i] + Mc[i]
Mc[i - 1] hliq(T,v,sat[i - 1])
+acand ["] Mvap ["] hliq (T,vsat[i]) +
(1 - acond[i - 1])Mvap [i - 1] hliq (Tc[i - 1])
= be [i]hvap(T’vsat[i]) + M, [i]hliq(T’vsat[i])
berine ["] A(Tbrine,f[i])
= Myrineli — 11 cp g, (Tnean, Xpli — 1)
(T[i - 1] — Tbrine,f[i])
Mfeed CPSW(Tmean' Xf) (Tpreh[i] - Tpreh[i + 1]) = Qcond [l] Mvap [l] J-(T’m‘at [l])
(1 — Qcond [i - 1])Mvap [i - 1] A(Tc[i - 1])
o+ Mpprineli] (P (TTE = 11, X[ = 1) = o (T" e liD)
+ My [1) (R (T = 1, X, [i = 11) = b, (T[], X, [0D))
= Mali] (Roap (T psae[1]) = b (TTi = 11, X, i = 11))
(1 - acond[N - 1])Mvap[N - 1] A(TC[N - 1])
+be [N] hvap (T’vsat [N])
+M,[N — 1] h,, (T[N — 1], X,[N — 1])
= My[N] hy, (TIN], X,[ND)
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+Mvap [N] hvap (Tlusat [N])
Mcw Cp W(Tcw leeed) (Tcw,aut — Tcw,in) = Mvap [N] }'(T’L‘[N])

As can be observed in Table C1, firstly, global mass and salinity balances are
employed to calculate the brine flow rate (Murine), the distillate flow rate (Mais)) and
the brine salinity (Xorine), assuming that the distillate is pure water. From this point
onwards, the mass flow rate, temperature and pressure are computed for each effect.
As for the temperature profiles, six main quantities must be taken into account and
computed: (i) temperature of the brine generated in the effect (T), (ii) temperature
reached by the feed in the preheater of the effect (Tyren), (iii) temperature of the
saturated vapor generated in the effect (Tsar), (iiii) temperature of the vapour after
crossing the demister (T"vsar), (V) temperature of the vapour after crossing the
connecting lines (7’) and (vi) condensation temperature of the vapour in the
following effect (T.). All six quantities are connected by means of the boiling point
elevation (BPE) and the pressure drops, leading to temperature drops (4 7demister,
ATines, ATyrav, ATacc), In the case of saturated vapour. The Pitzer model is employed
to estimate the BPE.

Among the three classes of effects, the first one is the only one which receives heat
from an external source (M; at temperature equal to Ts) and where the feed stream
(Mreeq at @ concentration equal to Xreq) has been through all the preheaters. The feed
of the first effect is sprayed onto a tube bundle whereas Ms circulates within the
tubes. The vapour (Mysp) is generated by the partial evaporation of the feed stream
(Myg). The vapour then crosses the demister and the first preheater, where it partially
condenses. The part that does not condense is fed to next effect where it acts as the
heating source. The remaining brine that exits the first effect (M at a concentration
equal to Xy) is also fed to the next effect where it is sprayed on the external surface
of the tube bundle. As already mentioned, the modelling of the intermediate effects
is slightly different. It comprises two energy balances on the preheater and on the
heat exchanger required to calculate the condensed fraction on the preheater tube
surface (acong) and Mg, respectively. Furthermore, other two vapour contributions

have to be taken into account: the vapour produced by the inlet brine flash. As for
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the modelling of the last effect, the latter does not have any preheater and all the
vapour is sent directly to the end condenser, where it condenses completely. This
can be mathematically translated into different energy balances on the effect and on
the last flashing box, since the total My in the last effect condenses in the end
condenser and then collected in the flash box. The brine My that exits the last effect
is the generated in the last effect is the final brine of the entire MED plant. The
condensate of the flash box M, on the other hand, is the final distillate of the plant.
These outlets however have to respect the global mass balance equations. As far as
the end condenser is concerned its feed is used to condensate the vapour. The
required total cooling water flow rate (Mcw) is computed by means of the heat balance
and the surplus (Mcw — Mreed) is cooled down and reused.

Table C2 reports the equations to calculate the areas of the heat exchangers, the areas
of the preheaters and the areas of the end condenser where DTMLpren and DTMLcond
are the temperature logarithmic mean in the preheater and in the condenser and Ucong
and Uevap are the heat transfer coefficients for the condenser and the evaporator,

respectively. For further details on the MED technical model, consult [67].

Table C2. Equations to calculate exchange areas of the heat exchangers, preheaters and
end condenser of the MED plant.

4,.[0] = MyeeaCp gy (Tmeans Xp) (T[] = Tyren[1]) + Ma[1] A(Tysac[11)
T Uewap(TID (Tteam — TI1)
A [] _ (1 — Qcond [i B 1])Mvap[i B 1] A(Tc[l‘ B 1])

T U D@L = 1= TED

A [] _ Xcond ["] Mvap[i] A(T’vsat[i])
pren [ = Ucand (T’vsat [l]) DTMLpreh
A _ My Cpsw(mrxfeed) (Tcw,aut - Tcw,in)
cond = Ucond (T’c [N]) DTMLcand

NaCl Thermal Crystallizer NTC technical model

The technical model of the NaCl Thermal Crystallizer is based on simple mass and
energy balance equations where M is the generic mass flow rate and Q is the generic

volumetric flow rate (see Table D1). However, the model was developed in such a

Carmelo Morgante 240



Appendix A

way that it depends on the previous MED plant and takes into account the desired

final recovery of NaCl salt %;.¢covery achieved globally from the coupling of MED-
NTC. Itis therefore possible to calculate the mass flow rate of salt Myt sq1¢p,. @Nd
of brine Myt priney . 0Oth exiting the crystallizer. As can be observed in Table D1,

logical conditions are then taken into account depending on the NF membrane
rejection correction factor a. It is worth mentioning that the rejection performances
of an NF membrane can be corrected by a factor a that can vary between 0 and 1.
Varying o means achieving a different outlet NF composition and subsequently
different compounds that could precipitate in the NF downstream technologies. By
means of PHREEQC software it is possible to associate to each value of a, a specific
set of compounds that can precipitate. Therefore, according to the value of o, a
specific set of equations is used related to the specific compound that precipitates.
is

Finally, the molar concentration of the generic ion i in the brine Cp, . ;en e

calculated along with the mass distillate flow rate Moy ¢ aist .- AS for the energy

balance equations, the sensible heat H and latent heat Heyqp,, .. are computed

ensyrtc

where Ty is the operating temperature of the crystallizer and T;y is the temperature

of the inlet stream of the crystallizer.

Table DI1. Mass and Energy balance equations of the NaCl Thermal Crystallizer plant.

Q feedNa* ygp = M feed MED ® c feedNa*

= 0
Qout,Na*,saltNTC = /Orecavery M Qfeed,Na*MED

Maut,salt,w,_- = Qout,Na*,saltNT,_- e MWy,

_ Mfeed,NTC M Cfeed,Na*,vTC - Qout,Nu*,saltN" o MWy, +
Qout,Na*,brineNTc = MW s
Na

_ Mfeed,NTC * MW e — Qaut,Nu*,saltN"
out,brineyyc —

M

CNaCls,u

ifa=0.10r0.7 ifa#0.10r0.7

Myecantc ® Creeqso,2 NTC if C sc
out,S042" brine = if feedCa®*yre feed,S04z_NTc
oTe e Mout,brinemc ° Mwso42-

c
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Cout,Nﬂ2504rPT€C-lvrc = Cout,sof’,brinemc - CNa2S04m

c

out,Ca’* brineyrc — CNllz Ca(S04)24,,

Mpeeanrc ® Creea,catt NTC

C [ e — LY
M out,brineyrc ® MW o2+

out,NazCa($04)z.prec.Nrc — - CNazCa(S”Uzm

CoutNa* brinexre = Chaclye Uf NSO, precipitates

CoutNa* brineyre = 2CoutNaysoyprecyrc if Na2S0, does not precipitate

if CfEEd'Caz+NTC < Cfeed,so42_N"

Caut,Caz+,brineNTC =0

c _ Mgeeantc Cfeed,Ca“N"
out,NazCa(S04)2,prec.ntec — M

out,brineytc

Qout,NazSD4,prec.NTC =

Mfeed,NTC ° Cfegdvsof’ﬂu_ - Muut,brine,v“- ° CNquO4sﬂt

Cout,Na*‘,brine,yy_— CNaClm, - 2Caut,NuzL‘u(SO4)z,prec.NTg

C

out, 5042~ brineyrc

Mfeed,NTC M C,ee.,‘sgg*” - Zcuuz,zvazc-z(sm)z,prec ~re ® Muuz,brineN"

e
M

out brineyrc

c

Meeantc ® Cfeed,i"’

_ NTC
out,ith brineyre —

M

out,brineytc

Mfeed,NTC M Cfeed,Cl_NTC - Qﬂut,Na*,saltNTc

Caut,cl‘,brine,qrc -

M

out,brineyrc

Maut,distNTc = MfeEd,NTC - Qaut,Na*,saltNTc e MWyae — Mout,brine,v"

H sensyrc M feed NTC ® CpNaClsalmt * (Tyre —Tiv)

H

evapnre

M out,distyrc ® CPract solgar ® (Tnre — Tin)Aaise

H TOTNrc —

H sensyrc +H

evapnrc

Carmelo Morgante

242




Appendix B

APPENDIX B

Nanofiltration NF economic model

The equations for the calculation of the capital and operating costs are reported in
Table E1.

Table E1: Equations for the calculation of capEX and opEX of the NF unit.

- * -
capEX equations for NF opEX equations for NF
CCile,NF Celec,NF
_ (10344Vycoqnr + 1487 X550 )CEPCleyrrent ™™ (1 + i)reivii Costerec * Vreeanr * Noper,nours
= CEPCl,.™ A + Drewit — 1 = - - (conSmemp,syst

Yoer
+ Preeanr)

Conech NP

 (4329.6V455 v + 1089.6X 501) CEPClorrens (1 + I)mechi

Cchem,NF = COStchem,NF ° Vpermeate ® Noper,hours

CEPCl,efp (1 + i)mmecn — 1
CetectronF Cmain,NF = 2%capEXyr
(168 # 10° + 64.8Prccanr * Vyeeanr) CEPCloyryene (1 + i)"electroi
B CEPCl,f (1 + i)netectro — 1
1200 CEPCI, 1 + i)memb —
Conembr = xvesg;;CI crent 1( .l") ,,j Couatitynr = 2%capEXyp
ref (1 + i)rtmemp — 1
Cinstaunr = 2%capEXyp
capEXyp = Ccivil,NF + Cmech,NF + Celectro,NF OpEXyp = Celec,NF + Cchem,NF + Cmain,NF
+ Cmemb,NF + Cquality,NF + Cinstall,NF

* The Verbene Cost Model equations were employed
"CEPCl,.. is referred to 2001 (394.3)
"CEPClyyren: is referred to 2021 (754.0)

Among the capital costs, C,;,;; nr [€/y] represents the cost for buildings housing the
plant, Cpecnnr [€/y]is the cost for pumps, filters and piping, Cerectronr [€/y] is the
costs for the energy supply systems, Cpempnr [€/y] is the investment for the
membrane modules, Vieeq v [M*/h] is the feed flow rate, n,ese; is the number of
NF vessels, Pre.q vr [Pa] is the feed pressure and CEPCI is the chemical engineering
price index. All capEX contributions are depreciated considering a specific
depreciation period (Ncivit for Ceipiy vr, Nmech = Netectro TOr Crpecn e @NA Corectro nF
Nmems for the membrane) with a discount rate i. Among the operating costs, Cejec nr

[€/y] is the cost of electrical energy consumption, Ccpem nr [€/y] is the chemical
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consumption, Crnqinnr [€/y] is the cost of maintenance, Cyyqiity,nr [€/Y] is the cost
for quality control and Ci,sequnr [€/y] is the cost of daily operation. Costee.
[€/kWh] is the specific cost of electricity, %, is the pump efficiency (80%),
Noperhours [NY] is the annual number of operating hours, conspemp,syse 1S the
specific energy consumption for a membrane system (40 Wh/m3 of feed).
Costcpemnr (0.023 €/m? of permeate) is the specific cost of chemicals employed

and Vyermeate [M*/h] is the NF permeate flow rate.

Magnesium Reactive Crystallizer MRC economic model
Equations to compute the capital costs of the MRC unit are reported in Table F1
where Cg [€] is the purchase cost in standard conditions for the crystallizer and the
filter, Vol,yys. [Mm] is the volume of crystallizer, Ag;ye., [M?] is the area of the filter,
Fpgyy is the bare module factor (equal to 1.6 and 1.65 for the crystallizer and the filter,
respectively), Cgy [€] is the bare module cost, acon: = 15% and ag,, = 5% are the
two correction factors to account for contingency and fee, respectively. Cry [€] is
the total module cost which is depreciated (straight line depreciation) within a period
(nmrc) With a discount rate i. Among the operating costs of the MRC, Cejec mrc [€/Y]
is the cost of energy consumption for pumping and the drum filter, Power yrc ror
[kW] is the total consumed power, Cyqon mrc [€/y] is the cost of reaction chemicals,
Costygoy [€/ton] is the specific cost of NaOH, Qngon ror [ton/h] is the mass flow
rate of NaOH, (iii) Cycimrc [€/y] is the cost of chemicals for the neutralization step,
Costyc; [€/ton] is the specific cost of HCl and Q¢ ror [ton/h] is the mass flow rate
of HCI .
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Table F1: Equations for the calculation of capEX and opEX of the MRC unit.

- * -
capEX equations for MRC opEX equations for MRC
Cr?,Cryst Celec,MRC
= 10(4509+0.173L0g10(Volcryst) +0-134+(Logo(Voleryst))?) _ Costeec ® Powerror mrc ® Noper,nours
Yoers
C}?,filter Crnaormre = CO0Styaon ® Qnaonror * Noper,hours

= 10812+0.286L0g10(Afircer)+0.042+(Logro(Afireer)))

C;()),Cryst ® CEPCIcurrent*** CHCZ,MRC = COStHCl ° QHCI,TOT ° Noper,hours
CBM,Cryst = CEP Clref * (FBM,cryst)
Cz?,filter M CEPCIcurrent
Com pitter = CEPCl,, Fam firter)

Crumre = (Comcryst + Com,fireer) (1 + Qcont + Aree)

(1 + )™mreq OPEXyprc = Cerecmrc + Cnaonmre T Chcimre

capEXygc = CTM,MRCW

* The Bare Module Cost Technique equations were employed [281]
"CEPCl,y is referred to 2001 (394.3)
"CEPCloyyrene 1S referred to 2021 (754.0)

Multi-Effect Distillation MED economic model

Equations to compute the capital costs of the MED unit are reported in Table G1
where Ngyqp is the number of evaporators, Ny,.p is the number of preheaters,
Nfiashpox 1S the number of flashboxes and N, is the number of condensers. Fgy,
is the global correction factor, a,q,; = 15% and ay,, = 5% are the two correction
factors to account contingency and fee, Cgy, [€] is the bare module cost, Cry [€] is
the total module cost depreciated within a period (nmep) with a discount rate i. As for
the operating costs, Cerec mep [€/y] s the electric energy consumption, COns gec mep
[kWh/m? of distillate] is the specific energy consumption of the MED unit, Vst aep
[m?h] is the volumetric flow rate of the produced distillate, Cpermarmep [€/y] is the
thermal energy consumption, Cost peq¢ [€/kWh] is the specific cost of heat of the
MED, Cons peqe mep [KW] is the required thermal energy, Cepem mep IS the chemical
consumption required for cleaning, anti-scaling and anti-foaming, Qi is the quantity
consumed of the i chemical [ton/h] and Cost; is the specific cost of the i chemical
[€/ton].

Carmelo Morgante 245



Appendix B

Table G1: Equations for the calculation of capEX and opEX of the MED unit.

capEX equations for MED * opEX equations for MED

— 2 —
CI?‘evap = 10(+325-0303L0g10(Aerap) +0:163(Log10(Aevap))®) Cetecmep = COStejec ® CONS grect,meD ® Vaist,meD

M oper,hours

— 2 —
COpren = 1004325 0.303L0g10(Apren) +0.163(Log10(Apren))?) Cenermaimep = COStheqr ® CONS pearmeD
° Noper,hours

Cz?flush — 10(3-557+0~378L0910(Aflash)+0-091(L0910(Afmsh))2) CehemMED
co 4= 10(4325-0.303L0g10(Acona)+0.163(L0g10(Acona))?) = (COSfpre—cmorine . Qpre—Chlan’ne

p.con

C° CEPCI o + COStantiscalant ° Qantiscalant
.
_ p.evap current
CBM,evap = Nevap CEPCITef** (FBM,evap) + COStantifoaming ] Qantifoaming
CO « CEPCI + COStCa(OH)Z ° QCa(OH)Z + COStpolyelectrolyte
I =N p.preh current (F )
BMpreh preh CEPCIref BM,preh ° Qpalyelectrolyte + COStCOZ ° QCOZ
co « CEPCI + CoStyost—chiorine

C =N p.flash current (F )

BM,flash — lash BM,flash

flas flas CEPCITef flas M Qpast—Chlorine)Noper,hours
0
_ Cp,cond ® CEPCIcurrent
CBM.cond - Ncond CEPCI (FBM,cond)
ref

Crumre = (Comevap + Compren + Com fiasn
+ CBM,cond)(l + Acont + afee)

C 4(1 + DR OPEXyep = Cerecmep + Cenermatmep
TMMED (1 4 ynaaen — 1

capEXygp =
+ Cchem,MED

* The Bare Module Cost Technique equations were employed
“CEPCl,¢y is referred to 2001 (394.3)
*CEPCloyyren: is referred to 2021 (754.0)

NaCl Thermal Crystallizer NTC economic model

Equations to compute the capital costs of the NTC unit are reported in Table H1
where Vol,,se [M%] is the volume of NTC, Fgy yrc is the global correction factor
equal to 1.6 and contingency and fee (acons = 15% and ag,, = 5%) and Cry nrc [€]
is the total module cost depreciated within a period (nntc) with a discount rate i.
Among the operating costs of the NTC unit, Cgjec nrc [€/y] is the cost of electric
energy consumption for pumping, Cons ;e nrc [KWh/m? of distillate] is the specific
energy consumption of the crystallizer, Vg;5e vy [M3/h] is the volumetric flow rate
of the produced distillate, Cipermarntc [€/y] is the cost of thermal energy required

for the precipitation of NaCl crystals, Cost ;.4: [€/kWh] is the specific cost of heat
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of the NTC, Cons peqr,ntc [KW] is the required thermal energy, Cyrine aisposar [€/Y]
is the disposal cost of the final brine, Costpyine aisp [€/m* of brine] is the specific

cost of brine disposal and Vy,ine nre [M¥h] is the volumetric flow rate of the final

brine.

Table H1: Equations for the calculation of capEX and opEX of the NTC unit.

capEX equations for NTC * opEX equations for NTC

C]:?,NTC — 10(4.509+0.173*LoglD(VolNTC)+0.134*(Log10(VOlNTc))Z) Celec,zvrc = CoStyec ® Conselect,NTC
° Vdist,NTC ° Noper,huurs
Conre ® CEPCloyprens™ Cihermaintc = COSthear ® CONS peqrnre
Cemnre = o (FBM,NTC)
CEPCl,o¢ R
oper,hours
Crunre = (Comnrc) (X + Aeone + Apee) Chrine dgisposat = COStprine gisp ® Vorinentc
o N,

oper,hours

(1 + D)™

C OPEXnrc = Ceeenrc + Cenermainte
TMNTC (T 1 fynwre — 1

capEXyrc =

+ Cbrine disposal

* The Bare Module Cost Technique equations were employed
“CEPCl, is referred to 2001 (394.3)
YCEPCloyyren: is referred to 2021 (754.0)
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APPENDIX C

Table 31: Difference of osmotic pressure values between the feed and permeate solution for all the investigated commercial NI membranes
when treating seawater and SWRO brine.

Osmotic pressure gradient AII [bar]

Scenario Scenario (SWRO
NF membrane .

(Seawater) brine)

NF90 6.16 12.42
NFS 3.08 5.33
NFX 3.94 6.78
VNF1 4.39 5.33
DK 4.72 5.71
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Figure 72: Zoom of experimental rejections of Mg”* and Ca*" as a function of permeate flux treating seawater for the 5 NF membranes: NF90
(a), NFS (b), NFX (c), VNFI (d), DK (e). Points: experimental data. Lines: model fitting by the SEDF model.
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Figure 73: Concentration polarization factor of ions vs. flux for a) VNF I treating seawater,
b) VNFI treating SWRO brine, c) NFS treating seawater, d) NFS treating SWRO brine, e)
NFX treating seawater and f) NFX treating SWRO brine.
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Figure 74: Concentration polarization factor of ions vs. flux for a) DK treating seawater, b)
DK treating SWRO brine, c) NF90 treating seawater and d) NF 90 treating SWRO brine.
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